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Abstract

Monoclonal antibodies are biomolecules that are able to bind to a specific antigen. Antibodies
are important drugs for the targeted treatment of various types of cancer. Due to their complex
molecular structure, monoclonal antibodies are usually produced through the cultivation of
genetically modified mammalian cells.

At the production scale, the cultivation is typically carried out using sparged stirred
tank bioreactors and the product quality as well as the yield depend, among other factors,
on the hydrodynamic conditions inside the utilized bioreactor. The optimization of cell
cultivation for the production of monoclonal antibodies is of high economical importance for
the pharmaceutical industry. The simulation of the flow field inside the utilized bioreactors
with computational fluid dynamics enables the prediction of relevant process characteristics,
which must be considered during the scale-up of cell culture processes.

The focus of the present study is on the hydrodynamic characterization and the selection
of the operating conditions during scale-up of the cell culture processes of four single-use
bioreactors with varying sizes ranging from the lab-scale to the production scale, the Mobius®

CellReady 3 L, the XcellerexTM XDR-10, the XcellerexTM XDR-200, and the XcellerexTM

XDR-2000. Additionally, the hydrodynamic characteristics of a miniaturized stirred tank
bioreactor, the Ambr®250, and another of the XcellerexTM bioreactors, the XcellerexTM

XDR-500, are investigated. The simulations have been carried out with the Euler-Euler
and the Euler-Lagrange approaches with the open source software OpenFOAM and the
commercial software MixIT. The considered process characteristics include the mixing time,
the hydrodynamic stress, the average strain rate in the impeller zone, and the volumetric
oxygen mass transfer coefficient. These are representing the homogenization in the liquid
phase, the mechanical stress acting on the cultivated cells and the availability of oxygen,
which is essential for aerobic organisms. Only through the hydrodynamic characterization of
the different bioreactors can the causal relationship of the bioreactor operating conditions
like the impeller speed, the working volume, and the sparging strategy with the process
performance of the cell cultivation be understood, which is required for the optimization of
operating conditions for the different bioreactors.

For larger biroeactor volumes an increase in the mixing time cannot be avoided, whereas

a similar maximum hydrodynamic stress, a similar average strain rate of the impeller zone,

and a similar volumetric oxygen mass transfer coefficient are observed for all investigated

bioreactors. To optimize mixing without risking cell damage, the maximum tolerable average

strain rate of the impeller zone is selected as the scale-up criterion for the impeller speed.

Experimental cell culture results provided by Yuichi Aki from Daiichi-Sankyo Japan support

the suitability of this criterion through a successful scale-up of the cell cultivation from the

Mobius® CellReady 3 L to the XcellerexTM XDR-200. Other typical scale-up criteria like

the volumetric power input and the impeller tip speed result in lower impeller speeds than

the with presented strategy, therefore appearing less suitable to optimize the mixing time

during scale-up. This emphasizes the advantages of a detailed hydrodynamic analysis over

classical scale-up parameters.



Zusammenfassung

Monoklonale Anitkörper sind Biomoleküle, die in der Lage sind an ein bestimmtes Antigen zu
binden. Antikörper sind wichtige Medikamente für die zielgerichtete Behandlung verschiedener
Krebsarten. Aufgrund ihrer komplexen Molekülstruktur, werden monoklonale Antikörper
üblicherweise durch die Kultivierung gentechnisch veränderter Säugetierzellen hergestellt.

Im Produktionsmaßstab wird die Kultivierung typischerweise mittles begaster Rührkessel-
Bioreaktoren durchgeführt und die Produktqualtiät und -ausbeute hängen, neben anderen Fak-
toren, von den hydrodynamischen Bedingungen innerhalb des verwendeten Bioreaktors ab. Die
Optimierung der Zellkultur zur Produktion monoklonaler Antikörper hat hohe wirtschaftliche
Bedeutung für die pharmazeutische Industrie. Die Simulation des Strömungsfelds inner-
halb der verwendeten Bioreaktoren mittels numerischer Strömungsmechanik ermöglicht die
Vorhersage relevanter Prozesscharakteristika, welche bei der Maßstabsübertragung von Zel-
lkulturporzessen berücksichtigt werden müssen.

Der Fokus der vorliegende Studie ist die hydrodynamischen Charakterisierung und die
Auswahl der Betriesbedingungen im Zuge der Maßstabsvergrößerung von Zellkulturprozessen
von vier Einwegbioreaktoren verschiedener Größen vom Labormaßstab bis zum Produk-
tionsmaßstab, dem Mobius® CellReady 3 L, dem XcellerexTM XDR-10, dem XcellerexTM

XDR-200, und dem XcellerexTM XDR-2000. Zusätzlich, werden die hydrodynamischen
Charakterisitka eines miniaturisierten Rührkesselbioreaktors, dem Ambr®250, und eines
weiteren der XcellerexTM Bioreaktoren, dem XcellerexTM XDR-500, untersucht. Die Sim-
ulationen werden mit der Euler-Euler Methode und mit der Euler-Lagrange Methode mit
der open source Software OpenFOAM und der kommerziellen Software MixIT durchgeführt.
Die betrachteten Prozesscharakteristika beinhalten die Mischzeit, den hydrodynamischen
Stress, die mittlere Beanspruchungsrate in der Rührerzone und den volumenbezogenen Sauer-
stoffübergangskoeffizienten. Diese repräsentieren die Homogenisierung in der Flüssigphase,
die mechanische Beanspruchung der Zellen und die Verfügbarkeit von Sauerstoff, welcher
für aerobe Organismen essentiell ist. Nur durch die hydrodynamische Charakterisierung
der verschiedenen Bioreaktoren kann der kausale Zusammenhang der Betriebsbedingungen
wie der Rührergeschwindigkeit, dem Arbeitsvolumen und der Begasungsstrategie mit der
Porzessleistung der Zellkultur verstanden werden, was notwendig ist für die Optimierung der
Betriebsbedingunen für die verschiedenen Bioreaktoren.

Mit größerem Bioreaktorvolumen kann ein Anstieg der Mischzeit nicht vermieden werden,

während ein ähnlicher maximaler hydrodynamischer Stress, eine ähnliche mittlere mechanische

Spannung der Rührerzone und ein ähnlicher volumnebezogener Sauerstoffübergangskoeffizient

für alle untersuchten Bioreaktoren beobachtet werden. Um das Mischen zu optimieren ohne

Zellschädigungen zu riskieren, wird die mittlere Beanspruchungsrate der Rührerzone als

Kriterium zur Maßstabübertragung der Rührergeschwindigkeit ausgewählt. Experimentelle

Zellkulturergebnisse, die von Yuichi Aki von Daiichi-Sankyo Japan zur Verfügung gestellt

wurden, unterstützen die Eignung dieses Kriteriums durch eine erfolgreiche Maßstabsübertra-

gung der Zellkultivierung vom Mobius® CellReady 3 L zum XcellerexTM XDR-200. Andere

typische Kriterien zur Maßstabsübertragung wie der volumenbezogene Leistungseintrag und

die Rührerumfangsgeschwindigkeit ergeben geringere Rührergeschwindigkeiten und erscheinen

weniger geeignet, die Mischzeit während der Maßstabsübertrangung zu optimieren. Dies

unterstreicht die Vorteile einer detaillierten hydrodynamischen Charakterisierung gegenüber

klassischer Kriterien zur Maßstabsübertragung.
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1. Introduction

In contrast to chemically synthesized small molecule drugs, protein based biopharma-
ceuticals like antibodies or enzymes are larger and more complex. These biomolecules
are produced by utilizing the pathways of biochemcial synthesis within living cells
instead of chemical reactions. Especially for monoclonal antibodies, which require post-
translational modifications, mammalian cell lines like Chinese hamster ovary (CHO),
nonsecreting murine myeloma (NS0), and mouse hybridoma (Sp2/0) cells are the typical
expression host [1, 2]. The cultivation of these cells is carried out using bioreactors.
The term bioreactor encompasses a variety of different types of equipment, all with the
function of providing a controlled environment well suited for the proliferation of the
cultivated cells. The aspects of the environment within the bioreactor that need to be
controlled include its hydrodynamic characteristics. Theses depend on the size, the
configuration, and the operating conditions of the bioreactor. The present study uses
computational fluid dynamics to quantify the hydrodynamic process characteristics of
different geometrically dissimilar, single-used, stirred tan bioreactors, that are used to
scale-up a mammalian cell cultivation from the lab to the production scale.

To put the present study into a broader context, the next section provides a brief
overview on the types and functionality of commonly used bioreactors. The section
thereafter gives an overview on the state-of-the-art of the scale-up strategies for the
cultivation of mammalian cells in stirred tank bioreactors. The last section of this
chapter summarizes the scope and goals of the present study.

1.1 Functions and Types of Bioreactors

Any type of bioreactor is a container for the cultivation medium, which is an aqueous
solution that provides the cultivated cells with nutrients, vitamins, and electrolytes. To
dampen pH excursions, buffers like the inorganic carbonate species are used and other
additives like anti-foaming or shear protecting agents might also be included. Liquid
agitation is needed for the cultivation medium to provide fast mixing for feed or base
addition and achieve a homogeneous distribution of the suspended cells, nutrients and
electrolytes. Since mammalian cells are aerobic, dissolved oxygen must be available
and due to its low solubility in water [3, 4], a constant transfer of oxygen from the gas
phase to the liquid phase is necessary. Moreover, the temperature and the pH of the
cultivation medium must be controlled in narrow ranges and sterility is essential to
avoid contamination with other microorganisms. Depending on the mode of growth of

1
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the mammalian cells, i.e., freely suspended or adherent, the bioreactor must potentially
also provide a surface for the cells to adhere to, which can either be the bioreactor wall,
when using roller bottles, or suspended solid particles when using micro carriers for
stirred tanks [5]. The current work is focused on freely suspended cells, since they are
the more commonly used type [5]. The different types of bioreactor s can be grouped by
their mode of operation into externally agitated, internally agitated and pneumatically
agitated bioreactors [6, 7].

Externally agitated micro-well plates with up to several milliliters of culture volume
can be used for cell cultivation at the very small scales and for slightly larger volumes
up to several hundred milliliters shake flasks are available [8, 9]. Both are sterile vessels
and external agitation for mixing as well as the temperature control are provided
through an incubator. Although new monitoring devices are promising, typically the
dissolved oxygen tension and pH are not monitored [9, 10]. Some control over the
culture pH is possible trough the partial pressure of carbon dioxide in the incubator and
the use of carbonate buffer systems. A larger variant of externally agitated bioreactors
with volumes of up to 500 L are wave-bag bioreactors, which consist of a disposable
bag placed on a rocker and which are equipped with sensors for the control of the
temperature, the dissolved oxygen tension, and the pH [6, 11]. Similar to the smaller
micro-well and shake flask systems, oxygen is only transfered through the liquid surface.

Internally agitated stirred tank bioreactors are the most commonly used type of
bioreactors for cell cultivation at large scales [12, 1, 13]. The internal mechanical
agitation is provided by one one or more impellers and oxygen can be supplied to the
liquid through the liquid surface and in even larger amounts through bubbles generated
by submerged sparging. Stirred tank bioreactors are typically equipped with sensors
for the temperature, the pH, and the dissolved oxygen tension, which are controlled
through heating or cooling, base or acid addition and adjustments to the gas flow
and/or impeller speed, respectively. For process screening, miniaturized bioreactors
down to several milliliters of volume are also available [14, 15, 16].

Another type of bioreactors are bubble columns and air-lift bioreactors, which are
pneumatically agitated by the bubbles generated through sparging from the bottom
without any mechanical agitation. Bubble column reactors are available for a wide
range of process scales but are mainly used for microbial fermentation and thus not
discussed further [17, 12].

The different types of bioreactors can also be categorized into multi-use and single-
use bioreactors. Multi-use bioreactors are made out of glass and/or stainless steel
and require cleaning and sterilization between cultivation runs. In contrast, single-use
bioreactors have pre-sterilized vessels, typically rigid plastic vessels for small volumes
and flexible cultivation bags placed in a solid vessel frame for larger volumes that are
exchanged after each cultivation run [6]. Micro-well and wave-bag bioreactors are single-
use bioreactors, while for shake flasks, bubble columns and stirred tank bioreactors both
types are available [7, 8]. Currently, stirred tank single-use bioreactors are available up
to a maximum volume of 4,000 L [6]. The hydrodynamic process characteristics relevant
for cell culture are dependent on the configuration and size of the bioreactor and are not
affected by the bioreactor being manufacture as a single-use or multi-use bioreactor [18].
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The same engineering parameters that are used for multi-use bioreactors can also be
applied to the characterization of single-use bioreactors [19]. Stirred tanks have been
extensively studied, however, their standard configuration typically considers a baffled
vessel with one or more impellers on a central shaft [20]. Baffles are static internals
that suppress vortex formation. Many single-use stirred tank bioreactors have different
designs [7] and in contrast to multi-use bioreactors there is little scope for customization.
Instead, the cell culture relevant process characteristics are mainly adjusted through
the operating conditions. The characterization of all considered bioreactors is needed to
successfully transfer cell cultivations between different process scales. The next section
will provide and overview of scale-up considerations for stirred tank bioreactors.

1.2 Cell Culture Scale-Up in Stirred Tank Bioreac-

tors

Scale-up of a cell cultivation process from the initial lab-scale to the final production
scale is an essential task during late stage process development after other aspects
like the cell line and media composition have been decided. The goal is to increase
the product amount through an increased cultivation volume without any losses
in quality or yield [21]. The scale-up of cell cultivation has already been studied
in the 1960’s [22], and while there has been much progress in cell culture process
technology with tremendously higher cell densities and product titers [5], scale-up is
still investigated today [23, 24, 8, 25], since with the huge variety of available bioreactors
and cultivated organisms no universal scale-up strategy, which would be applicable to
any process has been identified. Typically the scale-independent operating parameters
like medium composition and the set points for the temperature, the pH, and the
dissolved oxygen tension are kept constant when the cell culture process is transferred
to increasingly larger bioreactor scales, whereas scale-dependent operating parameters
like the impeller speed and the sparging rate are set in a way that keeps one or more
of the selected scale-up criteria at the specified level [1, 26, 27, 28, 29, 30].

The selection of these scale-up criteria is connected to their impact on the cultivation
process. The three process aspects that are important are the oxygen supply to the
liquid, which is represented by the volumetric oxygen mass transfer coefficient, the
homogenization of the liquid phase considered through the mixing time, and avoiding
cell damage through the mechanical stress caused by the liquid motion. These three
aspects are important for any cultivated organism, however, the suitable process ranges
and the typical bioreactor designs vary with the type of the cultivated organism. While
bacterial cells like Escherichia coli and yeast cells like Saccheromyces cerevisiae are
considered to be robust due to their cell wall, their fast growth and high cell densities
result in overall high oxygen demands and the risk of concentration gradients of the
nutrients and the dissolved oxygen tension is high [21, 31, 32, 25]. Consequently,
harsher process conditions with a higher volumetric power input and higher sparging
rates for faster mixing and higher oxygen transfer are used for these kind of cells. For
filamentous microorganisms, the mechanical forces in the liquid and liquid mixing



1.2. CELL CULTURE SCALE-UP IN STIRRED TANK BIOREACTORS 4

must be more finely controlled as their morphology impacts the liquid rheology but
at the same time the morphology of filamentous organisms is affected by the liquid
agitation [33, 25].

In contrast to microbial cells, mammalian cells do not have a cell wall and are
consequently more sensitive to mechanical forces. While this aspect may have been
overemphasized in the past [34, 13], their overall lower growth rates and lower cell
densities also result in lower oxygen demand [35] and much gentler agitation conditions
are typical. Current concerns on the homogenization within the bioreactor are mainly
focused on pH overshoots due to the addition of the base solution for pH control,
whereas issues with substrate concentration gradients are unlikely because of the
lower cell densities and and metabolic rates of mammalian cells [31, 36, 37] compared
to microbial cells. However, with increasing cell densities knowing the upper limits
of tolerable mechanical force and the corresponding impeller speed becomes more
important to improve both oxygen transfer and mixing [30, 38].

Due to the differences in the cultivated organisms, scale-up studies for mammalian
cells, which are the focus of the present study, investigate different bioreactor config-
urations and process ranges than similar work on microbial cells. Nonetheless, the
considered scale-up criteria and empirical correlations are applicable to stirred tank
bioreactors in general.

The selection of the scale-up criterion is critical for successful scale-up and possible
criteria include but are not limited to the volumetric power input, the impeller tip speed,
the mixing time, the maximum shear rate, maximum hydrodynamic stress, the volume
specific sparging rate, the superficial gas velocity and the volumetric mass transfer
coefficients for oxygen and carbon dioxide [20, 39, 28, 21, 40]. The success of scale-up
studies is typically judged by the cell densities and viabilities as well as the product titer
and quality observed across the different scales [1, 26, 27, 28, 29, 30, 23, 24, 41, 40].

The volumetric power input and the impeller tip speed are typical scale-up criteria
that can be directly calculated from the impeller power number and diameter. The
evaluation of other potential scale-up criteria like the mixing time, the volumetric
oxygen mass transfer coefficient, the maximum hydrodynamic stress or the strain rate
requires the characterization of the bioreactor through experiments or computational
fluid dynamics (CFD) simulations [42, 12, 43]. This hydrodynamic characterization
results are vital for a detailed understanding of local environmental aspects experienced
by the cells [1] and recent scale-up studies use multi-parameter considerations supported
by CFD simulations [24, 23].

If direct characterization data is not available, empirical correlations can be used to
estimate the relevant process characteristics. The maximum shear stress and strain rate
can be correlated to the impeller tip speed [44, 23]. The mixing time can be correlated
to the volumetric power input [13, 45], which also represents the average energy
dissipation in the bioreactor. However, there is significant difference between the energy
dissipation in the impeller region and the liquid bulk, so that the volumetric power
input is not representative of the maximum energy dissipation [34, 44, 13, 12]. The
Van’t Riet equation [46] is a well established empirical correlation for the prediction of
the volumetric oxygen mass transfer coefficient from the volumetric power input and the
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superficial gas velocity. Different empirical correlations can provide insight into the effect
of the different operating parameters on the relevant process characteristics. However,
when changing the bioreactor configuration or scale, especially, when geometrical
similarity is not maintained, the fitted parameters used in the empirical correlation
must be re-evaluated. Another difficulty in cell culture scale-up is that the oxygen
requirements and the stress tolerance are cell line dependent [35, 18, 38, 47]. Due to
these challenges, and despite extensive work on the subject, no universally applicable
scale-up strategy could be identified so far [21, 39, 48, 23, 24].

A detailed process characterization is also an important step for including the
selection of the bioreactor operating conditions into the quality by design (QbD)
process development strategies. QbD is a concept that is part of the current good
manufacturing practice in the pharmaceutical industry. In QbD the acceptable ranges
of the critical quality attributes form the product design space. Based on the product
design space, the process design space can be selected by identifying the connection
between the critical quality attributes and the manufacturing process parameters [49].
While many critical process parameters for the production of antibodies through cell
culture, e.g., the medium composition and the temperature [49, 2], are independent of
the bioreactor operation, inhomogeneities related to insufficient liquid mixing have been
reported to affect the glycosylation patterns of proteins [50, 37]. However, avoiding
inhomogeneities through intensified agitation also has practical limits, since excessive
hydrodynamic forces result in reduced growth and productivity of the cultivated
cells [38, 47]. Consequently, the hydrodynamic characterization of bioreactors is also
a necessary step to select operating conditions that reliably provide a high product
quality and yield.

To gain deeper insights into scale-up related issues, the following questions must
be considered: How are the cultivated cells affected by the physical process aspects?
Which scale-up criterion or criteria should be used? What is the correlation between
the bioreactor, the selected operating conditions and the relevant scale-up criteria?
To address the last question, several studies have worked on the characterization of
bioreactors across different scales [51, 132, 43, 52]. Some process characteristics like the
mixing time, the maximum stress and the volumetric oxygen mass transfer coefficient
are known to have a causal relationship with the cell culture process performance.

To investigate the exact effects of the physical process aspects on the cultivated
cells, experimental scale-down models can be used [36, 53, 54, 55, 38, 41, 25]. For
oscillations of the dissolved oxygen tension and the pH, reduced viable cell density and
product quality have been reported [36, 50, 37, 56]. Similarly, hydrodynamic stress
levels or maximum energy dissipation rates above a certain limit result in mechanical
damage of the cells and have negative effects on the viable cell density as well as
the productivity and are lethal to cells at extremely high values [38, 47, 57, 54, 55].
To maintain the dissolved oxygen tension at the set point, the maximum volumetric
oxygen mass transfer coefficient must meet the oxygen requirement at the maximum
cell density [32]. Otherwise, the dissolved oxygen tension and consequently the cell
growth decrease. Moreover, imbalances of the volumetric mass transfer coefficients for
oxygen and carbon dioxide and the subsequent carbon dioxide accumulation, which
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are observed especially for large bioreactor scales, can have negative impact on cell
growth [53, 40, 4, 58, 59, 41]. In addition to the variety of these possibly problematic
process aspects, the tolerance of the cultivated cells to each of them is also cell line
dependent [38, 47, 37]. Consequently, an established scale-up strategy has to be re-
evaluated, or at least reconfirmed, not only when considering a new bioreactor but also
when changing the cell line.

1.3 Research Objectives

Taking up the need for a detailed process characterization to implement improved scale-
up strategies, the hydrodynamic characteristics of four industrially relevant single-use
bioreactors, the Mobius® CellReady 3 L, the XcellerexTM XDR-10, the XcellerexTM

XDR-200, and the XcellerexTM XDR-2000 are the main focus of the present study. In
addition, the Ambr® and the XcellerexTM XDR-500 are characterized. While some
of these bioreactors have already been considered in other studies [45, 60, 61, 62], the
present study adds new detailed insights to the current knowledge to advance the goal
of a more comprehensive process understanding.

The two-phase gas liquid flow in the Mobius® CellReady 3 L, the XcellerexTM

XDR-10, the XcellerexTM XDR-200, and the XcellerexTM XDR-2000 is simulated with
the Euler-Euler and the one-way coupled Euler-Lagrange approach using the open
source software tool OpenFOAM [63] and the commercial tool MixIT [64], respectively.
The Ambr® and the XcellerexTM XDR-500 are are characterized with one-way coupled
Euler-Lagrange simulations using the open source software tool OpenFOAM [63].
For the Mobius® CellReady 3 L, two-way coupled Euler-Lagrange simulations with
OpenFOAM [63] are also performed.

The effect of changes in the operating conditions as well as the impact of the
configuration and the scale of the bioreactor on the flow field and different hydrodynamic
characteristics are analyzed for all bioreactors investigated in the present study. The
considered characteristics include the mixing time, the volumetric oxygen mass transfer
coefficient, the maximum hydrodynamic stress, and the average strain rate in the
impeller and the tank zone. Experimental results on the vortex formation, the mixing
time, and the volumetric oxygen mass transfer coefficient have been provided by
Tomomi Matsuura, Takuya Nakano, and Takuma Eguchi from Daiichi-Sankyo Japan
and are used for comparison with the simulation results.

Available literature information on the requirements and tolerances of different
cell lines are combined with the present evaluation of hydrodynamic characteristics to
select the optimal operating ranges for each of the considered bioreactors. Moreover,
the process characterization data across the different scales is also used to identify and
to quantify the impact of the considered process scale on different scale-up criteria
for scaling up form the CR3 to the XDR-10, the XDR-200, and the XDR-2000. In
this manner, possible risks and challenges during scale-up are identified without the
need for actual cell culture experiments. Furthermore, correlations between different
scale-up criteria and the operating conditions are derived, enabling their targeted,
knowledge-based selection. Based on this analysis, a scale-up strategy for the selection
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of the impeller speed based on maintaining a constant average strain rate in the
impeller zone following a similar strategy as Li et al. [23] is proposed. Cell culture
results provided by Yuichi Aki from Daiichi-Sankyo Japan confirm that the proposed
strategy can successfully provide reproducible cell culture results across the different
bioreactor scales of the CR3, the XDR-10, and the XDR-200.

As a final process aspect of cell cultivation for large bioreactor scales the balance
of oxygen and carbon dioxide is investigated and summarized, both for the diffusive
transport from the bubbles to the liquid and the mass balance within the liquid. The
dissolved carbon dioxide concentrations for a hypothetical batch process is evaluated
for the XDR-200 and the XDR-2000.

The next chapter provides a detailed description of the governing equation their
numerical solution for the considered modeling approaches.
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2. Governing Equations and Numer-

ical Solution

The present chapter is focused on the theoretical background and the numerical solution
of the different modeling approaches. The first two sections summarize the state-of-the-
art for the simulation of stirred tank bioreactors and the governing equation considered
in the present study. The subsequent sections provide the equations used for the
post-processing and the details on the simulation setup.

2.1 State-of-the-Art

The two processes determining the the flow structure in an aerated stirred tank are
the mechanical agitation by the impeller(s) and the sparging of the disperse bubbles.
To model the rotating motion of the impeller, the two most commonly used methods
are the multiple reference frame (MRF) and the sliding mesh approaches [65, 20, 12].
For both methods, the region of the computational grid surrounding the impeller is
treated differently to the tank region, which is static. In the MRF approach, the
computational grid remains fixed and the velocity in the rotating reference frame
region is solved relative to the angular velocity of the impeller, which is applied to
this complete region [65]. In the sliding mesh approach, the rotating mesh region is
moving with the angular velocity of the impeller and a specialized interface between
the moving and stationary parts of the grid is required to allow for re-addressing of
the interface between the moving and stationary grid regions [65]. The MRF approach
are is applicable to steady state simulations and is computationally less expensive also
in transient simulations [65]. However, only the sliding mesh approach can capture the
periodic motion and changes in the orientation of the impeller.

Another important aspect of the flow in a bioreactor is the consideration of the
different phases. During cell cultivation in a sparged, stirred tank bioreactor there are
three separate phases: the continuous liquid, the disperse bubbles, and the suspended
cells. The suspended cells are considered to be transported along with the liquid
flow and to not affect the hydrodynamic characteristics within the bioreactor. This is
justified by the small of mammalian cells, which have a diameter of 15-20 µm [18] and
are of a similar size as the particles used in particle image velocimetry [60, 66, 67, 68].
If the cultivated cells considered in the simulation of the bioreactor hydrodynamics,
the cells are treated as massless passive particles and the trajectories of cell traveling

9
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through the bioreactor are analyzed to understand the exposure of the cultivates cells
to the varying the hydrodynamic conditions [69, 70, 71, 72]. In most studies as well as
the present one, the cultivated cells are not considered.

The sparged bubbles form the disperse gas phase. In studies that are focused on
the liquid motion, the liquid mixing, or the mechanical stress in the liquid phases, the
bubbles are sometimes not considered in the simulations [23, 73, 74, 75]. Moreover,
studies that focus on the liquid surface and the deformation of the free surface also omit
the disperse bubbles and use the volume of fluids approach to model the two segregated
phases of the continuous liquid and the continuous gas phase in the head space [76, 77].
Even if only the liquid motion is simulated turbulence modeling is required to handle
turbulent velocity fluctuations. While direct numerical simulations are reported for
stirred tank reactors [78, 79, 80], they are limited to low Reynolds numbers and small
bioreactors, due to their high requirements on the grid refinement. Both Large Eddy
simulations [74, 81, 82] and the Reynolds average Navier-Stokes [75, 18, 23] approach
are still commonly used.

If the disperse bubbles are considered, the Euler-Euler and the Euler-Lagrange
approach are the two typically applied models [83, 35, 12]. The Euler-Lagrange
approach has so far only rarely been applied to stirred tank bioreactors [84, 85, 86] and
is more commonly used with bubble columns [87, 88, 89, 90, 91]. One very complex
aspect when modeling the motion of bubbles is their poly-disperse size distribution,
which is prone to change due to bubble break-up and coalescence. Mono-disperse
simulations are computationally cheaper and have also been applied frequently [92, 45,
93, 94, 95, 96, 97, 98].

Different methods exist to consider the size distribution of the bubbles. The method
of classes divides the size distribution into discrete size groups, the different method of
moments approaches track the transport of the moments of the size distribution, and the
one-group models transport a single average property of the size distribution [99]. For
the simulations of aerated stirred tank reactors, both the method of classes [100, 101,
102, 103] and the method of moments type of models [61, 104, 105] have been applied.
All types of population balance modeling require closure terms for the break-up and
coalescence of the bubbles, which are still being investigated (e.g., [106, 107, 108, 109]).
Moreover, experimental data on the bubble size distribution within stirred tank reactors
is needed for validation but its availability is limited [110, 111, 112, 113].

When applying population balance modeling, often the same velocity is applied to all
size groups of the disperse phase [105, 114]. However, the bubble size also has an impact
on the forces governing the bubble motion and thus the poly-disperse size distribution
also results in poly-celerity, which also affects the local size distribution [115]. In
the method of classes approach, this can be considered by grouping the different size
groups into several velocity groups and assigning a separate velocities for each of the
velocity groups, which correspond to a subset of the size groups, which is found to
improve the accuracy of the simulations [116]. One draw-back of the method of classes
is that as the accuracy increases with the number of the considered size groups so
does the computational cost [105]. A computationally more efficient alternative is the
method of moments approaches, with an increasing number of different methods being
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developed [99, 114].

While modeling of the bubble size distribution provides more detailed insights into
the process and potentially allows for a more accurate simulation of the volumetric
oxygen mass transfer coefficient, the model complexity and computational cost also
increase [102]. Furthermore, without experimental data on the size distribution for
the matching bioreactor configuration and operating condition, the validation of the
modeled size distribution is difficult. Sarkar et al. [100] used the agreement of the
simulated and experimental volumetric oxygen mass transfer coefficient as a criterion
to optimize the size bins for their method of classes model. Bach et al. [97] fitted the
bubble diameter of mono-disperse simulations based on their experimental results on
the volumetric oxygen mass transfer coefficient.

Since for the bioreactors considered in the present work, no size distribution data
is available in the literature and the focus of the present study is on the engineering
characterization of process characteristics relevant to cell cultivation, modeling of
the bubble size distribution is not included and the Reynolds average Navier-Stokes
approach is used for turbulence modeling. The governing equations of the considered
modeling approaches are presented in the next section.

2.2 Governing Equations

This section provides the details of the equations needed to describe the fluid motion.
The conditions of the simulated flow are at low Mach number, ambient pressure,
and constant temperature. Accordingly, both the liquid and the gas phases are
considered to be incompressible Newtonian fluids with a constant density and dynamic
viscosity [117]. The liquid density ρl and liquid viscosity µl of the culture medium [118]
are 1,010.8 kg m−3 and 0.001126 Pa s, respectively, and a constant gas density ρg of
1.29 kg m−3 and gas viscosity µg for 2.1x10−5 Pa s for the sparged oxygen [119] are
used. The disperse bubbles are considered to be spherically symmetric throughout
their rise.

2.2.1 Liquid-Phase

The mass and momentum transport of a turbulent continuous liquid phase flow can be
described in the Eulerian reference frame by the unsteady Reynolds-Average Navier-
Stokes (URANS) equations [120, 117]

∂ (αlρl)

∂t
+∇ · (αlρlul) = 0 (2.1)

∂ (αlρlul)

∂t
+∇ · (αlρlul ⊗ ul) = −∇p+∇ · (αlReff,l) + αlρlg + Sl, (2.2)

where the volume fraction αl allows to account for the displacement of the liquid by
a second phase. Even though both the liquid and gas phase are considered to be
incompressible the mass of one phase contained within a control volume can change due
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to the displacement by the second phase and only if a single-phase flow is considered
where αl=1, Eq. (2.1) can be reduced to ∇ ·ul = 0, where ul is the liquid velocity. The
static pressure and the effective stress tensor, composed of the viscous and Reynolds
stresses, are p and Reff,l, and g is the gravitational acceleration. The source term for
coupling with a second phase is Sl with Sl = 0 in the case of a single-phase flow.

When using the Reynolds averaged Navier-Stokes equations, only the ensemble or
time averaged velocity is tracked, while a turbulence model is used to account for the
turbulent fluctuations of the velocity and to calculate the turbulence viscosity, which
enters the calculation of the Reynolds stresses [120, 117]. One such turbulence model
is the k-ε model, where kl is the turbulence kinetic energy of the liquid phase and εl
is its dissipation rate. The turbulence dynamic viscosity of the liquid is µt,l = ρlCµ

k2
l

εl
.

The required transport equations for k and ε are

∂ (αlρlkl)

∂t
+∇ (αlρlulkl) = ∇

(
αl

[
µl +

µt,l

σk

]
∇kl

)
+ αlGk − αlρlεl (2.3)

∂ (αlρlεl)

∂t
+∇ (αlρlulεl) = ∇

(
αl

[
µl +

µt,l

σε

]
∇εl

)
+ C1εαl

εl
kl
Gk − C2εlαlρl

ε2l
kl

(2.4)

where the model coefficients σk, σε, C1ε and C2ε are 1.0, 1.3, 1.44, and 1.92, respectively,
and Gk is the turbulence production term

Gk = Rt,l · ∇ul =

(
µt,l

[
∇ul +∇ul

T − 2

3
I∇ul

]
− 2

3
ρlIkl

)
∇ul, (2.5)

where I is the identity matrix.

2.2.2 Lagrangian Treatment of the Bubbles

One method to track the motion of a disperse phase moving through a continuous fluid
is the Lagrangian approach where the disperse phase, which can consist of particles,
drops or bubbles, is treated as a set of individual point masses [83] that follow Newton’s
second law of motion. The change in the position of a bubble xb is

dxb

dt
= ub. (2.6)

The change in the velocity ub of each bubble depends on its mass mb and the forces
Fi acting on it

mb

∂ub

∂t
=

n∑

i=1

Fi. (2.7)

The considered forces are the gravitational force FG, the pressure gradient force FP,
the drag force FD, the virtual mass force FVM, and the lift force FL with

FG = Vbg (ρg − ρl) (2.8)
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FP = ρl
Dul

Dt
(2.9)

FD =
3

4
CDVb

ρl
db

(ul − ub) |ul − ub| (2.10)

FVM = CVMVbρl

(
Dul

Dt
− dub

dt

)
(2.11)

FL = CLVbρl (ul − ub)× (∇× ul) . (2.12)

The bubble volume and diameter are Vb and db and CD, CVM, and CL are the respective
coefficients for the drag, virtual mass, and lift forces. The drag coefficient of a spherical
bubble is a function of its Reynolds number Reb = db|ul−ub|ρl

µl
at low Reynolds numbers

and approaches a constant value at high Reynolds numbers [121, 122]

CD =

{
24
Reb

(1 + cD,1Reb
cD,1) if Reb ≤ 1000

cD,1 if Reb > 1000
(2.13)

Slightly different values in the coefficients cD,1,cD,2, and cD,3 can be found across different
studies. Schiller and Naumann [121] report values of 0.15, 0.687, and 0.44, whereas
Amsden et al.[122] report 1

6
, 2

3
and 0.424. The virtual mass coefficient is set to the

value of 0.5 for spherical particles [35, 123, 124]. The lift coefficient CL is calculated
according to the lift model by Tomiyama et al. [125] and depends on the bubble Eötvös
number Eo = ∆ρ|g|d2b/σ, where σ is the surface tension.

CL =





min (0.28 tanh [0.121 Reb] , f) if Eo ≤ 4

f if 4 < Eo ≤ 10

−0.27 if Eo > 10

(2.14)

where f = 0.00105 Eo3 − 0.0159 Eo2 − 0.0204 Eo + 0.474 [125].

Since drag, virtual mass, and lift are reported to be the most important for bubbles
moving in a aerated stirred tank, other forces like the Basset force, the Marangoni
effect and the Magnus force are neglected [124].

For the momentum exchange of the disperse and the continuous phase there exist
two possible approaches: one-way coupling, where only the momentum transfer from
the liquid to the bubbles is included, and two-way coupling, where in addition to
momentum transfer from the liquid to the bubbles the momentum transfer from the
bubbles to the liquid is also included. In the former case, the Lagrangian tracking
of the disperse phase can be performed as an independent second simulation step,
which utilizes single-phase liquid flow results as an input. For the latter, the liquid
flow results enter the calculation of the forces acting on the bubbles but, additionally,
the momentum transfer of the bubbles to the liquid is considered in the momentum
transport of the continuous liquid Eq. (2.2). Accordingly, the motion of both phases
has to be calculated in combination with alternating solution of the liquid flow and
bubble motion. The bubbles are mapped to the Eulerian grid based on their position
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xb and the momentum transfer is accounted for via the source term

Sl = −αg

Vb

(FD + FVM + FL) , (2.15)

where αg =
∑nb

k=1 Vb,k/VCV is the volume fraction of the disperse phase inside a
computational grid cell of volume VCV, with nb the total number of bubbles within the
control volume and Vb,k the volume of the k − th bubble. The corresponding volume
fraction of the liquid phase is αl = 1− αg.

2.2.3 Eulerian Treatment of the Bubbles

An alternative approach to the Lagrangian treatment of the disperse bubbles is the
Eulerian approach. In this case, an additional set of equations of the same form as
Eqs. (2.1) and (2.2) needs to be solved for the gas phase with αg, ρg, ug, Reff,g, and Sg

as the respective volume fraction, density, velocity, effective stress tensor, and interface
momentum transfer term:

∂ (αgρg)

∂t
+∇ · (αgρgug) = 0 (2.16)

∂ (αgρgug)

∂t
+∇ · (αgρgug ⊗ ug) = −∇p+∇ · (αgReff,g) + αgρgg + Sg, (2.17)

The static pressure p is typically considered to be shared for both phases [126]. The
presence of one or the other phase for this inter-penetrating continuous phases and the
identification of disperse or continuous conditions is then defined by the volume fraction.
In contrast to the Lagrangian approach, this method does not account for the exact
location of individual bubbles and instead tracks the presence of the phases within the
control volumes of the Eulerian grid. With this approach phase inversion, i.e., the shift
from disperse to continuous conditions for different regions of the bioreactor is possible
and the continuous gas-phase in the head space can be included in the simulations. To
close the second set of equations the turbulence of the second phase has to be modeled
as well. Behzadi et al. [127] proposed a variant of the k − ε model for the mixture of
two phases, which reduces to that of the single phase if only one phase is present

∂ (ρmkm)

∂t
+∇ · (ρmumkm) = ∇ ·

(
µt,m

σk

∇km

)
+Gk,m − ρmεm (2.18)

∂ (ρmεm)

∂t
+∇ · (ρmumεm) = ∇ ·

(
µt,m

σε

∇εm

)
+

εm
km

(C1Gk,m − C2ρmεm) . (2.19)

The turbulence kinetic energy and turbulence energy dissipation rate are obtained as

{km or εm} =

(
αc

ρc
ρm

+ αd

ρd
ρm

C2
t

)
{kc or εc}, (2.20)
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where the indices d and c indicate the continuous and the disperse phase and the
mixture density is ρm = αlρl + αgρg. The turbulence response coefficient Ct [127] is

Ct = 1 + (Ct,0 − 1) exp
(
−180 αd − 4.71 103α2

d + 4.26 104α3
d

)
. (2.21)

where Ct,0 is the turbulence response coefficient for a volume fraction of the disperse
phase close to zero

Ct,0 =
3 + β

1 + β + 2ρd
ρc

with β =
6αdCD|urel|ρc

4dd

1√
2/3

kc
εc
. (2.22)

The mixture velocity is

um =
αcρcuc + αdρdudC

2
t

αcρc + αdρdC2
t

(2.23)

and the turbulence viscosity of the mixture is

µt,m =
(αcµt,c + αdµt,dC

2
t ) ρm

αcρc + αdρdC2
t

. (2.24)

The turbulence kinetic energy production of the mixture is

Gk,m = αcGk,c + αdGk,d, (2.25)

where Gk,c and Gk,d are turbulence kinetic energy production terms of the individual
phases. The turbulence kinetic energy, the turbulence energy dissipation rate, and the
turbulent dynamic viscosity of disperse phase can be obtained as

kd = C2
t kc, εd = C2

t εc and µt,d = C2
t

(
νcρd
νdρc

)
µt,c. (2.26)

The additional turbulence energy generation by the disperse phase [127] resulted in
excessive turbulence generation in the region of the liquid surface and is neglected to
improve model stability and is omitted in Eqs. (2.18) and (2.19).

The calculation of the momentum exchange terms of the two-phase Sg and Sl

requires a modifier function fϕ with ϕ ∈ [l, g] to distinguish, which phase is the disperse
one

fφ =





1 if 0 ≤ αϕ < 0.3

(0.7− αϕ)/0.4 if 0.3 ≤ αϕ ≤ 0.7

0 if 0.7 < αϕ ≤ 1.

(2.27)

The transfer terms then are

Sg = −Sl =
3

4
αgαl

(
fgCD,gρl

dg
+

flCD,lρg
dl

)
|ul − ug| (ul − ug)

+ αgαl (fgCVM,gρl + flCVM,lρg)

(
Dul

Dt
− Dug

Dt

)
, (2.28)
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where the drag coefficient CD is obtained from the Schiller-Naumann model [121] (see
Eq. (2.13)) and the virtual mass coefficient CVM is set to 0.5 [35, 123, 124]. The drag
force is reported to have the strongest impact on the motion of bubbles within a stirred
tank and the virtual mass force is also not negligible near the impeller, while the lift
force is much smaller than both the drag and the virtual mass forces [124]. Other
forces are neglected.

2.3 Determination of Process Characteristics

This subsection provides the details on all additional calculation steps required to
extract all considered hydrodynamic characteristics from the flow simulations.

2.3.1 Vortex Depth

For unbaffled bioreactors, liquid surface deformation can be observed at high impeller
speeds [77]. The surface vortex is marked by a lower liquid level in the center of
the bioreactor and a higher liquid level at the wall of the reactor. In the case of a
single continuous phase, i.e., for single-phase or Euler-Lagrange simulations, the liquid
surface is represented by the flat top boundary of he computational grid and the surface
vortex formation cannot be captured directly. Instead, the pressure gradient across
this boundary ∆p can be correlated to the vortex depth ∆h [128, 64] by

∆h =
∆p

gρl
. (2.29)

If the continuous gas-phase in the head space is also considered in the simulations
as is the case for the volume of fluids or the Euler-Euler approach the free surface
can be directly evaluated from the iso-surface of the gas and liquid volume fraction
αg = 1− αl = 0.5. The height difference across the iso-surface is the vortex depth ∆h.
In addition to the vortex depth, the liquid height change at the vessel wall compared
to that of the same liquid volume without agitation and a flat free surface can also be
evaluated.

2.3.2 Volumetric Power Input

The volumetric power input P/V is a classical engineering parameter for stirred tank
reactors and represents the power transferred to the liquid by the impeller motion
normalized by the liquid volume [20]. The power input can be calculated from the
torque M acting on the impeller obtained from the simulations

P = M2πn, (2.30)

where n is the impeller speed in revolutions per second.
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2.3.3 Mixing Time

The mixing process is evaluated through the simulation of the transport of a passive
tracer with properties identical to the liquid phase and a concentration cT

∂ (αlcT)

∂t
+∇ · (αlulcT)−∇ · (αlDeff∇cT) = 0, (2.31)

where ul, αl, and νt are taken from the liquid simulation results at steady conditions.
The effective diffusivity Deff = D + νt/Sct is calculated from the molecular diffusivity
D and the turbulent Schmidt number Sct = 0.7 [129, 18, 61].

A spherical region below the liquid surface is initialized with cT=1, while the
remaining liquid is assigned cT=0. The change in cT over time is monitored at multiple
positions distributed over the liquid volume. The mixing time is taken as the time at
which the concentration change relative to the local concentration is less than 3% s−1

at all monitor positions.

2.3.4 Volumetric Oxygen Mass Transfer Coefficient

The volumetric oxygen mass transfer coefficient kLa is the product of the liquid transfer
coefficient kL and the volume specific interface area a [32]. For bubbles rising in a
turbulent liquid, the liquid transfer coefficient can be evaluated with the eddy cell
model of Lamont and Scott [130]

kL = 0.4
√

DO2

(
εlρl
µl

)0.25

, (2.32)

where DO2
= 3x10−9 m2 s−1 is the diffusion coefficient of oxygen in water at 37 ℃ [131].

The specific interface area a is the total area of the interface divided by the liquid
volume. In the case of disperse bubbles, a is the sum of the surface area of all bubbles
A divided by the liquid volume Vl

a =
A

Vl

=
nbd

2
bπ

αlVtot

=
6αg

(1− αg) db
(2.33)

Typically the average gas volume fraction, i.e., the gas hold-up αg,avg is larger than
zero but much smaller then average liquid volume fraction αl = 1− αg ≈ 1, so that the
interface area is typically [132, 24, 61, 32, 97, 45, 18, 102, 133] calculated as

a =
6αg

db
. (2.34)

In the one-way coupled Euler-Lagrange simulations, the Lagrangian results are not
mapped to the Eulerian grid so that the local gas volume fraction is not available. Only
its average value, the gas hold-up αg,avg can be determined from the average bubble
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residence time tr,avg as

αg,avg = tr,avg
Q

VL

. (2.35)

Accordingly the kLa is calculated by substituting εl and αg in Eqs. (2.32) and (2.34)
with the respective average values. The same is done for the two-way coupled Euler-
Lagrange simulations. In the Euler-Euler simulations the local values of each control
volume are used for the calculation of local kLa and the overall value for the complete
bioreactor is obtained by the averaging over the liquid volume.

2.3.5 Risk of cell damage

In contrast to microbial cells, mammalian cells are not protected by a cell wall and
instead only have a cell membrane consisting of a phospholipid bilayer. The cell
membrane can be damaged by the hydrodynamic force of the surrounding liquid.
Moreover, even below force levels that would result in rupture of the cell membrane,
negative impact on cell growth and productivity can be observed [134, 38, 57]. Different
parameters exist for the quantification of these forces and their definitions are briefly
summarized here.

Shear stress

The shear stress τtn in a laminar flow along a solid wall, the wall shear stress can be
obtained from the velocity gradient in the direction normal to the wall which is termed
the shear rate γtn

τtn = µlγtn, (2.36)

where µl is the dynamic viscosity of the liquid. However, the flow inside a bioreactor
is a three-dimensional turbulent flow for which the normal direction cannot be easily
defined. Wollny [135] proposed a definition of the shear rate as the component of the
strain tensor normal to the flow direction γ̃tn. To obtain this, Wollny [135] proposed a
rotation of the local velocity gradient tensor so that the x̃-component of the transformed
tensor is always parallel to the flow direction:
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∂ũx

∂ỹ
∂ũx
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∂ỹ

∂ũy
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where the transformation matrix C is

C =




~uC1

~uC2

~uC3


 (2.38)

with

~uC1 =

(
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|u|
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|u|
uz

|u|

)
, (2.39)
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~uC2 =

(
uy − uz

uO

uz − ux

uO

ux − uy

uO

)
(2.40)

uO =

√
(uy − uz)

2 + (uz − ux)
2 + (ux − uy)

2 (2.41)

and
~uC3 = ~uC1 × ~uC2. (2.42)

The corresponding shear rate then is

γ̃tn =
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)2

, (2.43)

and the shear stress is
τ̃tn = µlγ̃tn. (2.44)

Strain rate

The strain rate γ is another criterion for the mechanical forces that is also derived from
the velocity gradient [23, 24] and

γ =

(
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. (2.45)

The strain rate represents the magnitude of the strain tensor

T =
(
∇u+∇uT

)
. (2.46)

In the case of turbulent flow, turbulence modeling is typically used and with the RANS
approach the Reynolds-Average velocities are calculated, while the turbulent velocity
fluctuations are modeled. The Kolmogorov length scale and the hydrodynamic stress
are calculated from the turbulence energy dissipation rate.

Kolmogorov Length Scale

The Kolmogorov length scale lK is the size of the smallest turbulent eddies. In
turbulent flow, energy is transferred from larger eddies to smaller eddies until the
viscous dissipation by the smallest eddies with a size equal to the Kolmogorov scale [136].
It can be calculated from the turbulence energy dissipation rate as

lK =

(
ν3
l

εl

)0.25

. (2.47)
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With respect to cell damage, the suspended cells are expected to be damaged by
turbulent eddies of the same size. Since there is a cascade of increasingly smaller eddies,
turbulent eddies of similar size are only absent when the Kolmogorov length scale is
larger than the cell size [13, 137]. In that case cells will only be convected by the
turbulent eddies but not damaged by them.

Hydrodynamic stress

In turbulent flow the hydrodynamic stress τl caused by the velocity fluctuations can be
calculated from the turbulence energy dissipation rate [74] as

τl =
√
ρlµlεl. (2.48)

Cells are damaged if the maximum values of the hydrodynamic stress exceeds the cell
line specific tolerance [134, 38].

2.4 One-way coupled Euler-Lagrange simulations

The one-way coupled Euler-Lagrange simulations for the CR3, XDR-10, XDR-200, and
XDR-2000 have been performed with the commercial software tool MixIT [64], which
provides a user interface for the creation of the reactor geometry, the physical properties,
the operating conditions, and controlling the simulations. The geometry module already
provides various typical impeller types but also allows for the addition of customized
impellers as .stl files as was done in the present study. The simulation module of MixIT
is based on the OpenFOAM code structure and the grid generation is integrated into
the software using the snappyHexMesh utility. MixIT only considers the continuous
liquid and creates a separate grid for each working volume. All simulation steps are
specified via the user interface and executed by MixIT’s smartFoam solver and can
be run in parallel.

The simulations are split into the separate steps, which are the solution of the liquid
flow, the Lagrangian tracking of bubbles, and the tracer transport calculations for
analyzing the mixing process. The liquid flow calculations are executed as single-phase
steady state simulations using the SIMPLE algorithm and are run for 1,000 iterations
with first order schemes for the generation of an initial flow estimate. From this
result the simulation is continued with second order schemes until 20,000 iterations are
reached and the final residuals are below 1x10−6. In rare cases, when 20,000 iteration
are not sufficient for the volume average liquid velocity magnitude, volume average
turbulence energy dissipation rate, and impeller torque, which are recorded for each
iteration, to approach constant value the simulations are run longer until those criteria
are met. The impeller motion is modeled with the MRF approach for which in the
region surrounding the impeller, the velocity is solved relative to the angular velocity
of the impeller, i.e., with a rotating reference frame, while the remaining part of the
domain is solved with a static reference frame. For all solid walls, a fixed velocity
boundary condition, wall functions for all turbulence fields and zero gradient condition
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for pressure are applied. To the top boundary, which represents the liquid surface, a
slip boundary condition is applied.

The Lagrangian treatment of the bubbles is one-way coupled and uses the steady
result of the liquid flow calculation as an input for calculating the bubble trajectories
and residence time. The force applied to the bubbles are the gravitational force FG, the
pressure gradient force FP, and the drag force FD. The drag coefficient is calculated
according to Eq. (2.13) using the coefficients proposed by Amsden et al. [122]. All
bubbles are generated at random positions across the sparger surface and tracked until
they are removed from the simulation, once they reach the top boundary.

The tracer transport calculation also requires the steady liquid flow results as an
input and the user has to specify the tracer addition spot around which a spherical
volume with cT = 1 is defined as well as the monitor positions for which the tracer
concentration is reported for each simulation time step of 0.001 s. The volumetric
power input, average liquid velocity, average turbulence kinetic energy, and average
turbulence energy dissipation rate are automatically reported. Further post-processing
is carried out in paraView [138].

For the Ambr250 and the XDR-500, the same work flow as described above us-
ing MixIT [64] has been implemented in OpenFOAM [63] using the simpleFoam,
icoUncoupledKinematicParcelFoam, and a customized version of the scalarTransportFoam
solvers, respectively.

2.5 Two-way coupled Euler-Lagrange and Euler-

Euler simulations

Except for the one-way coupled Euler-Lagrange simulations, all simulations are carried
out with the open-source software tool OpenFOAM version 7 [63]. OpenFOAM provides
multiple functionalities including tools for mesh generation and modifications, different
solvers for different types of flow, and post-processing utilities called functionObject.
The OpenFOAM installation also includes the open-source data visualization and
analysis tool paraView 5.6 [138]. The following subsections describe all steps from the
grid generation to the processing of the final results.

2.5.1 Grid Generation

There are two main tools for grid generation in OpenFOAM, blockMesh and
snappyHexMesh. The former allows for the direct definition of geometric shapes with
straight or circular edges and direct specification of the number of volume elements
in each spatial direction. Accordingly, blockMesh can provide well structured, purely
hexahedral grids for simple geometries. For more complex geometries snappyHexMesh
allows to create grids that have hexahedral structure as a basis but are adjusted to
conform to complex surface shapes, which results in a small fraction of polyhedral cells
at the surfaces. The surface information can be supplied in .stl format and all files
representing interior surfaces of the bioreactor are generated in Gmsh [139]. The grid
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fineness for the grid independence studies is adjusted by changing the fineness of the
hexahedral background mesh specified in blockMesh.

2.5.2 Initialization of Liquid Flow

For initializing the liquid flow of the two-phase simulations and for the testing of
different grid refinements single-phase steady state of the liquid flow are run with
the simpleFoam solver which uses the SIMPLE algorithm. The impeller motion is
modeled with the MRF approach in the same manner as described in Sect. 2.4. The
simulations are run for 20,000 iterations until steadiness is reached with second order
schemes, except for the convection the turbulence kinetic energy and the turbulence
kinetic energy dissipation rate for which first order upwind schemes are used. All
residuals are below 1x10−6. The boundary conditions are the same for the MixIT
simulations described in Sect. 2.4. The liquid velocity, turbulence kinetic energy,
and the turbulence kinetic energy dissipation rate are copied to the initial time step
of simulations with the mapFields utility to start with the simulations with fully
developed liquid flow surrounding the impeller. In the Euler-Lagrange simulations,
the liquid volume is defined by the volume of the computational domain and in the
Euler-Euler the setF ields utility is used to specify the volume fractions of the gas and
liquid phase in the head space and the working volume.

For the Euler-Euler simulations of the XDR-200 and the XDR-2000, volume of fluid
simulations are performed as an intermediate step to also initialize the liquid surface.
The volume of fluid simulations are run with the interFoam solver for 1 s and the
time step is set to 5x10−5 s for which the Courant number remains below 0.5. All
residuals are below 1x10−6. The liquid flow is initialized from the single-phase results
and the continuous liquid and the continuous gas of the working volume and the head
space are defined by setting the volume fraction with the setF ields utility. For these
simulations sparging is not considered. For the volume of fluid simulation, the impeller
motion is also modeled with the multiple reference frame approach, and the transient
equations are solved with the PIMPLE algorithm, a combination of the PISO and
SIMPLE algorithm. In the volume of fluid simulations, the impeller motion is also
modeled with the MRF approach and all boundaries are treated as solid walls.

2.5.3 Two-way Coupled Euler-Lagrange Simulations

The two-way coupled Euler-Lagrange simulations are run with the DPMFoam solver.
As the continuous gas phase in the head space in not considered in the Euler-Lagrange
simulations the computational grid of the complete reactor is reduced to the respective
liquid height with the subsetMesh function, which only retains computational cells
within a predefined region. For the initial time step the liquid flow is taken from
single-phase simulations and bubbles are absent. The impeller motion is modeled with
the sliding mesh approach [65], where the rotating region of the computational grid,
which is the same as the rotating reference frame region of the other approaches, is
moved with the angular velocity of the impeller motion around its rotational axis.
The spacial coordinates of the control volumes within the rotating mesh region are
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updated for each time step and to connect the rotating region to the stationary grid the
faces of all control volumes forming the interface between the static and the rotating
region region are duplicated and collected in two “Arbitrary Mesh Interface” (AMI)
boundaries. These two boundaries are coupled to allow for reconnecting the adjacent
control volumes of the static and rotating region according to their current position.
Sparging is considered by the injection of bubbles at random positions across the
sparger surface. The rate at which the bubbles are added is the sparging rate divided
by the volume of an individual bubble. All forces described in Eqs. (2.8)-(2.12) are
considered in the simulations. The added bubbles are tracked until they reach the top
boundary, where they are removed and their residence time is recorded in a separate
output file.

The top boundary, which represents the liquid surface is treated with a slip boundary
condition across which no flow is possible. To compensate for the displacement of liquid
by the bubbles an artificial pressure dependent in and outflow boundary is defined as a
ring along the vertical reactor wall close to the liquid surface. All physical walls and
the sparger surface are treated with a wall boundary condition as described already
in Sect. 2.4. The transient equations are solved with the PIMPLE algorithm and the
time step is dynamically adjusted to maintain a Courant number below 0.2 and the
resulting time steps are in the range of 5x10−5 s and 1x10−6 s and the residuals are
below 1x10−5. The simulations are run until steady conditions are reached.

2.5.4 Euler-Euler Simulations

The Euler-Euler simulations are performed with the reactingTwoPhaseEulerFoam
solver. For the CR3 and the XDR-10, the liquid flow is initialized from the single
phase simulation results, for the XDR-200 and XDR-2000 the simulations are initialized
from the volume of fluid simulations described in Sect. 2.5.2. The impeller motion
is modeled with MRF approach. The working volume is defined with setF ields by
setting initial liquid and gas volume fractions of αl = 1 and αg = 1 − αl = 0 for all
control volumes below the liquid surface and αl = 0 and αg = 1 − αl = 1 above the
liquid surface. At the initial time bubbles are absent from the liquid and the sparging
rate is set through the sparger’s inflow velocity, which is the sparging rate divided
by the sparger area. The impeller motion is modeled with the MRF approach. All
physical walls are treated with wall boundary conditions and the top boundary is a
pressure based in outflow boundary to allow exchange between the head space and the
ambient air. The transient equations are solved with the PIMPLE algorithm and the
time step is dynamically adjusted to maintain a Courant number below 0.2 and the
resulting time steps are in the range of 5x10−5 s and 1x10−6 s and the residuals are
below 1x10−5. The simulations are run until steady conditions are reached.

2.5.5 Tracer Simulations and Post-Processing

For analyzing the mixing process, simulations similar to those described for the post-
processing of the one-way coupled Euler-Lagrange simulations described in Sect. 2.4
are run. To this purposes the OpenFOAM solver scalarTransportFoam is customized
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by adding the liquid volume fraction and the turbulent diffusion term to the transport
equation. The region of the initial tracer volume for which cT = 1 is defined with
the setF ields utility and the sampling functionObject is used to report the tracer
concentration at the considered monitor positions.

For post-processing of the torque and the shear and strain rate, the forces and
gradient functionObjects are used to obtain the torque acting on the impeller and the
gradient of the liquid velocity, respectively. The codedFunctionObject utility has been
used to implement the rotation of the velocity gradient tensor to calculate the shear
stress Eq. (2.43) proposed by Wollny [135]. Visualization and all further post-processing
steps according to the equations in Sect. 2.3 are executed in paraView 5.6 [138] using
the available calculator, histogram, and integrateVariables functions.



3. Carbon Dioxide Mass Transfer

The aerobic metabolism of the cultivated cells requires a constant supply of oxygen
and results in a continuous production of carbon dioxide [4]. To supply oxygen and
remove the carbon dioxide through diffusive transport, sparging is required during cell
cultivation. The diffusive transport of oxygen and carbon dioxide is considered from
the point of view of the individual bubbles and is described in the next subsection.
Then the equations for describing the carbon dioxide balance in the culture medium
are described in the following subsection.

3.1 Diffusion between the Bubbles and the Liquid

The diffusion of oxygen and carbon dioxide from a bubble to the liquid phase and vice
versa depends on the driving concentration gradient, the transfer coefficient, and the
transfer area. The diffusive transport can be described through [4]

dni

dt
= kLA (piHei − ci,l) , (3.1)

where ni is the amount of species i in the gas bubble at time t. In the present study,
the liquid transfer coefficient kL is calculated according to Eq. (2.32). The transfer
area A = πd2b is the surface area of a spherical bubble with the diameter db, which is
considered to be constant. The concentration of the dissolved species i at equilibrium
is determined from the partial pressure of species i in the gas phase pi and the Henry
constant Hei [3] and ci,l is the actual dissolved concentration in the liquid phase, where
i is either oxygen or carbon dioxide. If ci,l < piHei, which is the case for oxygen, then
the mass transfer is from the bubble to the liquid. Analogous, if ci,l > piHei, which is
the case for carbon dioxide, then the mass transfer is from the liquid to the bubble.
The partial pressure pi is the mole fraction

yi =
ni

nO2
+ nCO2

+ nN2

(3.2)

multiplied with the total pressure.
The initial value of nO2,0 is determined through the ideal gas law and the bubble

composition of either pure oxygen or air with mole fractions for oxygen and nitrogen
of 0.21 and 0.79. respectively. The initial value of nCO2,0 is always zero. The total
pressure is set to the constant value of atmospheric pressure of 101,325 Pa. The effect of
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the hydrostatic pressure, which varies with the working volume and the position of the
bubble, is neglected. In the present study, the surface area of the bubbles is considered
to be constant. Furthermore, the bubble residence time, which is in the order of
seconds, is considered to be much shorter than the time scale of concentration changes
of carbon dioxide or oxygen in the liquid. Thus, ci,l is also considered to be constant
for the evaluation of single bubbles. Different values of ci,l have been considered to
investigate the effect of changes in the liquid concentration on the diffusive transport
between the bubble and the liquid.

3.2 Carbon Dioxide Concentration in the Liquid

The concentration of the dissolved inorganic carbon species in the liquid is a result of
the mass transfer between the dispersed bubbles and the consumption of oxygen and
generation of carbon dioxide by the cultivated cells. The dissolved oxygen concentration
changes according to

dcO2

dt
= OTR− cxqO2

, (3.3)

where cO2
is the dissolved oxygen concentration in the liquid, OTR is the oxygen

transfer rate, cx is the viable cell density, and qO2
is the cell specific oxygen uptake rate.

As summarized by Sieblist et al. [4], the oxygen transfer rate can be determined from
the total amount of oxygen transferred by a bubble during its total residence time, the
volumetric sparging rate Qv = Q/V , and the volume of the bubble. For a spherical
bubble the oxygen transfer rate is

OTR = (nO2,t0 − nO2,tfinal)
6Qv

πd3b
, (3.4)

where nO2,t0 and nO2,tfinal are the moles of oxygen inside a single bubble at the initial
time and at the time at which the bubble reaches the liquid surface. Similar equations
can be used to describe the dissolved carbon dioxide concentration dCO2. However,
dCO2 is in equilibrium with the carbonic acid (H2CO3), bicarbonate (HCO−

3 ), and
carbonate (CO2−

3 ) [140]. The equilibrium of theses species forms the carbonate buffer
system. The only species in equilibrium with carbon dioxide in the gas phase is dCO2.
The dCO2 concentration can be approximately treated as a combined pool with H2CO3,
since the equilibrium of dCO2 and H2CO3 is independent of the pH and their ratio at
25◦C is 99.76:0.24 [141]. If the pH is controlled at a constant set point, the fraction
of the combined pool CO∗

2 of the total inorganic carbonate species φCO∗

2
is constant.

For a pH of 7, Contreras [140] reports a fraction φCO∗

2
of 0.1663. The change of the

concentration of the combined pool cCO∗

2
is

dcCO∗

2

dt
= φCO∗

2
(cxqCO2

− CTR) , (3.5)
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where the carbon dioxide stripping rate CTR can be evaluated from the single bubble
mass transfer as

CTR = (nCO2,tfinal − nCO2,t0)
6Qv

πd3b
, (3.6)

where nCO2,t0 and nCO2,tfinal are the moles of carbon dioxide inside a single bubble at
the initial time and at the time at which the bubble reaches the liquid surface.

During cell cultivation, the dissolved oxygen concentration is typically kept constant

by controlling the sparging rate [142], so that
dcO2

dt
= 0 and Eq. (3.3) can be reordered

to

Qv =
cxqO2

πd3b
6 (nO2,t0 − nO2,tfinal)

. (3.7)

By entering Eqs. (3.6) and (3.7) into Eq. (3.5)
dcCO∗

2

dt
can be calculated as

dcCO∗

2

dt
= fCO∗

2
cx

(
qCO2

− nCO2,tfinal − nCO2,t0

nO2,t0 − nO2,tfinal

qO2

)
. (3.8)

The amount of CO2 taken up by a bubble increases with the concentration of CO∗
2,

which reaches a steady value for
dcCO∗

2

dt
= 0. This corresponds to

nCO2,tfinal − nCO2,t0

nO2,t0 − nO2,tfinal

=
qCO2

qO2

. (3.9)

The ratio of the cell specific uptake and production rates is the respiratory quotient of
the cultivated cell line

RQ =
qCO2

qO2

. (3.10)

Goudar et al. [143] report respiratory quotients for CHO cells cultivated at different
conditions close to unity.

The differential equations are solved in MATLAB [144] using the ode15s solver.
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4. Characterization of the Individ-

ual Bioreactors

The basis for the scale-up analysis presented in the next chapter is the hydrodynamic
characterization of each of the considered bioreactors. The cell culture relevant process
aspects of mixing, liquid stress, and oxygen transfer depend on the liquid agitation by
the impeller and the sparging of the disperse bubbles but are not directly known. The
causal relation between the operating conditions and the cell culture relevant process
characteristics is the flow that develops within each of the considered bioreactors. To
understand the effect of changes in the operating conditions, including the working
volume, the impeller speed, the sparging rate, and where applicable the sparger type, a
set of different operating conditions is considered for each bioreactor.

The sections on each of the bioreactors start with a description of the bioreactor, the
considered operating conditions and the numerical gird used in the simulations. The
results on the liquid flow structure and the bubble dispersion are presented first. In a
next step, the effect of the operating conditions on the different process characteristics
are analyzed. Except for the Ambr® 250, which is presented last, the sections on
the individual bioreactors are ordered by the bioreactor volume, starting with the
Mobius® CellReady 3 L (CR3), and then continuing with the XDR-10, the XDR-
200, the XDR-500, and the XDR-2000. The larger bioreactors are all part of the
XcellerexTM single-use bioreactor product line [145],which offers different maximum
working volumes of 10 L, 50 L, 200 L, 500 L, 1000 L, and 2000 L. The CR3, the XDR-10,
the XDR-200, the XDR-500, and the XDR-2000 all have a single impeller and at least
one microporous sparger. The CR3 is the only bioreactor that is investigated with both
one-way and two-way coupled Euler-Lagrange (EL) simulations, whereas for all other
bioreactors only the one-way coupled EL approach is used. In addition, Euler-Euler
(EE) simulations are performed for the CR3, the XDR-10, the XDR-200, and the
XDR-2000. Since the CR3 is presented first, the considered process characteristics are
reported and explained in more detail than for the other bioreactors. Each sections
also points out differences and similarities to the bioreactors presented in the sections
above.

The experimental results on the volumetric oxygen mass transfer coefficient of the
CR3, the XDR-10, and the XDR-200 have been provided by Tomomi Matsuura, Takuya
Nakano, and Takuma Eguchi from Daiichi-Sankyo Co., Ltd.. Additionally, Tomomi
Matsuura provided the experimental data on the vortex formation in the XDR-10 and
the mixing time of the CR3, the XDR-10, and the XDR-200. The experimental results
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are reported in [146, 128, 118].

4.1 The Mobius® CellReady 3 L

The Mobius® CellReady 3 L (CR3) is a lab-scale bioreactor that can be used for the
initial testing of different cell lines, in the seed train, and as the starting point for
cell culture scale-up. The results of the two-way EL simulations on the liquid flow
structure, the bubble dispersion, the gas hold-up, the volumetric oxygen mass transfer
coefficient, the mixing time, the hydrodynamic stress, and the strain rate are reported
in [146]. The characterization of the CR3 starts with description of the configuration
of the bioreactor, the considered operating conditions, the selection of the numerical
grid and its boundaries, continues with the numerical results on the flow structure and
process characteristics, and closes with a summary of the same from the perspective of
selection of the operating conditions for cell cultivation.

4.1.1 Bioreactor Configuration

The CR3 has a rigid, transparent, single-use plastic vessel with a diameter dV of 13.7 cm
and a total height of , which is equipped with a marine blade impeller, see Fig. 4.1,
with three blades and a diameter dimp of 7.6 cm. The impeller is mounted on a central
rod that is mechanically rotated in the up-pumping clockwise direction. A microporous
sparger and an open pipe spargerare integrate into the CR3, both entering the rounded
bottom of the vessel from the side. Up to three probes can be entered through the lid
of the vessel and a hollow truncated cone is inbuilt for inserting a temperature sensor.
The present work considers two cylindrical sensors, one for pH and one for the dissolved
oxygen tension, entering from the top in addition to the inbuilt truncated cone.

4.1.2 Operating Conditions

The considered operating conditions cover changes in the impeller speed, the working
volume, the sparging rate, and the sparger type. For the modeling approaches that
include the effect of bubbles on the liquid motion, i.e., the two-way coupled EL and the
EE simulations, the effect of all four operating parameters on the liquid flow is captured.
The selected operating conditions for these modeling approaches summarized in Tab. 4.1,
represent changes in a single parameter relative to the condition #4, for which the

Figure 4.1: Impeller of the Mobius® CellReady 3 L
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Table 4.1: Operating conditions for the EE and the two-way coupled EL simulations of
the CR3.

Condition Impeller speed n Working volume V Sparging rate Q Sparger type
# [rpm] [L] [mL min−1]
1 50 1.0 50 microporous
2 100 1.7 50 microporous
3 250/150 1.7 50 microporous
4 100 1.0 50 microporous
5 100 2.4 50 microporous
6 100 1.7 10 microporous
7 100 1.7 100 microporous
8 100 1.7 50 open pipe

impeller speed, the working volume, and the sparging rate are at the intermediate level
and the microporous sparger is used. If the set of conditions in Tab. 4.1 was extended
to cover a full design of experiments, condition #4 would correspond to the center
point. For the impeller speed, low intermediate and high values of 50 rpm, 100 rpm,
and 250 rpm are considered. For the two-way coupled Euler-Lagrange simulations
150 rpm instead of 250 rpm are used as the maximum level, which is further discussed
in the section 4.1.4. For the working volume, the supplier specified minimum and
maximum volume of 1.0 L and 2.4 L, and the intermediate value of 1.7 L are tested.
For the sparging rate, the levels are 10 mL min−1, 50 L min−1, and 100 mL min−1.
The second sparger option is the open pipe sparger. The opening of the open pipe
sparger is a hole in the curved part of the vessel bottom, which has an elliptical outline
with a major axis length of 2.3 mm and a minor axis length of 1.0 mm. In the

Table 4.2: Operating conditions for the one-way coupled EL simulations of the CR3.

Condition Impeller speed n Working volume V
# [rpm] [L]
1 50 1.0
2 100 1.0
3 250 1.0
4 50 1.7
5 100 1.7
6 250 1.7
7 50 2.4
8 100 2.4
9 250 2.4
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one-way coupled EL simulations, the gas hold-up and volumetric oxygen mass transfer
coefficient are evaluated for all conditions in Tab. 4.1 with 250 rpm for condition #3.
However, since the effect of the bubbles on the liquid motion is neglected, the liquid
flow for conditions #6, #7, and #8 is identical to condition #4. The sparger type is
reflected in the simulations by its position and the diameter selected to represent the
generated bubbles and the sparging rate is only included in the calculation of the gas
hold-up and the volumetric oxygen mass transfer coefficient. Since different sparging
rates do not require separate simulations, an extended set of simulation conditions is
used to characterize the liquid flow. This set of conditions is summarized in Tab. 4.2
and consists of all possible combinations of the three levels of working volume and the
three levels of impeller speed.

4.1.3 Grid Independence Study

For the one-way coupled EL simulations with MixIT and for the EE simulations,
separate grid studies are performed. The tested grids for the one-way coupled EL
simulations are shown in Fig. 4.2a and those for the EE simulations are shown in

(a) Grids for the one-way coupled EL simulation for 1.0 L working volume. Left to right:
1.4x106, 2.2x106, and 4.4x106 grid cells.

(b) Grids for the EE simulations for the complete reactor including the head space. Left to
right: 2.0x106, 2.8x106, and 4.9x106 grid cells.

Figure 4.2: Computational grids for the CR3 considered in the grid study. The rotating
reference frame region is highlighted in blue.
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Figure 4.3: Computational grids for the CR3 for the two-way Euler-Lagrange simulations
for the different working volumes. The rotating mesh region is highlighted in blue. Left
to right: 1.1x106, 1.9x106, and 2.6x106 grid cells for 1.0 L, 1.7 L and 2.4 L of working
volume, respectively.

Fig. 4.2b. The meshing strategy implemented in MixIT [64] applies high refinement for
the rotating reference frame region, which results in a grid spacing of a quarter of that
of the largest grid cells in each spatial direction, which results in a volume of 1/64 of
the largest cells. The same refinement is used for all solid walls, except for the impeller
where the refinement is increased by another level resulting in a spacing of one eighth
of the largest grid distance. The grid generated in OpenFOAM [63] uses a different
strategy with a coarse grid for the gas filled head space and one level of refinement at
the solid walls and another level of refinement directly at the impeller.

Grid independence is evaluated based on the average velocity magnitude, turbulence
kinetic energy, turbulence kinetic energy dissipation rate, and turbulence viscosity
and considered to be reached when less than 5 % deviation compared to the finest
investigated grid are found. These criteria are met for the intermediate grids shown in
the center of Fig. 4.2 with 2.2x106 and 2.8x106 for the one-way coupled EL approach
for 1.0 L working volume and for the grid of the complete bioreactor used in EE
simulations, respectively.

The grids for the two-way coupled Euler-Lagrange (two-way coupled EL) simulations
are derived from the grid selected for the EE simulations by cutting the grid to the
height corresponding to the selected liquid volume, see Fig. 4.3.

To illustrate where which boundary conditions are used in the simulations, the
different boundaries are marked in different colors in the perspective projection of the
bioreactor for which the front of the vessel wall is missing in Fig. 4.4. Both spargers
are located at the bottom of the vessel and highlighted in green in Fig. 4.4. In the
one-way and two-way coupled EL simulations, the top boundary represents the liquid
surface and is treated with a slip boundary condition and is shown as the dark blue
area in Figs. 4.4a and 4.4b. In the EE simulations, the liquid surface is inside the
computational domain and must be evaluated from the gas and liquid volume fraction.
However, a circular region of the top boundary, which represents the connection to
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(a) One-way coupled EL (b) Two-way coupled EL (c) EE

Figure 4.4: Boundary structure of the numerical grid of the CR3 for the different
modeling approaches.

the gas outlet pipe, is treated with an atmospheric boundary condition, which allows
exchange of gas in the head space with the ambient air. This boundary is indicated by
the small red area in the top left of Fig. 4.4c. In the two-way coupled EL simulations,
the volumetric coupling is included and requires in- and out-flow of liquid to compensate
for the volume gained and lost by the addition and removal of bubbles at the sparger,
and the top boundary, respectively. For this purpose, a segment of boundary faces
along the circumference of the vertical reactor wall with a height of 0.5 cm is selected
as a separate, artificial boundary that allows for in- and outflow of liquid, which is
similar to the strategy applied by Masterov et al. [88] for a bubble column. The back
part of this boundary is indicated in teal in Fig 4.4a. The location of the interface
between the rotating and static mesh regions of the sliding mesh approach of the
two-way EL simulations is indicated by the transparent pink cylinder in Fig. 4.4b. All
other boundaries colored gray in Fig. 4.4 correspond to solid walls and are treated with
a no slip condition.

4.1.4 Process Characterization

To provide insight into the general flow structure, a description of the liquid flow and
the bubble dispersion are provided first. Then the effect of the operating conditions
on the cell culture relevant process characteristics of liquid mixing, liquid stress, and
oxygen transfer is discussed. For each of these aspects, results for the one-way coupled
EL, two-way coupled EL and EE approaches are presented side by side and differences
in their capabilities pointed out.
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Liquid Flow and Bubble Dispersion

The mechanical agitation by the impeller defines the liquid motion and determines the
mixing and the mechanical stress in the liquid phase, while the sparging and the bubble
dispersion determine the gas hold-up and oxygen transfer. Cell culture relevant process
characteristics are not directly evident from the flow pattern, but it can provide better
understanding why and how the process characteristics are affected by the operating
conditions. The liquid flow field and bubble dispersion within the CR3 for condition #4
with V = 1.7 L, n = 100 rpm, and Q = 50 mL min−1 with the microporous sparger
are shown in Fig. 4.5 for all three modeling approaches. The impeller is rotating in
the up-pumping, clockwise direction, which results in a dominant rotational motion of
the liquid. The secondary flow structure shows two circulation zones, where the flow
ejected from the impeller is redirected in upwards and downwards direction at the vessel
wall and then drawn back in to the impeller from below and above the impeller, which
is observed with all three modeling approaches. This general structure agrees well to
the simulation results by Kaiser et al. [45, 147] and the particle image velocimetry of
Odeleye et al. [60, 148]. The impeller speed determines the liquid velocity, while the
working volume defines the height of the upper recirculation zone. For the considered
sparging rates the bubbles only have small localized impact on the liquid flow, which is

(a) One-way coupled EL (b) Two-way coupled EL (c) EE

Liquid velocity magnitude |ul| [m s−1]

Figure 4.5: Liquid flow and bubble dispersion for V = 1.7 L, n = 100 rpm,
Q = 50 mL min−1 for the microporous sparger for all three considered modeling
approaches in the x-z-plane through the center of the CR3. Arrows indicate the
direction of the x-z-velocity.
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underlined by the high similarity between the one-way coupled EL simulations, which
neglect the impact of the bubbles on the liquid flow, with the two-way coupled EL and
EE results.

In addition to the liquid flow structure, Fig. 4.5 also shows the bubble dispersion for
the base case. The bubble positions of the one-way and two-way coupled EL simulations
are indicated by individual spheres in Fig. 4.5. For the EE approach, the 1 % gas volume
fraction iso-surface indicates the region where the majority of bubbles are rising. For
all three simulation approaches, similar bubble dispersion is observed: the bubbles rise
from the microporous sparger to the impeller and then further along the backside of the
impeller blade. After they detach from the upper edge of the impeller, they rise close
to the center of the vessel, while also following the clockwise motion of the liquid due to
drag. The horizontal dispersion of the bubbles increases while they are rising from the
impeller to the liquid surface. One obvious difference between the different simulation
approaches is the effect of the modeling of the impeller motion on the position at which
the bubbles detach from the impeller blades. For the multiple reference frame approach
, which is used for the one-way coupled EL and EE simulations, the grid around the
impeller is fixed and the rotation is captured by calculating the velocity in the rotating
reference frame relative to the angular velocity of the impeller. As consequence the
bubbles do not move with the impeller’s rotational motion and the bubble plume above
the impeller is shifted in the anti-clockwise direction, when compared to the two-way
coupled EL simulations, where the sliding mesh approach moves the computational grid
in the rotating region according to the impeller motion. The sliding mesh allows for a
more detailed understanding of the interaction of individual bubbles with the moving
impeller and the bubbles detach on the side opposite to the microporous sparger. This
difference in the bubble detachment does not have a significant impact on the related
process characteristics of the gas hold-up and the volumetric oxygen mass transfer
coefficient, which is discussed below.

For the different modeling approaches, there are also some differences in the
consideration of the sparging rate. For the one-way coupled EL simulations, the bubble
motion is not affecting the liquid flow and is calculated in a separate second simulation
step. Thus, the bubbles do not affect the liquid flow and the number of tracked bubbles
only needs to be sufficiently high to give a good estimate of the average residence
time. For the evaluation of the average residence time 2000 bubbles are tracked for
each considered combination of impeller speed, working volume, and bubble diameter.
The actual sparging rate then only enters in the calculation of the gas hold-up and
volumetric oxygen mass transfer coefficient.

For the two-way coupled EL simulations, the volume of bubbles with 1 mm diameter
considered for the microporous sparger is about 5x10−10 m3 and is only slightly below
the average volume of the computational grid cells of 1x10−9 m3. Even smaller volumes
of down to 1.5x10−11 m3 are found for refined and truncated cells directly at the
impeller. Due to the small size difference between the bubbles and the control volumes,
the requirement that the disperse bubbles are significantly smaller than the Eulerian
grid is not fulfilled [149] and numerical instability is observed. To alleviate this issue
“parcels sizes” smaller than 1 are considered to reduce the local source terms for the
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volumetric and momentum coupling by multiplying with the parcel size (Henry Weller,
personal communication, 16th April 2019). At the same time, the number of injected
parcels, which is the number of bubbles divided by the parcels size, is larger than
the number of actual bubbles, so that the sum of the coupling terms of all parcels in
the computational domain is the same as expected for the actual number of bubbles
(Henry Weller, personal communication, 16th April 2019). This can be interpreted as
a statistical approach that considers a certain probability of a bubble being present
at the parcel location and affecting the liquid flow. While this treatment improves
numerical stability, the increase in the number of parcels present in the domain also
increases the computational cost of the Lagrangian approach, which is in contrast to
the classical parcel concept where multiple particles, bubbles, or droplets of the same
size are grouped in a parcel to reduce the computational cost by reducing the number of
tracked entities. Moreover, for the two-way coupled EL simulations bubbles are found
to be trapped in the center of the lower recirculation zone at the maximum impeller
speed of 250 rpm, when using the combination of drag, virtual mass, lift, gravity
and pressure gradient forces described in Sect. 2.2.2. A maximum impeller speed of
150 rpm is considered instead at which the bubbles are not trapped. Another option to
handle this issue might be the addition of a turbulent dispersion term that randomly
modifies the bubbles velocity according to the intensity of the liquid turbulence. The
randomness of the modifications is required because the anisotropic and unsteady
nature of the turbulent velocity fluctuations is not captured correctly with turbulence
models base on the Reynolds-Average Navier Stokes Equations like the k − ε model
used in the present study.

For the EE approach, the gas volume fraction is tracked instead of the individual
bubbles. The EE method does not resolve the interfacial structure, i.e., an intermediate
volume fraction can mean that disperse bubble or droplets are present within a control
volume or that a segregated interface of gas and liquid is present within that control
volume. In the present study, the disperse or continuous conditions are selected based
on the volume fraction less than 0.3 and higher than 0.7, respectively, and for volume
fractions in between there is interpolation of disperse and continuous behavior as
specified by the modifier function defined in Eq. (2.27). One benefit of this method
is that the volume of the gas phase cannot be larger than the control volume, which
makes it less sensitive to the ratio of the volume of the disperse bubbles and the control
volumes of the Eulerian grid. Another benefit is the ability to consider two continuous
phases, so that the continuous gas phase in the head space can also be included and
the same grid can be used for all filling volumes. A draw back is that the liquid surface
cannot be resolved, resulting in some instability and fluctuations.

Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing Time

With increasing impeller speed, the liquid velocity and turbulence increase, which allows
for faster mixing and better homogenization. The velocity and turbulence kinematic
viscosity of the liquid phase are vital inputs for the tracer simulations that are used
to determine the mixing time. The power draw of the impeller normalized by the
working volume yields the volumetric power input that is a classical scale-up criteria
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that can be correlated to the mixing time [20, 13, 18]. Accordingly, the present section
is dedicated to theses different flow characteristics related to the liquid mixing.

Fig. 4.6a shows the average liquid velocity magnitude |ul| of the one-way coupled
EL simulations across the different impeller speeds and the different working volumes
are indicated by the different colors. In the computationally cheaper one-way coupled
EL simulations,i.e., simulations times of one to two days instead of several weeks, all
possible combinations of the three considered levels of working volume and impeller
speed have been considered as given in Tab. 4.2. For the two-way coupled EL and EE
simulations, conditions #1 to #5 in Tab. 4.1 cover the effect of the working volume
at the intermediate impeller speed of 100 rpm and the effect of impeller speed at the
intermediate working volume of 1.7 L and are shown in Fig. 4.6b. Due to the issues
with the simulations of the bubble dispersion in the two-way coupled EL simulations
explained above the maximum impeller speed for this simulation approach is 150 rpm
instead of 250 rpm. For all three modeling approaches, the average liquid velocity
increases with the impeller speed. The effect of the working volume is smaller than
that of the impeller speed and is shown for the intermediate impeller speed of 100 rpm
in Fig. 4.6c, where all three modeling approaches are compared. At a constant impeller
speed, the average liquid velocity is lower for a larger working volume, since with the

(a) One-way coupled EL (b) Two-way coupled EL and EE

(c) One-way and two-way coupled EL, and EE at 100 rpm

Figure 4.6: Average liquid velocity for different impeller speeds for (a) the one-way
coupled EL simulations, (b) the two-way coupled EL and EE simulations, and (c)
for different working volumes at 100 rpm for all three modeling approaches, with
Q = 50 mL min−1 for the microporous sparger.
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same power transferred by the impeller motion a larger volume is agitated and the size
of the upper recirculation zone with lower velocity increases. This is also indicated by
the differently colored markers in Figs. 4.6a and 4.6b. The two-way coupled EL and
EE simulations show slightly lower average velocities at the lowest and intermediate
working volume. Overall, the differences between the different modeling approaches
are minor, which is in agreement to the strong similarity of the liquid flow pattern in
Fig. 4.5 and the small impact of the sparging on the overall flow structure.

With increasing liquid velocity the turbulence also increases, which also corresponds
to a higher impeller Reynolds number [20]

Reimp =
nd2imp

νl
(4.1)

at higher impeller speeds n. For Reimp larger than about 104, the flow conditions
are considered to be fully turbulent for stirred tanks [13, 20, 42]. When using the
k − ε model, the kinetic energy contained in the turbulent eddies is represented by
the turbulence kinetic energy k. Figure 4.7a shows the average turbulence kinetic
energy of the liquid phase for the one-way coupled EL simulations and Fig 4.7b for

(a) One-way coupled EL (b) Two-way coupled EL and EE

(c) One-way and two-way coupled EL, and EE at 100 rpm

Figure 4.7: Average turbulence kinetic energy for different impeller speeds for (a) the
one-way coupled EL simulations, (b) the two-way coupled EL and EE simulations, and
(c) for different working volumes at 100 rpm for all three modeling approaches, with
Q = 50 mL min−1 for the microporous sparger.
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the two-way coupled EL and EE simulations. Similar to the average velocity, the
average turbulence kinetic energy increases with a higher impeller speed, which also
corresponds to an increased Reimp number. Figure 4.7c shows the average turbulence
kinetic energy for the different working volumes at an impeller speed of 100 rpm. For
the one-way coupled EL simulations, a decrease of the turbulence kinetic energy for
a larger working volume is observed similar to the decrease of the average velocity
described above. The reduction of the average is turbulent kinetic energy for increasing
working volumes is due to the lower turbulence in the upper part of the liquid above
the impeller region. The heterogeneity of turbulence inside stirred tank reactors with
high turbulence around the impellers and lower turbulence in the remaining liquid is
observed in the present simulations, which is also in good agreement with the particle
image velocimetry results on the single-phase liquid flow inside the CR3 of Odeleye
et al. [60]. For the two-way coupled EL simulations, the same qualitative trend is
observed but in contrast to the velocity, which is lower than for the one-way coupled
EL simulations, the turbulence kinetic energy is higher. This increased turbulence is
related to the turbulence caused by the interaction of the dispersed bubbles with the
liquid phase. For the EE simulations, this higher turbulence is even more pronounced
and at the maximum working volume the average turbulence kinetic energy is increased
instead of decreased.

The turbulence enters the calculation of the Reynolds average velocity through
the turbulence kinematic viscosity νt,l, which represents the additional dissipation of
energy by turbulent eddies, and enters Eq. (2.2) through the effective stress tensor
Reff,l. Moreover, the simulation of the mixing process is affected by νt,l through the
effective diffusivity of the tracer as described in Sect. 2.3.3. For the one-way coupled
EL simulations, νt increases with the impeller speed with slightly lower average values
at a higher working volume, as shown in Fig. 4.8a. These observations are again similar
to those made for the average velocity and turbulence kinetic energy. For the two-way
coupled EL and EE simulations, νt also increases with the impeller speed, see Fig. 4.8b.
However, similar to the turbulence kinetic energy there is some deviation between the
different modeling approaches regarding the effect of changes in the working volume
shown in Fig. 4.8c. For the EE approach, the values for the average νt at 100 rpm are
almost the same for the different working volumes and very similar to the average νt
of the one-way coupled EL result for a working volume 1.0 L. This indicates that the
average νt in the upper recirculation zone at the intermediate and maximum working
volume for the EE simulations is higher than for the one-way coupled EL simulations
but comparable at the minimum volume. Similar to the turbulence kinetic energy
this deviation between the one-way coupled EL and EE simulations is related to the
turbulence induced by the rising bubbles. For the two-way coupled EL approach, a
slightly lower turbulence kinematic viscosity is observed at 100 rpm, because νt in the
lower recirculation zone is smaller. The reasons for this are unknown. Like for the
EE simulations, the turbulence generated by the bubbles affects the average νt. The
values are very similar values for the smallest and intermediate working volume. For
the largest working volume of 2.4 L an increase in νt is observed, see Fig. 4.8b.

The kinetic energy dissipated by viscous and turbulent effects matches the volumetric
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(a) One-way coupled EL (b) Two-way coupled EL and EE

(c) One-way coupled EL, two-way coupled EL, and EE at 100 rpm

Figure 4.8: Average turbulence kinematic viscosityfor different impeller speeds for (a)
the one-way coupled EL simulations, (b) the two-way coupled EL and EE simulations,
and (c) for different working volumes at 100 rpm for all three modeling approaches,
with Q = 50 mL min−1 for the microporous sparger.

power input, for which a cubic relationship with the impeller speed is described in
literature [20]. The expected increase of the volumetric power input with the impeller
speed for each of the considered volumes with the one-way coupled EL simulations
as well as the EE and two-way coupled EL simulations shown in Figs. 4.9a and 4.9b,
respectively. Figure 4.9c shows the effect of the working on the volumetric power input
for the different modeling approaches. The expected decrease for larger volumes is
observed but the impact of the volume on the volumetric power input is quite small
compared to that of the impeller speed. For further evaluation of the volumetric power
input the Power or Newton number

NP = P/
(
ρln

3d5imp

)
(4.2)

is considered. Fully turbulent flow in a stirred tank is characterized by a constant
NP. The average values of the simulated power numbers across all the investigated
operating conditions are 0.68, 0.53, and 0.57 for the one-way coupled EL, the two-way
coupled EL, and the EE approach, respectively. The observed minimum and maximum
values are 0.55 and 0.75 for the one-way coupled EL simulations, 0.22 and 0.67 for
the two-way coupled EL simulations, and 0.43 and 0.67 for the EE simulations. Even
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(a) One-way coupled EL (b) Two-way coupled EL and EE

(c) One-way coupled EL, two-way coupled EL, and EE at 100 rpm

Figure 4.9: Volumetric power input (P/V ) for different impeller speeds for (a) the
one-way coupled EL simulations, (b) the two-way coupled EL and EE simulations, and
(c) for different working volumes at 100 rpm for all three modeling approaches, with
Q = 50 mL min−1 for the microporous sparger.

though Reimp for the lowest impeller speed of 50 rpm is only about 4300, there are
only small differences in the power numbers across all operating conditions, which is
typical for transient and turbulent conditions [20]. The power numbers obtained in the
present study are very similar for the three considered modeling approaches but about
twice as high as the value of 0.3 reported by Kaiser et al. [45, 147]. This difference
might be related to different number of sensors, which act as baffles even though the
bioreactor is unbaffled, since Kaiser et al. [45, 147] considered two sensors, whereas
the present study considers three. The power numbers of the present study are in the
expected low range that is typically observed for propeller type impellers [20].

Figure 4.10a shows the effect of the impeller speed on the mixing time for the one-
way coupled EL simulations. Figure 4.10b compares the two-way coupled EL and EE
simulation results to the experimental values for sparged conditions reported in [146].
For higher impeller speeds, the mixing time decreases because the liquid velocity and
turbulence kinematic viscosity increase (see Figs. 4.6 and 4.8), which is also reflected
in a higher power input (see Figs. 4.9a and 4.9b). This holds true for all simulation
approaches, and the experiments. Empirical correlations [150, 45, 20] describe the
correlation of the mixing time with volumetric power input as tm ∝ (P/V )−1/3 and
consequently the expected correlation to the impeller speed is tm ∝ n−1. This hyperbolic
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(a) One-way coupled EL (b) Two-way coupled EL and EE

(c) One-way coupled EL, two-way coupled EL, and EE at 100 rpm

Figure 4.10: Mixing time for for different impeller speeds for (a) the one-way coupled
EL simulations, (b) the two-way coupled EL and EE simulations, and (c) for different
working volumes at 100 rpm for all three modeling approaches, with Q = 50 mL min−1

for the microporous sparger.

correlation corresponds to a rapid increase of the mixing time when reducing the impeller
speed in the range of very low impeller speeds and a minor decrease of mixing time
when increasing the impeller speed in the range of very high impeller speeds, which is
in agreement to the present results.

In addition to the impeller speed, the mixing time also depends on the working
volume, which is the volume that needs to be mixed. Moreover, the volumetric power
input is reduced at a larger working volume. Figure 4.10c shows a clear reduction
of the mixing times for lower working volumes within each of the individual data
sets, i.e., for the three different simulation approaches as well as the experimental
results. For the EE and two-way coupled EL approach as well as the experiments,
the different working volumes are only tested for a fixed impeller speed of 100 rpm,
but the one-way coupled EL simulations confirm this effect also for the other working
volumes, see Fig 4.10a. Due to the variation of the mixing times obtained with different
methods for a volume 1.7 L and 2.4 L at 100 rpm, there is overlap of the ranges of
mixing times observed for maximum and intermediate working volume. The slightly
larger variation between mixing times obtained with the different methods for working
volume 2.4 L with a longer mixing time than for 1.0 L and 1.7 L is likely caused by
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the slower transport of the tracer. Consequently, more time is needed to achieve a
homogeneous distribution of the tracer and slight differences in the liquid flow, which
is used as the input for the tracer simulations, to result in larger absolute differences
in the mixing time. No clear trend of systematic over- or under-prediction of the
mixing time associated with a specific modeling approach is observed. Moreover, the
mixing criterion in experiments, i.e., the visually observed de-colorization, is observer
dependent [151] and cannot easily be converted to a numerical criterion for the mixing
time as no quantitative measurement data is available. This also contributes to the
deviation between simulations and experiment.

As already mentioned, the liquid flow pattern is barely affected by the sparging and
so far the discussion was focused on the effects of the working volume and the impeller
speed. The impact of the sparging rate on the volumetric power input, the mixing
time, and the average velocity magnitude is shown in Figs. 4.11a, 4.11b, and 4.11a,
respectively. The impeller speed and the working volume are fixed at 100 rpm and
1.7 L, respectively. For a sparging rate of 50 mL min−1, both the open pipe sparger
and the microporous sparger results are shown, where the open pipe sparger results are
indicated by bold symbols. The one-way coupled EL results are added on the y-axis as
a reference for unsparged conditions because the effect of the bubbles on the liquid

(a) Volumetric power input (b) Mixing time

(c) Average liquid velocity

Figure 4.11: Volumetric power input P/V , mixing time, and average liquid velocity
at V = 1.7 L and n = 100 rpm for sparging rates of 10 mL min−1, 50 mL min−1,
and 250 mL min−1. The results for the open pipe sparger at Q = 50 mL min−1 are
indicated with bold markers, all other markers are for the microporous sparger. The
experimental results are reported in [146].
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flow is not taken into account as described in Sect. 2.4. In Fig. 4.11b experimental
results are indicated by diamonds and the error bars represent the standard deviation
of measurements taken in triplicate. The experimental results are reported in [146].
Overall, there is only small variation between the results for the different sparging rates
and sparger types for both the two-way coupled EL and the EE simulations, which
is comparable to the differences observed between the different modeling approaches.
For the mixing time shown in Fig. 4.11b the markers for the two sparger types at
50 mL min−1 strongly overlap for both the two-way coupled EL and EE simulations.
The effect of sparging on the mixing time is negligible compared to that of the impeller
speed and the working volume due to the significantly smaller effect of the bubbles
on the liquid motion than the agitation by the impeller. This is partly due to the low
volume specific sparging rates of less than 0.06 vvm, which are too small to form gas
cavities at the impeller, which would disrupt the liquid agitation. While the liquid
motion and mixing are one process aspect that is strongly affected by the impeller
speed, the exposure of cells to stress is another important aspect that is depending
strongly on the impeller speed and is discussed next.

Risk of cell Damage

The mechanical stress acting on the suspended cells can be a critical issue, due to their
negative effects on the productivity, growth, and viability of cells. This is especially true
for mammalian cells, which only have a cell membrane consisting of a phospholipide
bilayer that is much more sensitive to mechanical stress than the cell wall of microbial
cells. Different criteria to quantify the mechanical force the cells are exposed to are
reported in literature [135, 23, 74, 47, 13]. These criteria include the strain rate, the
shear stress, the Kolmogorov length scale and the hydrodynamic stress, which are
presented in this section.

The evaluation of mechanical stress in turbulent flow conditions is complicated
by fact that the unsteady turbulent velocity fluctuations can only fully be captured
with direct numerical simulations. However, their high requirements on the resolution
of time and size scales makes direct numerical solutions still computationally too
expensive for the simulation of complex and large equipment used in many industrial
applications, despite the recent increase in computing power [120]. Thus, in most
practical applications, either all turbulent fluctuations or the small scale turbulent
fluctuations remain unresolved, when using Reynolds averaged Navier-Stokes equations
or large eddy simulations, respectively [120, 136]. The transport and dissipation of
energy through the unresolved turbulent eddies is approximated with the selected
turbulence model and the strain rate or shear stress can only be calculated for the
Reynolds-averaged or resolved velocities.

Li et al. [23] and Wollny [135] report simulations of the liquid flow in stirred tank
reactors with the k−ε turbulence model using the Reynolds average velocity to evaluate
the strain rate and shear stress, respectively. Both criteria are derived from the velocity
gradient, which is highest at the edges of the impeller blades. To give an idea of the
spatial distribution of high and low stress regions evaluated from the velocity gradient,
the shear stress obtained for an impeller speed of 250 rpm and a working volume of
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Shear stress [Pa]

(a) Shear stress following Eq. (2.43)

Hydrodynamic stress [Pa]

(b) Hydrodynamic stress following Eq. (2.48)

Figure 4.12: Shear stress and hydrodynamic stress for the maximum impeller speed of
250 rpm at a working volume of 1.7 L for the one-way coupled EL approach in the x-z
plane through the center of the CR3 for the complete reactor and for a zoomed view of
the region around the left impeller blade.

1.7 L obtained with the one-way coupled EL approach is shown in Fig. 4.12a.

The regions of highest velocity are also associated with the highest turbulence.
The risk of cell damage through turbulent eddies can be evaluated by calculating
the Kolmogorov length scale or the hydrodynamic stress from the turbulence energy
dissipation rate as defined by Eqs. (2.47) and (2.48), respectively. The hydrodynamic
stress obtained for 250 rpm at a working volume of 1.7 L obtained with the one-way
coupled EL approach is shown in Fig. 4.12b. The spatial distribution of high and low
stress regions evaluated from the velocity gradient, i.e., the shear stress in Fig. 4.12a,
and those evaluated from the turbulence energy dissipation rate, i.e., the hydrodynamic
stress in Fig. 4.12b, have a similar spatial distribution, where the maximum values
of both are located at the edges of the impeller blades. The shear stress and the
hydrodynamic stress also are of a similar magnitude but the shear stress does not show
the same regions of elevated stress levels in the flow from the impeller towards the
vessel wall observed for the hydrodynamic stress.

The different criteria for the quantification of the exposure of cell to mechanical
stress all share a similar spatial distribution with a large volume of low stress in the
liquid bulk and a small volume of high stress in the region of the highest velocity and
turbulence surrounding the impeller. To judge the effect of each of these criteria on cell
cultivation, thresholds for the tolerance of the cell line of interest must be known. This
data is partially available in the literature [134, 23, 38] and otherwise must be obtained
by comparing the stress characterization and cell cultivation results for identical process
conditions. Another aspect to consider is that the exposure time and frequency of the
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(a) Strain rate

(b) Shear stress

Figure 4.13: Liquid volume fraction distributions of the strain rate and the shear stress
for the impeller speeds of 50 rpm, 100 rpm, and 150 rpm or 250 rpm with V = 1.7 L
and Q = 50 mL min−1 for the microporous sparger.

cultivated cells, which are convected by the liquid, depends on the volume fraction
associated with a certain stress level. Negative effects on growth and productivity can
be observed long before lethal stress levels are reached [57, 134] and cells have a certain
capability to recover from and adapt to the exposure to elevated but sub-lethal stress
levels. Consequently, the effect of the violation of a certain sub-lethal stress criterion
on the cell growth at the scale of the complete bioreactor might also depend on the
volume (fraction) associated with this violation. Volume fraction distributions [132]
or time profiles of the mechanical stress experienced by cells traveling through the
bioreactor [152] may also help to get a better understanding than the average or the
local maximum stress values.

The volume fraction distributions of the strain rate and the shear stress are shown
in Fig. 4.13. Due to the reasons given in the previous section on the liquid flow pattern,
a lower maximum impeller speed of 150 rpm instead of 250 rpm is used for the two-way
coupled EL simulations. The shear stress is obtained from the product of the tangential
strain components, which are a subset of the total strain rate, and the liquid’s dynamic
viscosity µl = 0.001126 Pa s. This results in a very similar distribution of both stress
criteria with the strain rate being approximately 1,000 times larger than the shear
stress, even though the selected bin sizes do not match exactly. As the shear stress is
only considering a subset of the strain tensor, the shear stress is slightly lower than the
product of the strain rate and µl. While the shear stress and the strain rate are separate
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Figure 4.14: Liquid volume fraction distributions of the Kolmogorov length scale from
0 µm to 300 µm for the impeller speeds of 100 rpm, and 150 rpm or 250 rpm with
V = 1.7 L and Q = 50 mL min−1 for the microporous sparger.

criteria for the evaluation of the mechanical stress in the liquid, the fact that they are
both derived from the velocity gradient and show very similar distributions suggests
that they would not provide significantly different results on the risk of cell damage.
Both volume fraction distributions further emphasize that only a very small region of
the bioreactor is exposed to high stress levels. For the one-way coupled EL and EE
simulations indicated in Fig. 4.13 by red and black, respectively, the maximum levels
of the strain rate and the shear stress increase with the impeller speed as indicated by
the differently patterned bars. The two-way coupled EL simulations do not show the
same clear effect of the impeller speed and are discussed separately below.

Figure 4.14 shows the liquid volume fractions of the full range of the simulated local
Kolmogorov length scales for the maximum impeller speeds of 150 rpm for the two-way
coupled EL approach and 250 rpm for the one-way coupled EL and the EE approaches.
With decreasing impeller speed the distribution becomes broader and shifts to larger
values and part of the distributions for the intermediate impeller speed of 100 rpm are
also shown in Fig. 4.14.

Figure 4.15a shows the liquid volume fractions for the smallest observed values of
the Kolmogorov length scale for the different impeller speeds and modeling approaches.
For the lowest impeller speed of 50 rpm, only in the two-way coupled EL simulations
Kolmogorov length scales in the considered range of up to 25 µm are observed. The
smallest minimum values the are observed for the highest impeller speed for the one-way
coupled EL and EE simulations. Similar to the maximum values of the strain rate and
the hydrodynamic stress, the two-way coupled EL show similar minimum Kolmogorov
length scales for all impeller speeds and are discussed separately below.

Figure 4.15b shows the liquid volume fractions of the hydrodynamic stress, which is
also derived from the turbulence energy dissipation rate. Since the Kolmogorov length
scale and the hydrodynamic stress are both calculated from the turbulence energy
dissipation rate, the Kolmogorov length scale is correlated to the inverse of the square
root of the hydrodynamic stress as

lK =

√
µlνl
τl

. (4.3)

In contrast to the Kolmogorov length scale, the maximum not the minimum values of
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(a) Kolmogorov length scale up to 25 µm

(b) Hydrodynamic stress

Figure 4.15: Volume fraction distributions for the Kolmogorov length scale from 8 µm
to 25 µm and the hydrodynamic stress for the impeller speeds of 50 rpm, 100 rpm,
and 150 rpm or 250 rpm with V = 1.7 L and Q = 50 mL min−1 for the microporous
sparger.

τl correspond to the highest turbulence and stress levels. Like for the strain rate and
the shear stress, the maximum hydrodynamic stress increases with increasing impeller
speeds for the one-way coupled EL and EE simulations but nor for the two-way coupled
EL simulations. However, while the one-way coupled EL simulations show a higher
maximum strain rates and shear stress, the EE simulations show a higher hydrodynamic
stress. This is caused by the differences in the liquid velocity and turbulence found
for these two approaches and is also reflected in the average values discussed in the
previous sections, see Figs. 4.6c, 4.7cand 4.8c. Accordingly, the stress criteria evaluated
from the velocity gradient, i.e., the strain rate and shear stress, are higher and the
hydrodynamic stress evaluated from the turbulence energy dissipation rate, i.e., the
hydrodynamic stress, is lower in the one-way coupled EL simulations.

As mentioned above the results of the two-way coupled EL simulations differ from
the other two modeling approaches, since the maximum values of the strain rate,
the shear stress, and the hydrodynamic stress as well as the minimum values of the
Kolmogorov length scale do not show the same clear dependence on the impeller
speed. While the maximum impeller speed of 150 rpm is lower than for the one-way
coupled EL and EE simulation, the maximum stress levels are similar to those observed
for 250 rpm with the one-way coupled EL and EE approach.However, the overall
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distribution of the Kolmogorov length scale at 150 rpm in Fig. 4.14 fits quite well with
the one-way coupled EL simulations in so far as that the peaks of the distribution for
the two-way coupled EL simulations are between those of the higher and lower impeller
speeds of 250 rpm and 100 rpm observed with the one-way coupled EL simulations.
A comparison of the shear stress observed in the two-way coupled EL simulations for
the different impeller speeds in Fig. 4.16 indicates that the maximum values of the
shear stress are associated with the velocity fluctuations around the rising bubbles
and are of a similar magnitude as or higher than those caused by the impeller motion
at the maximum impeller speed. The experiments by Villiger et al. [153] on the size
of shear sensitive aggregates for sparged and un-sparged indicate that sparging can
significantly contribute to the hydrodynamic stress especially at Reimp below 10,000,
which supports the observations made for the two-way EL simulations made in the
present study. However, due to the large size of the bubbles compared to that of the
control volumes of the numerical grid and the selection of a parcel size smaller than 1
to avoid difficulties with the coupling terms as discussed above, further experiments on
the magnitude of the hydrodynamic stress generated by the bubbles would be needed
for validating the present results.

To further evaluate the risk of cell damage, thresholds for the respective stress
criteria are required. Neunstoecklin et al. [134] report hydrodynamic stress thresholds
of 25.2 ± 2.4 Pa and 32.4 ± 4.4 Pa for mouse hybridoma Sp2/0 and Chinese hamster
ovary cells, respectively. Both the simulated hydrodynamic stress and the shear
stress are significantly lower than 25 Pa, indicating no risk of cell damage across
the considered range of impeller speeds. The Kolmogorov length scale is another
criterion to assess the risk of cell damage based on the turbulence energy dissipation
rate. The general hypothesis is that cells are damaged by turbulent eddies of similar

(a) 50 rpm (b) 100 rpm (c) 150 rpm

Shear stress [Pa]

Figure 4.16: Shear stress for the impeller speeds of 50 rpm, 100 rpm, and 150 rpm with
V = 1.7 L and Q = 50 mL min−1 for the microporous sparger for the two-way coupled
EL approach in the x-z-plane through the center of the CR3.
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(a) Impeller zone (b) Tank zone

Figure 4.17: Average strain rate and average hydrodynamic stress for the impeller
(left) and tank zone (right) of the CR3 at V = 1.7 L and Q = 50 mL min−1 for the
microporous sparger.

size [13, 45, 137]. Minimum Kolmogorov length scales in a range similar to the size of
suspended mammalian cells, i.e., below 20 µm are found for the maximum impeller
speeds of the one-way coupled EL and EE simulations and at all impeller speeds for
the two-way coupled EL simulations for a small volume fraction of less than 0.05 %.
While the associated volume is very small, this finding still contradicts the threshold of
Neunstoecklin et al. [134] derived for the hydrodynamic stress, which indicates that the
turbulence energy dissipation rate is sufficiently low to avoid cell damage. This different
interpretations of the turbulence energy dissipation rate show the need for further
investigations on the sensitivity of the cultivated cell lines to damage by turbulent
eddies. In the light of the available experimental evidence, the present study focuses on
the hydrodynamic stress as the stress criterion obtained from the simulated turbulence
energy dissipation rate, while the Kolmogorov is not reported for the other bioreactors.

For the stress criteria obtained from the velocity gradient, the strain rate and
the shear stress, no thresholds for the maximum tolerable value are available. Li et
al. [23] report ranges for the average the strain rate of the impeller and the tank
zones as criteria for the selection of the impeller speed during scale-up. Li et al. [23]
considered bioreactors with different size and impeller configurations for the scale-up
of a cultivation of Spodoptera frugiperda Sf9 cells. To test the applicability of the
approach described by Li et al. [23] to the present study, the strain rate is selected for
further evaluation and the shear stress is not reported for the other bioreactors.

In reference to the method of Li et al. [23], the average strain rate for impeller
and tank zones obtained with the three different modeling approaches are shown in
Figs. 4.17a and 4.17b, respectively. The impeller region is selected as a cylinder centered
on the impeller with a height of 0.33 dimp, which corresponds to the height reported
by Li et al. [23] for pitched-blade and marine blade impellers. Instead of a diameter
of 1.3 dimp, a diameter of 1.2 dimp, which corresponds to the diameter reported by
Li et al. [23] for ‘Elphant Ear’ impellers, is selected to exclude the sensors from the
impeller zone. The same dimension of the impeller zone as for the CR3 are also used
for all larger bioreactors. In addition to the strain, the same analysis is also performed
for the hydrodynamic stress and included in Figs. 4.17a and 4.17b. The simulation
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results suggest a linear correlation with the impeller speed for both the impeller as well
as the tank zone for all simulation approaches. The linear correlation of the average
strain rate and the impeller speed agrees well with the findings of Li et al. [23]. The
two to three times higher average values of the average strain rate and hydrodynamic
stress in the impeller zone compared to the tank zone, emphasize the large difference
in the liquid stress observed in the proximity of the impeller compared to that far
from it. The fact that the linear correlation is also found for the two-way coupled EL
simulations also emphasizes that the maximum values observed in Figs. 4.13a, 4.13b,
and 4.15b, as well as the minimum values in Fig. 4.15a are associated with the small
volume fraction surrounding the bubbles and have little impact on the average values
of the bulk liquid flow.

Gas Hold-Up and Volumetric Oxygen Mass Transfer Coefficient

The previous sections presented the two aspects of homogenization and cell damage by
the liquid motion. Since faster mixing is associated with a higher mechanical stress in
the liquid phase, the optimization of these two process aspects leads to contradicting
goals of high and low impeller speeds but is barely affected by the sparging. However,
the third process aspect covered in this section, the oxygen transfer is highly dependent
on the sparging strategy.

The cumulative surface area of all bubbles dispersed in the liquid defines the
available transfer area, which depends on the number and the size of the bubbles
present in the liquid. The number of bubbles added for a given time interval increases
with the sparging rate and for a given sparging rate a smaller bubble size results in
a higher number of bubbles, which provide a larger specific interface area for a given
gas hold-up. Figures 4.18a and b show the average bubble residence times for one-way
coupled EL simulations with a monodisperse bubble size for different diameters and

(a) One-way and two-way coupled EL (b) Two-way coupled EL

Figure 4.18: Average bubble residence times of one-way coupled EL simulations for
different monodisperse bubble diameters as well as for 1.0 mm bubble diameter for the
two-way coupled EL simulation and residence times for individual bubbles of a two-way
coupled EL simulation with a polydisperse bubble size distribution with diameters from
0.3 mm to 1.35 mm for the base case (V = 1.7 L, n = 100 rpm, Q = 50 mL min−1,
microporous sparger).
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Figure 4.19: Gas hold-up for the CR3 for different operating conditions with the labels
indicating the value of the operating parameter deviating from the base case (V =
1.7 L, n = 100 rpm, Q = 50 mL min−1, microporous sparger).

the residence time observed for individual bubbles in a two-way coupled EL simulation
with a polydisperse bubble size distribution, respectively. The same impeller speed and
working volume of 100 rpm and 1.7 L is selected in both cases. The residence time of
smaller bubbles increases due to their lower buoyancy, which results in a higher number
of bubbles present in the liquid at steady conditions. The cumulative volume of all
bubbles normalized by the total volume of the gas-liquid dispersion is the gas hold-up
shown in Fig. 4.19. It is related to the specific interface area according to Eq. (2.34).
A higher sparging rate, which corresponds to an addition of more bubbles per time,
and a higher impeller speed, which results in a longer bubble residence time due to
better bubble dispersion and a longer rise path, both increase the gas hold-up.

The present simulations treat the bubbles as disperse elements that enter the
computational domain at the sparger and the grid is to coarse to refine the interface of
individual bubbles. Consequently, the growth and detachment of individual bubbles at
the different sparger orifices cannot be included in the simulations. Instead, the effect
of the sparger type on the bubble size is reflected in the simulations by setting different
bubble diameters, where 1 mm and 4 mm are selected for the microporous and the
openpipe sparger, respectively. The shorter bubble residence time for the larger bubble
diameter of 4 mm is also reflected in a lower gas hold-up for the open pipe sparger.
Changes in the working volume barely affect the gas hold-up. This indicates that
after passing the impeller, the bubbles have an approximately constant rise velocity,
since the increase in the liquid height caused by the larger working volume results in a
proportionally longer bubble residence time and higher number of disperse bubbles at
steady conditions. The one-way and two-way coupled EL simulations give quite similar
results across all test conditions, while for the EE simulations a lower gas hold-up is
found across all operating conditions. The simulated volumetric oxygen mass coefficient
kLa is the product of the liquid transfer coefficient kL, see Eq. (2.32), and the specific
interface area a, see Eq. (2.34). Since the interface area is proportional to the gas
hold-up, the kLa shows similar dependence on the operating conditions as the gas
hold-up, i.e., the kLa increases with the sparging rate and the impeller speed shown in
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Fig. 4.20b and Fig. 4.20a, respectively. The experimental values used for comparison
are reported in [146]. For the increase in the sparging rate, the experimental results
confirm the increase in the kLa for higher sparging rates observed in the simulations.
For a higher impeller speed, the experimental kLa values also increase but due to the
high standard deviation this is not significant based on a two-tailed t-test. The severe
impact of the sparger type on the bubble size and consequently the kLa for sparging
rate of 50 mL min−1 with the open pipe sparger results indicated in bold symbols in
Fig. 4.20a is in close agreement between the simulations and the experiments. One
difference between the gas hold-up and the kLa is the dependence on the working
volume: while the gas hold-up is barely affected, the kLa increases slightly for a smaller
working, as shown in Fig. 4.20c. This is related to the higher volumetric power input at
increased impeller speed, which corresponds to a higher turbulence energy dissipation
that enters into the calculation of the kL according to Eq. (2.32). In contrast to the
simulations, the experimental values for the kLa slightly increase for a larger working
volume, which, however, is not significant based on a two-tailed t-test. The simulations
as well as the experiments indicate that the effect of the working volume on the kLa is
small.

While the agreement on the qualitative effect of the operating conditions between
the simulations and the experiments is quite good, the quantitative agreement of the

(a) Effect of the sparging rate (b) Effect of the impeller speed

(c) Effect of the working volume

Figure 4.20: Impact of changes of a single operating parameter on the kLa for the CR3
with the other operating parameters at the intermediate value of 1.7 L for the working
volume, 100 rpm for the impeller speed, and 50 mL min−1 for the sparging rate. The
experimental and two-way coupled EL results are reported in [146].
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Figure 4.21: Effect of the bubble diameter on the kLa for the one-way coupled EL
simulations of the CR3 for the base case with V = 1.7 L, n = 100 rpm, Q = 50 mL min−1

for the microporous sparger.

individual conditions varies quite strongly. This might partly be related to the high
standard deviation in the experiments but also to the fact that only a single bubble
diameter is considered in the simulations. Accordingly, variations of the bubble size
distribution due to changes in the operating conditions are neglected. Even small
deviations of the bubble diameter can have a strong impact on the kL, due to changes
in the bubble residence time. This is shown in Fig. 4.21 for the one-way coupled EL
simulations results for the base case condition. As mentioned above, for the one-way
coupled EL approach, the simulated liquid flow does not consider the impact of the
bubbles. Accordingly, the observed changes in the kLa shown in Fig. 4.21 for different
bubble sizes are only caused by the changes in the bubble residence time, which changes
the gas hold-up and the specific interface area a.

For this complete section the one-way coupled EL, the two-way coupled EL, and
the EE simulations have been presented side-by-side. All three approaches show similar
agreement to the experimental values for the volumetric oxygen mass transfer coefficient,
indicating no obvious differences in the accuracy of the EE and the two-way coupled EL
simulations. The phase inversion in the EE simulations allows for the inclusion of the
head space, which allows the gas added through sparging to leave the bioreactor through
the head space and consequently the additional artificial boundary described for the
two-way coupled EL simulations in Sect. 4.1.3 is not required. Moreover, the inclusion
of the head space allows to capture the surface vortex formation. For these reasons
the EE approach is selected as the modeling for the simulation of all larger bioreactor
scales. Due to their low computational cost the one-way coupled EL simulations are
also performed to provide data for all combinations of the considered working volume
and impeller speeds.

4.1.5 Selection of Operating Conditions for Cell Cultivation

This section summarizes the results of section 4.1.4 from the point of view of selecting
operating conditions according to cell culture requirements. The operating parameters
that must be selected or controlled are the impeller speed, the working volume, the
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sparger type, and sparging rate. A higher working volume increases the mixing time,
while it does not affect the risk of cell damage or the kLa. Assuming that the same
final product concentration cpro can be achieved for all working volumes, the maximum
product mass mpro

mpro = cproV (4.4)

is obtained for the maximum working volume V . Accordingly, it is the preferred
operating condition, despite its negative effect on the mixing time. Typically the
cultivation of mammalian cells is operated in fed-batch mode, where the maximum
working volume is reached at the final day of the cultivation.

A higher impeller speed has a positive impact on both the mixing time and the
volumetric oxygen mass transfer coefficient. However, the benefit a higher impeller
speed has on the mixing time reduces with increasing impeller speed. Thus, an impeller
speed of 100 rpm is clearly more favorable than the lowest impeller speed of 50 rpm,
but a further increase to 150 rpm or 250 rpm may not be necessary for a small lab-scale
reactor like the CR3 with overall short mixing times. Moreover, very high impeller
speeds result in a significantly higher volumetric power input and risk of cell damage.
However, for the investigated impeller speeds of up to 250 rpm critical levels are not
reached for the CR3.

Regarding the sparging strategy, the open pipe sparger results in very low kLa
values and appears unsuitable to provide sufficient oxygen even for the cultivation of
mammalian cells, which have quite low oxygen requirements compared to microbial
cells. The microporous sparger generates much smaller bubbles and is better suited to
meet the oxygen requirements. During cell cultivation, the required oxygen transfer
increases with the number of cells suspended in the liquid, which in turn increase due
to cell growth. Cell growth in this context refers to the increase of the number of cells
by cell division. To maintain a constant dissolved oxygen level, which is typically set
at 50 % air saturation, the bioreactor control unit can dynamically adjust the oxygen
flow rate during the cultivation. For the investigated impeller speed of 100 rpm and
a sparging rate of 100 mL min−1, a kLa between 5 h−1 and 9 h−1 is observed for the
different modeling approaches. The typical kLa range for the cultivation of mammalian
cells is reported as 1 h−1 to 20 h−1 [13, 35, 18]. Consequently, the kLa obtained with
the present operating conditions might be already sufficient for some cell lines, while
for other cell line slightly higher sparging rates might be required to further increase
the kLa.

In summary, for the CR3, the mixing times are relatively short especially for an
impeller speed of 100 rpm or higher due to the small volume. No risk of cell damage
up to the highest investigated impeller speed of 250 rpm is indicated and only the
microporous sparger can match the oxygen requirements typically observed for cell
cultivation.
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4.2 The XcellerexTM XDR-10

The XcellerexTM XDR-10 with a maximum working volume of 10 L is the smallest
of the XcellerexTM bioreactors [145]. Thus, the XDR-10 is often the first step in cell
culture scale-up to 2000 L, which is the largest scale available for the XcellerexTM

bioreactors. All of them are equipped with pitched-blade, bottom mounted impellers
and microporous spargers. Only the two smallest XDR bioreactors, the XDR-10 and
XDR-50 have centered impellers, whereas all of the larger XcellerexTM bioreactors have
off-centered impellers. The unbaffled vessel in combination with the centered impeller
of the XDR-10 results in surface vortex formation at high impeller speeds, which is
evaluated in addition to the other process characteristics. For the XDR-10, one-way
coupled EL and EE simulations have been performed.

4.2.1 Bioreactor Configuration

The XcellerexTM XDR-10 consists of a rigid, multi-use vessel frame supporting in which
single-use, flexible cultivation bag is placed. The pitched-blade impeller with three
blades, see Fig. 4.22, is fixed onto a rigid plastic plate at the bottom of the single-use
bag. All sparger openings are integrated into this plate and located directly below the
impeller blades. The XDR-10 has a flat bottom and a vessel diameter dV of 20.3 cm.
The impeller diameter dimp is 13.6 cm. The impeller is driven by magnetic coupling
and rotated in the anti-clockwise direction. Only the two microporous spargers with
2 µm and 20 µm pore size are considered in the simulations, while the two drilled hole
spargers with five drilled holes of 0.5 mm and 1.0 mm diameter, respectively, are not
used.

4.2.2 Operating Conditions

The considered operating conditions are selected in the same manner as described for
the CR3 in section 4.1.2 and cover changes in the impeller speed, the working volume,
the sparging rate, and the sparger type. The selected operating conditions for the
simulations are summarized in Tab. 4.3. For the impeller speed, low, intermediate,
and high values of 40 rpm, 100 rpm, and 360 rpm are considered. For the working
volume, the supplier specified minimum and maximum volume of 4.5 L and 10.0 L,
and the intermediate value of 7.0 L are tested. For the sparging rate, the levels are

Figure 4.22: Impeller of the XcellerexTM XDR-10
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Table 4.3: Operating conditions for the EE simulations of the XDR-10.

Condition Impeller speed n Working volume V Sparging rate Q Sparger type
# [rpm] [L] [mL min−1]
1 40 7.0 250 2 µm
2 100 7.0 250 2 µm
3 360 7.0 250 2 µm
4 100 4.5 250 2 µm
5 100 10.0 250 2 µm
6 100 7.0 20 2 µm
7 100 7.0 500 2 µm
8 100 7.0 250 20 µm

20 mL min−1, 250 mL min−1, and 500 mL min−1. The sparger options are the two
microporous spargers with 2 µm and 20 µm pore size of which the 2 µm sparger is
selected as the standard setting. Condition #4 with the intermediate impeller speed,
working volume and sparging rate of 100 rpm, 7.0 L, and 250 mL min−1 and the 2 µm
sparger is the base case relative to which changes in a single operating parameter are
evaluated.

In the one-way coupled EL simulations, the gas hold-up and volumetric oxygen
mass transfer coefficient are evaluated for all conditions in Tab. 4.3 and an extended
set of simulation conditions is used to characterize the liquid flow as summarized in
Tab. 4.4. Similar to the CR3, the extended set of conditions consists of all possible
combinations of the three levels of working volume and the three levels of impeller
speed.

Table 4.4: Operating conditions for the one-way coupled EL simulations of the XDR-10.

Condition Impeller speed n Working volume V
# [rpm] [L]
1 40 4.5
2 100 4.5
3 360 4.5
4 40 7.0
5 100 7.0
6 360 7.0
7 40 10.0
8 100 10.0
9 360 10.0
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4.2.3 Grid Independence Study

Similar to the CR3, different grids with resolutions are created for the one-way coupled
EL and EE simulations with the respective software tools MixIT [64] and Open-
FOAM [63]. The grid structure is analogous to the one described for the CR3 with
a hexhedral grid as the basis and refinement and polyhedral cells at the boundaries.
For the one-way coupled EL simulations a finer grid is used for the rotating reference
frame region, which is the same as for the CR3. Figures 4.23a and 4.23b show the
investigated grids. The intermediate grids with 3.0x106 and 1.9x106 grid cells for the
one-way coupled EL and EE simulations, respectively, are selected based on less than
5 % deviation from the respective finest investigated grid for the average velocity mag-
nitude, turbulence kinetic energy, turbulence energy dissipation rate, and turbulence
viscosity.

(a) Grid for the one-way coupled EL simulations for 4.5 L working volume. Left to right:
2.0x106, 3.0x106, and 5.7x106 grid cells.

(b) Grid for the EE for the complete reactor including the head space. Left to right: 0.3x106,
1.9x106, and 10.0x106 grid cells.

Figure 4.23: Computational grids for the XDR-10 considered in the grid study. The
rotating reference frame region is highlighted in blue.



4.2. THE XCELLEREXTM XDR-10 60

4.2.4 Process Characterization

First the liquid flow structure and the bubble dispersion are described. Surface vortex
formation is found to occur at the highest investigated impeller speed and is presented
as part of the results on the liquid flow structure. In the next part, the effect of the
operating conditions on the process characteristics is evaluated and finally the selection
of operating conditions suitable for cell cultivation is discussed.

Liquid Flow Field, Surface Vortex Formation, and Bubble Dispersion

The liquid flow and bubble dispersion within the XDR-10 are shown in Fig. 4.24. Both
the liquid and the bubble motion are dominated by the rotation of the impeller in the
up-pumping, anti-clockwise direction. This strong rotational motion also is emphasized
by the dominant tangential velocity component that for the x-z-plane coincides with
the y-component of the cartesian velocity components shown in Fig. 4.25. At the
impeller blades, the liquid is not only pushed in the anti-clockwise direction but also
outwards to the vessel wall. There the flow is directed up- and downwards, forming two
recirculation zones. One recirculation zone is located above the impeller and one with
a smaller size and higher velocity below the impeller, similar to the CR3. However,
due to the smaller distance of the impeller to the vessel bottom, the flat bottom shape
and the width of the cylindrical base of the impeller, the lower recirculation zone is

(a) One-way coupled EL (b) EE

Liquid velocity magnitude |ul| [m s−1]

Figure 4.24: Liquid flow and bubble dispersion for the base case (V = 7.0 L, n = 100 rpm,
Q = 250 mL min−1, 2 µm sparger) in the x-z-plane through the center of the XDR-10.
Arrows indicate the direction of the x-z-velocity.
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(a) One-way coupled EL (b) EE

Liquid velocity in y-direction ul,y [m s−1]

Figure 4.25: Tangential liquid velocity for the base case (V = 7.0 L, n = 100 rpm,
Q = 250 mL min−1, 2 µm sparger) in the x-z-plane through the center of the XDR-10.

much smaller than the one observed in the CR3. The described flow pattern is found
for both the one-way coupled EL and EE simulations.

Bubble positions of the one-way coupled EL simulations and the 1 % gas volume
fraction iso-surface show the regions where the bubbles are rising in Fig 4.24. The
bubbles rise from the microporous sparger disk integrated into the bottom of the reactor
towards the impeller blade above it, where they move upwards behind the impeller
blade. Above the impeller they rise in a spiraling motion that indicates the strong effect
of the combination of buoyancy and drag forces. A similar pattern is also found for
the 20 µm sparger for which a slightly larger bubble diameter is selected. In contrast
to the spargers of the CR3, i.e., the open pipe sparger and the microporous sparger,
the difference between the two different microporous spargers of the XDR-10 is minor,
since the difference in the orifice size and the number of orifices is much smaller for
microporous spargers with different pore sizes than between a microporous and an
openpipe sparger.

While for the CR3 the sensors deeply enter into the liquid from the top and act
as cylindrical baffles, for all XcellerexTM bioreactors the sensors enter only for about
1 cm in the lower part of the vessel. Since the sensors do not enter deeply into the
liquid, their effect on the liquid flow is considered to be minor and the sensors are not
considered in the simulations. Since the XDR-10 is unbaffled, surface vortex formation
is observed for the highest investigated impeller speed of 360 rpm, as shown in Fig. 4.27.



4.2. THE XCELLEREXTM XDR-10 62

(a) One-way coupled EL (b) EE

Liquid velocity magnitude |ul| [m s−1]

Figure 4.26: Liquid flow pattern for the maximum impeller speed condition (7 L,
360 rpm, 0.25 L min−1, 2 µm) in the x-z plane through the center of the vessel. Arrows
indicate the liquid velocity in x-z direction [128].

For the EE simulations, this can be directly evaluated from the αl = 1− αg = 0.5
volume fraction iso-surface. For the one-way coupled EL simulation, the surface vortex
formation can be inferred from the pressure gradient across the top boundary through
Eq. (2.29).

For both simulation approaches, the observed presence and absence of the surface
vortex formation at 360 rpm and 100 rpm, respectively, agrees well with the experimental
observations reported in [128]. The surface vortex results in the deformation of the
shape of the upper recirculation zone, which can only be captured in the EE simulation.
Even if there is a surface vortex, the overall structure of one recirculation zone above
and one below the impeller is still maintained. In the one-way coupled EL simulations,
the shape of the liquid volume is fixed to that of the computational grid and the
liquid surface corresponds to the top boundary, which remains flat for all simulation
conditions. The forced flat boundary impacts the simulated flow structure above the
impeller through a low velocity region in the center of the vessel, which is absent in
the EE simulations, and a higher velocity towards the vessel wall compared to the EE
simulation, which is shown in Fig. 4.26.

Across the different operating conditions, the general liquid flow structure of the
two recirculation zones is maintained for both modeling approaches with a higher
working volume increasing the size of the upper recirculation zone and higher impeller
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Pressure difference ∆p [Pa]

(a) One-way coupled EL (b) EE

Figure 4.27: Vortex formation for the XDR-10 at the maximum impeller speed of
360 rpm (V = 7.0 L, Q = 250 mL min−1, 2 µm sparger)

(a) One-way coupled EL (b) EE

Figure 4.28: Bubble positions and 1 % gas volume fraction iso-surface for the XDR-10
at the minimum impeller speed of 40 rpm (V = 7.0 L, Q = 250 mL min−1, 2 µm
sparger)
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speeds resulting in a higher the liquid velocity in both zones. At the lowest considered
impeller speed of 40 rpm, the liquid velocity is lowest and the drag force is too weak to
create a spiraling bubbles rise path. Instead, the bubbles rise path is almost straight
with only a slight inclination in the anti-clockwise direction and the bubbles are not
dispersed across the complete cross-section of the XDR-10 shown in Fig. 4.28.

Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing Time

Similar to the CR3, the average liquid velocity and the liquid turbulence of the
XDR-10 increase with the impeller speed as is expected for stirred tank reactors [20].
Figures 4.29a and 4.29c show the average liquid velocity and average turbulence kinetic
energy, respectively, across the different impeller speeds for the one-way coupled EL
and EE simulations. The simulation conditions are selected as described in section 4.2.2
and similar to the CR3 for the EE approach changes in the working volume are only
considered at the intermediate impeller speed of 100 rpm and changes in the impeller
speed are only considered at the intermediate working volume of 7.0 L. Figure 4.29b
shows the average liquid velocity for different working volumes at the intermediate
impeller speed of 100 rpm. Analogous for the CR3, there is a reduction of the average
velocity for larger working volumes because the upper recirculation zone with lower
velocity than in the region close to the impeller is larger then for smaller volume. This

(a) Average |ul| (b) Average |ul| at 100 rpm

(c) Average k (d) Average k at 100 rpm

Figure 4.29: Average liquid velocity and average turbulence kinetic energy for impeller
speeds of 40 rpm, 100 rpm, and 360 rpm and working volumes of 4.5 L, 7.0 L, and
10.0 L for the one-way coupled EL and the EE simulations for the 2 µm sparger with
Q = 250 mL min−1.
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(a) Volumetric power input (b) Volumetric power input at 100 rpm

(c) Mixing time (d) Mixing time at 100 rpm

Figure 4.30: Volumetric power input P/V and mixing time for impeller speeds of 40 rpm,
100 rpm, and 360 rpm and working volumes of 4.5 L, 7.0 L, and 10.0 L for the one-way
coupled EL and the EE simulations for the 2 µm sparger with Q = 250 mL min−1. The
dotted lines in Fig. 4.30a represent the fitted correlations based on the one-way coupled
EL results and are colored according to the respective volumes. The experimental
results for the mixing time are reported in [128].

is also associated with a lower volumetric power input. Also similar to the CR3, the
EE simulations show slightly lower velocities than the one-way coupled EL simulations.
At the maximum impeller speed, this effect is much more pronounced than for the
lower impeller speeds and the CR3, which is likely caused by the differences in the flow
structure between the one-way coupled EL and EE simulations caused by the surface
vortex formation discussed above. Figure 4.29d shows the average turbulence kinetic
energy for different working volumes at the intermediate impeller speed of 100 rpm.
Similar to the CR3, for the EE simulations the turbulence induced by the bubbles
results in a higher average turbulence kinetic energy than that of the one-way coupled
EL simulations. Moreover, for the EE approach from the intermediate to the maximum
working volume of 1.7 L and 2.4 L, respectively, the average turbulence kinetic energy
increases. This is caused by the turbulence generated by the bubbles in the upper
recirculation zone and is in contrast to the decrease of the average turbulence kinetic
energy from the minimum to the intermediate volume of 1.0 L and 1.7 L, respectively.

Fig. 4.30a shows the volumetric power input for the different operating conditions
for both the one-way coupled EL and the EE simulations. The volumetric power input
at the maximum impeller speed of 360 rpm for the maximum working volume (red
triangle in Fig. 4.30a) is about 600 W m−3, which is much higher than the typical
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(a) Volumetric power input (b) Mixing time

(c) Average liquid velocity

Figure 4.31: Volumetric power input P/V , mixing time, and average liquid velocity for
the different sparging rates and sparger types at 100 rpm, and 7.0 L. The results for
20 µm sparger at Q = 250 mL min−1 are indicated with red markers, blue markers
are for the 2 µm sparger. The experimental results for the mixing time are reported
in [128].

range for mammalian cell culture of 10 W m−3 to 100 W m−3 [12]. Figure 4.30a shows
the effect of the working volume on the volumetric power input, and the expected
decrease of the volumetric power input for larger working volumes is observed. The
average power numbers obtained from the one-way coupled EL and the EE simulations
are 0.65 and 0.81, respectively, with minimum and maximum values of 0.4 and 0.93 for
the one-way coupled EL simulations and 0.54 and 1.27 for the EE simulations. The
power numbers of the one-way coupled EL and EE simulations are similar but only
about half of the supplier specified power number of 1.5 [154].

As expected, the mixing time decreases with higher impeller speed for both modeling
approaches, see Fig. 4.30c, which also agrees to the experimental results reported in [128].
The increase in the impeller speed from the minimum level of 40 rpm to the intermediate
level of 100 rpm has a similar impact on the mixing time as that from the intermediate
level to the maximum level of 360 rpm. This shows a reduced improvement of the
mixing time for high impeller speeds as for the CR3. Figure 4.30d shows the increase
of the mixing time for larger working volumes at the intermediate impeller speed of
100 rpm. For most operating conditions, the simulation results agree well with the
experimental values and between the one-way coupled EL and EE simulations. Similar
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to the CR3, the deviations between the one-way coupled EL and EE simulations are
largest for the conditions with the slowest mixing, i.e., the lowest impeller speed and
the largest working volume.

Figures 4.31a-c show the volumetric power input, the mixing time, and the average
velocity at 100 rpm and 7.0 L for the different sparging rates and sparger types. As the
effect of bubbles on the liquid flow is neglected in the one-way coupled EL simulations,
they represent the results without sparging in Fig. 4.31. Similar to the CR3, there
is only minor variation for the different sparging rates. There is almost no difference
for the 2 µm and 20 µm spargers and the red and blue cross marks at 250 mL min−1

strongly overlap. Overall, the impact of sparging on the liquid velocity and the mixing
time is minor compared to that of the impeller speed and the working volume.

Risk of Cell Damage

The the liquid volume fraction distributions of the strain rate and the hydrodynamic
stress are shown in Figs. 4.32a and 4.32b. The expected increase of hydrodynamic stress
with the impeller speed [44, 23], which is also found for the CR3, is observed. Again
the one-way coupled EL simulations predict higher strain and lower hydrodynamic
stress than the EE simulations, due to the higher liquid velocity and lower turbulence
found with the one-way coupled EL approach. In agreement with the volumetric power

(a) Strain rate

(b) Hydrodynamic stress

Figure 4.32: Volume fraction distributions of the strain rate and the hydrodynamic
stress for the impeller speeds of 40 rpm, 100 rpm, and 360 rpm with V = 7.0 L,
Q = 250 mL min−1 for the 2 µm sparger.
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Strain rate [s−1]

(a) Strain rate following Eq. (2.45)

Hydrodynamic stress [Pa]

(b) Hydrodynamic stress following Eq. (2.48)

Figure 4.33: Shear stress and hydrodynamic stress in the x-z plane through the center
of the XDR-10 for the EE approach for V = 7.0 L, n = 360 rpm, Q = 250 mL min−1

with the 2 µm sparger.

input at the maximum impeller speed of 360 rpm being higher than for the CR3 at
the maximum impeller speed of 250 rpm, the maximum hydrodynamic stress is also
higher but still below the critical thresholds of 25.2 ± 2.4 Pa and 32.4 ± 4.4 Pa above
which negative impact on the growth rate of Sp2/0 and CHO cells, respectively, is
reported[134].

The spatial distribution of the strain rate and the hydrodynamic stress are shown
in Figs. 4.33a and 4.33b. Similar to the CR3, the highest strain rate and hydrodynamic
stress levels are located at the edges of the impeller blades and intermediate stress
levels are found in the high velocity zone surrounding the impeller. Both the spatial
distribution and the the volume fraction distributions indicate the heterogeneous
conditions of high strain rate and hydrodynamic stress in the impeller region and
low values in the tank region. This is typical for stirred tank bioreactors and similar
observations have been made for the CR3 in the present study and by Kaiser [147]
are reported for other bioreactors in literature [23, 74]. One difference between the
strain rate and the hydrodynamic stress is the region of the liquid surface, where high
turbulence and hydrodynamic stress are found for control volumes with intermediate
volume fractions of αl = 1− αg between 0.3 and 0.7. This range of volume fractions
corresponds to the transition from the disperse to continuous treatment and vice versa
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(a) Impeller zone (b) Tank zone

Figure 4.34: Average strain rate and average hydrodynamic stress for the impeller
(left) and tank zone (right) of the XDR-10 at V = 7.0 L and Q = 250 mL min−1 for
the 2 µm sparger.

for the gas and liquid phases in the EE simulations for which interpolation of the
coupling terms for fully continuous and fully disperse conditions is performed. This
interpolation does not correctly capture the segregated interface of the liquid surface,
which is a limitation of the EE approach that cannot differentiate between disperse
and segregated interface types. In the EE simulations in increased turbulence directly
at the liquid surface is observed. However, the volume of the grid cells associated with
the liquid surface region is minor compared to the total liquid volume and the impact
of this region on the process characteristics is considered to be negligible.

The average strain rate and the average hydrodynamic stress of the impeller zone
and of the tank zone are shown in Figs. 4.34a and 4.34b, respectively. The height and
diameter of the impeller zone are 0.33 dimp and 1.2 dimp, which is the same as for the
CR3. The observed range of the average strain rate and hydrodynamic stress is quite
similar to those observed for the CR3. For the higher maximum impeller speed of
360 rpm for the XDR-10 compared to 250 rpm for the CR3, higher average strain rates
and hydrodynamic stress values than for the CR3 are found in both, the impeller and
the tank, zones. The average values of the strain rate and the hydrodynamic stress of
the impeller zone are about twice as high as those of the tank zone, also reflecting the
difference between the mechanical stress close to the impeller and in the liquid bulk.

Gas Hold-Up and Volumetric Oxygen Mass Transfer Coefficient

As presented in Sect. 2.3.4, the volumetric oxygen transfer coefficient kLa depends on
the specific transfer area a and the liquid transfer coefficient kL. The specific transfer
area is the total surface area of all bubbles present in the liquid normalized by the
total volume. At a constant sparging rate, a smaller bubble diameter leads to a higher
number of bubbles added per time step and longer bubble residence times, increasing
the available transfer area and the kLa, see Fig. 4.35. The residence time of smaller
bubbles is longer since a decrease in diameter results in a stronger reduction of the
gravitational force FG ∝ d3b, which accelerates the bubbles towards the liquid surface,
than that of the drag force FD ∝ d2b, which acts opposite to the relative motion of the
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Figure 4.35: Effect of the bubble diameter on the bubble residence time and the kLa
for the one-way coupled EL simulations of the XDR-10 for V = 7.0 L, n = 100 rpm,
Q = 250 mL min−1, 2 µm sparger.

bubbles with respect to the surrounding liquid. For the 20 µm sparger the pore size is
within the range of 15 µm to 30 µm of the microporous sparger of the CR3 and the
same bubble diameter of 1.0 mm is selected, while a slightly smaller bubble diameters
of 0.8 mm is used for the 2 µm sparger.

The cumulative volume of all bubbles divided by the total volume is the gas hold-up,
which is presented in Fig. 4.36. The gas hold-up increases with the number of bubbles
added, i.e., the sparging rate, and is slightly reduced by the larger bubble diameter
selected for the 20 µm sparger. Stronger liquid agitation at a higher impeller speed
also results in an increased gas hold-up due to a longer average residence time of
the bubbles. The sparging rate, the sparger type, and impeller speed show the same
qualitative effects on the gas hold-up as for the CR3. The gas hold-up for the XDR-10
is higher than for the CR3 for each of the test conditions. This is caused by the higher
volume per volume sparging rate, e.g. 0.036 vvm instead of 0.029 vvm for the CR3 at
the intermediate volume and sparging rate, and the better dispersion of the bubbles
above the impeller, indicated by the spiraling rise path for the XDR-10 (see Fig. 4.24)
instead of the relatively straight rise path of the CR3 (see Fig. 4.5).

Since both the CR3 and the XDR-10 have a constant circular cross-section in
the upper part of the vessel, a larger working volume results in an increased liquid
height, which in turn increases the vertical extent of the upper recirculation zone. The
height of the upper recirculation zone also affects the liquid velocity in this region. In
contrast to the CR3, for the XDR-10 this has a clear impact on the gas hold-up. For
a smaller working volume, the upper recirculation zone is smaller and has a higher
velocity resulting in a better bubble dispersion and a higher gas hold-up. The vortex
formation for the maximum impeller speed of 360 rpm also affects the gas hold-up.
For the one-way coupled EL simulations, where the effect of the vortex on the liquid
flow field is not captured, the gas hold-up is lower than for the EE simulations at the
maximum impeller speed of 360 rpm, while the opposite effect is observed for the lower
impeller speeds of 40 rpm and 100 rpm (base case), shown in Fig. 4.36. For the EE
simulations, bubble diameters of 0.8 mm and 1.0 mm are both tested for the maximum
impeller speed of 360 rpm (V = 7.0 L, Q = 250 mL min−1, 2 µm sparger) and the
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Figure 4.36: Gas hold-up for the XDR-10 for different operating conditions with the
labels indicating the value of the operating parameter deviating from the base case
(V = 7.0 L, n = 100 rpm, Q = 250 mL min−1, 2 µm sparger).

results for the 1.0 mm diameter are in better agreement with the experimental results
for the kLa. Through the increase of the bubble diameter from 0.8 mm to 1.0 mm, the
gas hold-up is reduced from 0.27 % to 0.22 % and the kLa is reduced from 42.9 h−1 to
28.5 h−1 in the EE simulations. In Fig. 4.36 for the impeller speed of 360 rpm, the gas
hold-up for 1.0 mm bubble diameter is reported. Bach et al. [97] adjusted the bubble
size to improve the agreement between the simulated and the experimental values
of kLa and used the obtained bubble diameters to derive a correlation between the
operating conditions and the bubble size. Following this line of thinking, the improved
agreement of the simulated and experimental kLa values for a larger bubble diameter
suggests that the average bubble diameter is increased for this operating condition,
indicating increased coalescence due to the higher gas hold-up.

The effects of the sparging rate, the impeller speed, and the working volume on
the kLa are shown in Figs. 4.37a, 4.37b, and 4.37c, respectively. In Fig. 4.37b at the
maximum impeller speed of 360 rpm, the results for a bubble diameter of 1.0 mm are
shown for the EE simulation, whereas 0.8 mm are used for the remaining conditions
with the 2 µm sparger, similar to Fig. 4.36. In Figs. 4.37a-c, the experimental values are
represented by the open diamonds with the vertical error bars indicating the standard
deviation of the triplicate measurements. Similar to the gas hold-up, a higher sparging
rate and impeller speed both increase the kLa. In contrast to the one-way coupled
EL simulations for which the bubble residence time is independent of the sparging
rate, the kLa values obtained from the EE simulations and the experiments do not
increase linearly with the sparging rate. This points to a reduced bubble residence
time at higher sparging rates due to the stronger impact of the bubbles on the liquid
motion, which is also supported by the fact that the gas hold-up of the EE simulations
at the maximum sparging rate of 500 mL min−1 is 0.19 % lower than for the one-way
coupled EL simulations, while at the lower sparging rates the deviation is less than
0.04 %, shown in Fig. 4.36. This effect poses a limit on how much the kLa can be
increased through higher sparging rates. The 20 µm sparger results are indicated by
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bold symbols in Fig. 4.37a. The larger bubble diameter of 1.0 mm instead of 0.8 mm
selected for the 20 µm sparger results in a slightly lower kLa, which is found for both
simulation approaches as well as the experiments. The differences in the kLa for the
two different microporous spargers are much smaller than those observed between
the microporous and the open pipe sparger of the CR3. With both, the 2 µm and
the 20 µm, microporous spargers of the XDR-10, kLa values sufficiently high for the
cultivation of mammalian cells are achieved.

For the increase of the kLa with the impeller speed, the experiments show a reduced
increase for the maximum impeller speed of 360 rpm (Fig. 4.37b), indicating reduced
benefits of increasing the impeller speed not only for the mixing time but also for the kLa.
The reduction of the kLa for larger working volumes shown in Fig. 4.37c is qualitatively
similar but more pronounced than observed for the CR3. The reason for this is that for
the XDR-10 the volume does not only affect the liquid transfer coefficient kL through the
volumetric power input but also through the specific interface area a due to the reduced
gas hold-up. The increase in kLa for lower working volumes is even more pronounced
in the experiments than in the simulations suggesting a reduction of the bubble size
for smaller volumes that is not considered in the simulations. The comparison of the
simulations and the experimental results emphasizes the need for accurate bubbles
size data. While there are studies available that investigate the bubbles size in stirred

(a) Effect of the sparging rate (b) Effect of the impeller speed

(c) Effect of the working volume

Figure 4.37: Impact of changes of a single operating parameter on the volumetric oxygen
mass transfer coefficient kLa for the XDR-10 with the other operating parameters at
the intermediate value of 7.0 L for the working volume, 100 rpm for the impeller speed,
and 250 mL min−1 for the sparging rate The values are reported in [128]
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tank bioreactors [155, 156, 110, 102, 157, 158, 159, 160, 161, 162], these studies are
not able to cover the huge variety of possible bioreactor configurations. Moreover, the
bubble size is not only affected by the bioreactor and the operating conditions but also
and strongly dependent on the solutes in the liquid phase [155, 110, 45, 163], which
also affects the kLa during cell cultivation since cell culture media contain a variety of
solutes [142].

4.2.5 Selection of Operating Conditions for Cell Cultivation

Similar to the CR3, the XDR-10 is a lab-scale bioreactor that provides short mixing
times, which are below 25 s across the investigated operating conditions. The hy-
drodynamic stress is below the critical values for all operating conditions. However,
surface vortex formation is observed at the maximum impeller speed of 360 rpm. Since
the entrainment and disengagement of bubbles at the surface vortex is considered a
possible cause of cell damage, this should either be avoided by suing low impelelr pseeds
or bioreactors equipped with baffles [34] or counteracted by protective agents like
Pluronic [164]. The observed values of the volumetric oxygen mass transfer coefficient
of the XDR-10 are higher than those of the CR3 and cover the typical range for
cultivation of mammalian cells of 1 h−1 to 20 h−1 [18, 35]. Sufficient oxygen transfer
can be achieved with both considered microporous sparger types but slightly higher
values are found for the smaller pore size of 2 µm instead of 20 µm. Similar to the
CR3, the intermediate impeller speed of 100 rpm appears advantageous over the lowest
impeller speed of 40 rpm due to faster mixing and better bubble dispersion but further
increases may not be necessary as both mixing and oxygen transfer are already suitable
for cell culture.
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4.3 The XcellerexTM XDR-200

The XcellerexTM XDR-200 represents one of the intermediate bioreactor scales of the
Xcellerex product line and is the smallest bioreactor for which the impeller is positioned
15◦ off-center [145]. As a pilot scale reactor the XDR-200 is suited for the manufacturing
of small amounts of product or as an intermediate scale of the inoculum train.

4.3.1 Bioreactor Configuration

Similar to the XDR-10, the XcellerexTM XDR-200 has a rigid, multi-use vessel frame
in which a single-use cultivation bag is placed. The pitched-blade impeller with three
blades is fixed onto a rigid plastic plate at the bottom of the single-use bag, see Fig. 4.38,
at a position 15◦ off-center to the central vessel axis. The XDR-200 has a curved
bottom and a vessel diameter dV of 56 cm. The impeller has three blades pitched at an
angle of 40◦ and a diameter dimp is 22 cm. While the XDR-200 is can be purchased with
same sparger options as the XDR-10, i.e., 2 µm and 20 µm microporous spargers as
well as drilled hole spargers, the present study considers the 2 µm microporous sparger
with three microporous disks connected to the same inlet tube. Similar to the XDR-10,
the sparger openings are integrated into the plastic plate on which the impeller is fixed
and located directly below the impeller blades. Two of the gray sparger disks are well
visible in Fig. 4.38, while the third is hidden by the impeller blade. Analogous to the
XDR-10, the impeller is driven by magnetic coupling and rotated in the anti-clockwise
direction. Similar to the XDR-10, the sparger openings are integrated into the plastic
plate on which the impeller is fixed and located directly below the impeller blades, see
Fig. 4.38. Furthermore, a variant of the single-use bag with a T-shaped drilled hole
sparger, which can be used with a separate sparging line for carbon dioxide stripping,
is also available. The sensors enter the bioreactor for about 1 cm in the lower part of
the vessel on the side opposite to the impeller and are not considered in the bioreactor
configuration.

4.3.2 Operating Conditions

The considered operating conditions are selected in a similar manner as described
for the CR3 and the XDR-10 in sections 4.1.2 and 4.2.2 and cover changes in the

Figure 4.38: Impellers of the XcellerexTM XDR-200
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Table 4.5: Operating conditions for the EE of the XDR-200.

Condition Impeller speed n Working volume V Sparging rate Q Sparger type
# [rpm] [L] [L min−1]
1 30 120 5.0 2 µm
2 120 120 5.0 2 µm
3 200 120 5.0 2 µm
4 120 40 5.0 2 µm
5 120 200 5.0 2 µm
6 120 120 0.5 2 µm
7 120 120 10.0 2 µm

impeller speed, the working volume, and the sparging rate. The selected operating
conditions for the EE simulations are summarized in Tab. 4.5. For the impeller speed,
low, intermediate, and high values of 30 rpm, 120 rpm, and 200 rpm are considered.
For the working volume, the supplier specified minimum and maximum volume of 40 L
and 200 L, and the intermediate value of 120 L are tested. For the sparging rate, the
levels are 0.5 L min−1, 5.0 L min−1, and 10.0 L min−1.

In the one-way coupled EL simulations, the gas hold-up and volumetric oxygen
mass transfer coefficient are evaluated for all conditions in Tab. 4.5 and an extended
set of simulation conditions is used to characterize the liquid flow as summarized in
Tab. 4.6. Similar to the CR3 and the XDR-10, this set of conditions consists of all
possible combinations of the three levels of working volume and the three levels of
impeller speed.

Table 4.6: Operating conditions for the one-way coupled EL simulations of the XDR-200.

Condition Impeller speed n Working volume V
# [rpm] [L]
1 30 40
2 120 40
3 200 40
4 30 120
5 120 120
6 200 120
7 30 200
8 120 200
9 200 200
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4.3.3 Grid Independence Study

Analogous to the bioreactors described above, separate grid independence studies
have been performed for the one-way coupled EL and the EE simulations. While the
supplier information states that the rotational axis of the impeller is 15◦ off center,
the exact shape of the bottom curvature and radial distance of the impeller were not
accessible for reconstructing the vessel shape. For the one-way coupled EL and the EE
simulations two slightly different configurations are considered. For the one-way coupled
EL simulations, a dish-shaped vessel bottom is considered, while for the EE simulations
performed later on an elliptical bottom shape is used. For both configurations, the
impeller position is selected in such a way that the flat plastic plate on which the
impeller is located and which is also inclined at 15◦ relative to the vertical vessel axis
is matching the curvature of the bottom as closely as possible. For grid for the EE
simulations, this results in an impeller position 4 cm closer to the center of the vessel.
Moreover, a different rotation of the impeller is considered and the T-sparger is only

(a) Grids for the one-way coupled EL simulations for 40 L working volume. Left to right:
0.3x106, 0.6x106, and 1.0x106 grid cells.

(b) Grids for the EE simulations for the complete bioreactor. Left to right: 4.0x106, 1.8x106,
and 3.3x106 grid cells.

Figure 4.39: Computational grids for the XDR-200 considered in the grid study. The
rotating reference frame region is highlighted in blue.
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included in the EE simulations. The effect of this differences on the liquid flow is
discussed with the characterization results and is found to be minor for most operating
conditions.

The investigated grids for the one-way coupled EL simulations follows the same
meshing strategy as those for the CR3 and XDR-10 with high refinement in the region
surrounding the impeller, see Fig. 4.39a. The intermediate grid with 0.6x106 cells for
40 L volume is selected based on less than 1 % deviation of the average liquid velocity
magnitude to that of the finest grid with 1.0x106. The bioreactor configuration does
not include the T-sparger, the addition of which resulted in less than 0.5 % deviation
in the average liquid velocity magnitude. The final grid sizes for the one-way coupled
Euler-Lagrange simulations for the volumes of 40 L, 120 L, and 200 L are 0.6x106,
0.9x106, and 1.3x106 grid cells, respectively.

For the EE simulations different grid structures have been tested. An initial grid
with a homogeneous grid spacing throughout the whole reactor resulted in 4.0x106 cells.
To reduce the number of cells, a coarser grid is used for the upper part of the bioreactor,
while the same grid spacing is kept in the lower part up to a working volume of about
60 L, see Fig. 4.39b left and center. For these two grids, the average liquid velocity
magnitude differs less than 1 %. When reducing the grid spacing by 25 %, the number
of grid cells is almost doubled from 1.8x106 to 3.3x106 cells, see Fig. 4.39b right hand
side, and the average velocity changes by 5 %. The 1.8x106 cells grid is selected for
further simulations.

4.3.4 Process Characterization

One major difference of the XDR-200 to the CR3 and the XDR-10, is the off-centered
impeller, which causes an asymmetric flow structure and suppresses surface vortex for-
mation, similar to the observations for eccentric impellers by Yamamoto et al. [77]. The
flow structure is described in detail before the process characteristics are summarized.

Liquid Flow Field and Bubble Dispersion

Figs. 4.40a and 4.40b show the liquid velocity for the base case (V = 120 L, n =
120 rpm, Q = 5.0 L min−1) for the one-way coupled EL and EE simulations, respectively.
The differences in the shape of the vessel bottom slightly affect the liquid height for
the same working volumes because the dished bottom shape holds more liquid than
the elliptical one. The impeller is rotating in the up-pumping anti-clockwise direction
and pushes the liquid outwards from the impeller region towards the vessel wall. The
overall flow structure is very similar for both configurations of the vessel bottom. The
liquid is pushed outwards and spirals upwards along the vessel wall. The center of the
rotational motion of the liquid flow is also the center of the down-flow region and its
horizontal position varies along the liquid height. In the lower part of the bioreactor,
the down-flow region is oriented towards the center of the impeller. For increasing
impeller speeds, the structure of the flow remains similar to that shown in Figs. 4.40a
and 4.40b, while the velocity magnitude increases. At the minimum working volume of
40 L, shown in Figs. 4.40c and 4.40d, the recirculation in the lower part of the vessel
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(a) One-way coupled EL for 120 L (b) EE for 120 L

(c) One-way coupled EL for 40 L (d) EE for 40 L

Liquid velocity magnitude |ul| [m s−1]

Figure 4.40: Liquid flow for V = 120 L (top) and V = 40 L (bottom) at n = 20 rpm,
Q = 5.0 L min−1 in the x-z-plane through the center of the XDR-200. Arrows indicate
the direction of the x-z-velocity.

remains similar, however, due to the small liquid height the down flow region is not as
well developed as for the larger volumes.

To better show the three dimensional structure of the liquid flow and the effect of
the working volume on the liquid flow, representative streamlines for the liquid velocity
for the considered working volumes of 40 L, 120 L, and 200 L are shown in Fig. 4.41.
The green streamlines indicate the up-flow of the liquid along the vessel wall, the blue
streamlines the down-flow in the center and the red streamlines visualize the flow in
the bottom part of the vessel. The off-centered position of the impeller and its close
proximity to the bottom of the vessel do not allow for the development of a clearly
structured recirculation zone below the impeller, which is in contrast to the CR3 and
XDR-10. Instead, there is an almost horizontal recirculation zone where the liquid
flow from the impeller is pushed out along the bottom to the vessel wall opposite the
impeller and then drawn back in behind the impeller blades. For the lowest working
volume of 40 L (Fig. 4.41a), the liquid height is too small for a clear separation of the
down-flow region in the upper region of the bioreactor and the recirculation in the
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(a) EE for 40 L (b) EE for 120 L (c) EE for 200 L

Figure 4.41: Liquid velocity streamlines and 1 % gas volume fraction iso-surface for
the EE simulations at working volumes of 40 L, 120 L, and 200 L for n = 120 rpm and
Q = 5.0 L min−1.

bottom part of the bioreactor and consequently the blue streamlines are not shown.

Similar to the XDR-10, the bubbles rising from the sparger openings directly below
the impeller are captured behind its blades and above the impeller they move along
with the anti-clockwise motion of the liquid. The bubble motion is also influenced by
the effect of the liquid height on the liquid flow as indicated by the transparent 1 %
gas volume fraction iso-surfaces in Fig. 4.41. For the minimum working volume of 40 L,
the liquid height is too small to allow for the spiraling rise paths that are observed
for 120 L and 200 L. Consequently, while at 40 L the bubbles are following the liquid
motion, they are not as well dispersed across the bioreactor cross-section as for the
larger volumes.

The effect of the impeller speed on the dispersion of the bubbles is shown in Fig. 4.42
for both modeling approaches. At the lowest considered impeller speed of 30 rpm, see
Figs. 4.42a and 4.42d, the liquid velocity and the drag force are too small to cause
a spiraling bubble rise path, which is similar to the observations for the XDR-10 at
40 rpm (see Sect. 4.2.4). For increasing impeller speeds, the bubbles are carried by
the liquid motion towards the center of the vessel and the wall opposite the impeller
increasing the horizontal dispersion of the bubbles. Since the three sparger openings of
the 2 µm sparger are evenly distributed around the cylindrical base of the impeller,
the bubbles interact with all three impeller blades simultaneously. This is in contrast
to the CR3 and XDR-10 with a single sparger opening where the bubbles are mainly
interacting with the impeller blade currently above the sparger. The three sparger
openings of the XDR-200 allow for a better dispersion of the bubbles in the lower part
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(a) One-way coupled EL for
30 rpm

(b) One-way coupled EL for
120 rpm

(c) One-way coupled EL for
200 rpm

(d) EE for 30 rpm (e) EE for 120 rpm (f) EE for 200 rpm

Figure 4.42: Bubble positions and 1 % gas volume fraction for the one-way coupled
EL (top) and the EE simulations (bottom), respectively, at impeller speeds of 30 rpm,
120 rpm, and 200 rpm for V = 120 L and Q = 5.0 L min−1. The bubbles are shown
three times larger than their actual size to improve visibility.

of the vessel than that observed for the CR3 and the XDR-10.

Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing Time

The average liquid velocity magnitude across the considered impeller speeds is shown
in Fig. 4.43a. Similar to the CR3 and the XDR-10, the average velocity increases with
the impeller speed. Fig. 4.43b shows the average velocity for the considered working
volumes at the intermediate impeller speed of 120 rpm. In contrast to the CR3 and the
XDR-10, the highest average liquid velocity for the one-way coupled EL simulations is
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observed for the intermediate working volume. This is likely caused by the differences
in the flow structures for the working volumes of 40 L and 120 L, shown in Figs. 4.40c
and 4.40a, since at of 40 L lower velocities are found in the bottom center zone of the
liquid. In contrast to the one-way coupled EL results, the average velocity observed in
the EE simulations slightly decreases for the larger working volumes, similar to the
results for the CR3 and XDR-10. This difference between the one-way coupled EL and
the EE simulations is likely related to the difference in the shape of the vessel bottom
mentioned above.

For both simulation approaches, the increase of the average turbulence kinetic
energy for higher impeller speeds is shown in Fig. 4.43c. The decrease of the average
turbulence kinetic energy for larger working volumes at the intermediate impeller speed
of 120 rpm is shown in Fig. 4.43d. This is similar to the observations for the one-way
coupled EL simulations of the CR3 and the XDR-10 across all working volumes and
also for the EE simulations except for the maximum working volume. Similar to CR3
and the XDR-200 the region around the impeller with the highest velocity is also
associated with the highest turbulence, which is typical for stirred tank reactors [20].
Thus, the decrease of the average turbulence kinetic energy for larger working volumes
is caused by the increase volume above the impeller region where both liquid velocity
and the turbulent kinetic energy are lower.

(a) Average |ul| (b) Average |ul|at 120 rpm

(c) Average k (d) Average k at 120 rpm

Figure 4.43: Average liquid velocity and average turbulence kinetic energy for impeller
speeds of 30 rpm, 120 rpm, and 200 rpm and working volumes of 40 L, 120 L, and
200 L for the one-way coupled EL and EE simulations for Q = 5.0 L min−1.
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(a) Volumetric power input (b) Volumetric power input at 120 rpm

(c) Mixing time (d) Mixing time at 120 rpm

Figure 4.44: Volumetric power input and mixing time for impeller speeds of 30 rpm,
120 rpm, and 200 rpm and working volumes of 40 L, 120 L, and 200 L for the one-way
coupled EL and EE simulations for Q = 5.0 L min−1. The results of the EE simulations
and the experiments for the mixing time are reported in [118].

Figure 4.44a shows that the volumetric power input also increases with the impeller
speed. Figure 4.44a shows the expected decrease of the volumetric power input for
larger working volumes at the intermediate impeller speed of 120 rpm. The minimum
and maximum values of the power number across all operating conditions are 1.09 and
1.25 for the one-way coupled EL simulations and 1.04 and 1.27 for the EE simulations,
showing good agreement between the two simulation approaches. Moreover, the
average values of 1.15 for both simulation approaches are identical to the supplier
specification [154].

The higher volumetric power input and average liquid velocity for an increased
impeller speed also result in a reduced mixing time at a higher impeller speed, shown
in Fig. 4.44c. The expected increase of the mixing time for larger working volumes can
be seen in Fig. 4.44d. In contrast to the bioreactors presented above, for the smallest
working volume of 40 L, the one-way coupled EL simulations predict mixing times in
between those for the intermediate and the maximum working volume of 120 L and
200 L, respectively, as is evident form the differently colored triangles in Figs. 4.44c and
4.44d. This is in agreement with the slightly reduced average liquid velocity magnitude
mentioned for the working volume of 40 L. For the EE simulations, the effect of the
working volume is only evaluated at the intermediate impeller speed of 120 rpm. For
120 rpm, there is a slight increase of 0.3 s of the mixing time from the minimum to the
intermediate working volume, which is better visible in Fig. 4.44d, since in Fig. 4.44c
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(a) Volumetric power input (b) Mixing time

(c) Average liquid velocity

Figure 4.45: Volumetric power input P/V , mixing time, and average liquid velocity
for the different sparging rates and sparger types atat V = 120 L, n = 120 rpm for
sparging rates of 0.5 L min−1, 5.0 L min−1, and 10.0 L min−1. The experimental results
for the mixing time are reported in in [118].

the black and blue cross marks overlap with the error bar for experimental value for
40 L (black diamond). The very similar mixing times for 40 L and 120 L in the EE
simulations also match with the small differences in the average velocities for these
conditions shown in Fig. 4.43b. In the experiments, the mixing time for 120 L is longer
than for the lowest working volume. According to this evaluation, the mixing times
for the EE simulations are in better agreement to the experiments than those of the
one-way coupled EL simulations.

The effect of sparging on the volumetric power input, the mixing time, and the
average velocity magnitude is evaluated in Fig. 4.45. The one-way coupled EL results
are represent unsparged conditions, since the effect of bubbles on the liquid motion is
not considered. Similar to the CR3 and XDR-10, the effect of the sparging rate on the
average velocity, the volumetric power input, and the mixing time shown in Fig. 4.45 is
minor and negligible compared to that of the working volume and the impeller speed
shown in Figs. 4.43a, 4.43b, and 4.44. At the maximum sparging rate, there is a small
decrease in the volumetric power input and the average velocity, and a slight increase
in the mixing time, indicating that the bubbles interfere with the power transfer from
the impeller to the liquid and reduce the liquid mixing.
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(a) Strain rate

(b) Hydrodynamic stress

Figure 4.46: Volume fraction distributions of the strain rate and the hydrodynamic
stress for the impeller speeds of 30 rpm, 120 rpm, and 200 rpm for V = 120 L, and
Q = 5.0 L min−1.

Risk of Cell Damage

While higher impeller speeds improve the mixing, they also increase the mechanical
stress in the liquid that would be acting on the cells during cell cultivation. The
distributions of the volume fractions for the strain rate and the hydrodynamic stress at
a working volume of 120 L for the impeller speeds of 30 rpm, 120 rpm, and 200 rpm,
and in the case of the EE simulations at a sparging rate of 5.0 L min−1, are shown
in Figs. 4.46a and 4.46b. Similar to the CR3 and the XDR-10, the maximum stress
increases with the impeller speed, which is found with both modeling approaches. For
the EE simulations at 30 rpm, the maximum strain rate is below 1000 and only the
first fraction is present in Fig. 4.46a. The observed ranges of the strain rate and the
hydrodynamic stress are comparable to those observed with the CR3 and the XDR-10
and the hydrodynamic stress is well below the critical limits of 25.2 Pa and 32.5 Pa for
Sp2/0 mouse hybridoma and CHO cells [47], respectively.

In contrast to the CR3 and XDR-10, the EE simulations do not predict higher
hydrodynamic stress compared to the one-way coupled EL simulations. This is likely
related to the slight differences in the position of the impeller described in Sect. 4.3.3,
with a smaller distance to the vessel wall in the one-way coupled EL simulations
resulting in a region of higher hydrodynamic stress between the impeller and the
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(a) One-way coupled EL (b) EE

Hydrodynamic stress [Pa]

Figure 4.47: Hydrodynamic stress on the x-z plane through the center of the XDR-
200 for the one-way coupled EL and EE approaches for V = 120 L, n = 200 rpm,
Q = 5.0 mL min−1.

closest vessel wall, see Fig. 4.47a. The T-sparger that is not included in the bioreactor
configuration of the one-way coupled EL simulations results in a region of intermediate
hydrodynamic stress in the EE simulations, see Fig. 4.47b. These observations show
that slight difference in the bioreactor configuration in the proximity of the impeller
do affect the hydrodynamic stress. The low hydrodynamic stress in the upper part of
the liquid is in good agreement between both modeling approaches.

(a) Impeller zone (b) Tank zone

Figure 4.48: Average strain rate (triangles) and average hydrodynamic stress (squares)
for the impeller (left) and tank zone (right) of the XDR-200 at V = 120 L and
Q = 5.0 L min−1 with one-way coupled EL and EE results in red and black, respectively.
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The average hydrodynamic stress and strain rate of the tank zone and the impeller
zone at a working volume of 120 L and a sparging rate of 5.0 L min−1 at the different
impeller speeds are shown Figs. 4.48a and 4.48b. Similar to the CR3 and the XDR-10,
the average strain rate and hydrodynamic stress in both zones increase with the impeller
speed. In agreement with the corresponding distribution of the volume fractions in
Fig. 4.46a, the average strain rate for both, the impeller and the tank zone, is slightly
higher for the one-way coupled EL simulations. The average hydrodynamic stress
in the impeller zone is in close agreement between the one-way coupled EL and EE
approaches, whereas in the tank region higher average hydrodynamic stress is found
with the EE approach. This is similar to the XDR-10 and is caused by the interaction
of the liquid phase with the bubbles, which generates additional turbulence. While
the average values for the impeller zone are comparable to those of the CR3 and the
XDR-10, those for the tank zone are smaller than for the CR3 and XDR-10, indicating
that for the larger volume of the XDR-200 the single impeller cannot agitate the liquid
in the tank zone as well as for the smaller bioreactors.

Gas Hold-Up and Volumetric Oxygen Mass Transfer Coefficient

For the bubble diameter, 1.3 mm are selected after an initial comparison of the
simulated volumetric oxygen mass transfer coefficient for different bubble diameters to
the experimental values provided by Tomomi Matsuura. The volume of all bubbles
present in the liquid at steady conditions divided by the total volume is the gas hold-up,
which is shown in Fig. 4.49. After the bubbles have passed the impeller region, they
rise within the upper recirculation zone. The almost identical gas hold-up values for
the different working volumes indicate that the average bubbles rise velocity in this
zone is independent of the working volume as both the bubble residence time and the
working volume increase linearly with the liquid height. A higher sparging rate results
in a higher gas hold-up as more bubbles are generated in a given time interval. For the
one-way coupled EL simulations, the gas hold-up increases linearly with the sparging
rate, since the effect of sparging rate on the liquid flow and consequently the bubble

Figure 4.49: Gas-hold-up for the XDR-200 with the labels indicating how the operating
conditions deviate from the base case (V = 120 L, n = 120 rpm, Q = 5.0 L min−1).
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(a) Effect of the sparging rate (b) Effect of the impeller speed

(c) Effect of the working volume

Figure 4.50: Impact of changes of a single operating parameter on the volumetric oxygen
mass transfer coefficient kLa for the XDR-200 with the other operating parameters
at the intermediate value of 120 L for the working volume, 120 rpm for the impeller
speed, and 5.0 L min−1 for the sparging rate. The experimental and EE results are
reported in [118].

residence time is not captured. For the EE simulations, the slower increase of the gas
hold-up for the higher sparging rates indicates a reduction of the bubble residence
time with increasing sparging rates. A stronger horizontal dispersion of the bubbles
with longer bubble rise paths at a higher impeller speed also increases the gas hold-up.
However, for the EE simulations this effect is found to be much more pronounced than
for the one-way coupled EL simulations, where the differences are quite small, even
though the effects on the bubble rise paths shown in Fig. 4.42 are quite similar.

Similar to the gas hold-up, the kLa increases with a higher sparging rate and a
higher impeller speed, see Figs. 4.50a and 4.50b. Moreover, the one-way coupled EL
simulations always assume a linear increase of the kLa with the sparging rate. This
is in contrast to the EE simulations and the experiments, see Fig. 4.50a, where the
increase for the maximum sparging rate is smaller than for the one-way coupled EL
simulations. This is even more pronounced in the experiments, indicating that in
addition to the effect of the sparging rate on the bubble residence time, the bubble size
is also affected by the changes of the operating conditions. Since a longer residence
time results in a higher gas hold-up, the probability of coalescence increases and leads
to the formation of larger bubbles that are less efficient for oxygen transfer. To achieve
the same kLa as in the experiments, a larger bubble diameter would be needed in the
simulations. Similarly, for the maximum impeller speed, both the one-way coupled
EL and EE simulations predict a higher kLa than that observed in the experiments.
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Figure 4.51: Effect of the bubble diameter on the bubble residence time for the one-way
coupled EL simulations and the kLa for both, the one-way coupled EL simulations and
EE simulations of the XDR-200 for V = 120 L, n = 120 rpm, Q = 5.0 L min−1.

At a higher impeller speed, the bubbles are strongly entrained behind the impeller
blades and which increases the probability of coalescence in this region. Consequently,
a slightly larger bubble diameter would improve the agreement between simulations
and experiments. Changes to the bubble size distribution and the average bubble size
do not have to be large to explain the observed deviation. The bubble residence time
and kLa for different bubble diameters are shown in Fig. 4.51 and the increase from
1.0 mm to 1.4 mm reduces the kLa by 55 % and 36 % for the one-way coupled EL and
EE simulations, respectively.

The effect of the working volume on the kLa is shown in Fig. 4.50c. Similar to the
CR3 and XDR-10, the kLa is reduced for a higher working volume despite negligible
differences for the gas hold-up, due to the lower kL. This is observed for the one-way
coupled EL and EE simulations both. Moreover, the larger absolute difference in volume
appears to also increase the impact of the volume on the kLa compared to the smaller
CR3 and XDR-10. In the experiments, the kLa for the minimum working volume of
40 L is between that of the intermediate and the maximum working volume, which
is likely caused by experimental error due to the large head space volume discussed
in [118].

4.3.5 Selection of Operating Conditions for Cell Cultivation

The main effect of the increased working volume for the pilot-scale bioreactor XDR-200
compared to the smaller lab-scale bioreactors CR3 and XDR-10 are the longer mixing
times. The mixing times of about 20 s for the intermediate working volume of 120 L
and the intermediate impeller speed of 120 rpm are about twice as high as those for
the CR3 and XDR-10 for 1.7 L at 100 rpm and for 7.0 L at 100 rpm, respectively.

With regard to the mechanical stress in the liquid phase, both the strain rate and
the hydrodynamic stress are in a comparable range to that of the CR3 and XDR-10
and the maximum hydrodynamic stress is below the critical values of 25.2 ± 2.4 Pa
and 32.4 ± 4.4 Pa for Sp2/0 and CHO cells, respectively, [134]. Considering both
the mixing time and the hydrodynamic stress, the impeller speed should be at least
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at the intermediate level or higher to provide good mixing, while even at the highest
considered impeller speed of 200 rpm the hydrodynamic stress is too low to have a
negative impact on cell growth.

Furthermore, only at the intermediate and maximum impeller speeds of 120 rpm and
200 rpm, the bubbles are well dispersed across the bioreactor cross-section, suggesting
a more homogeneous transfer of oxygen in different regions of the bioreactor. The
observed kLa values are within the range typically required for cell cultivation of 1 h−1

to 20 h−1 [18, 35]. At the intermediate sparging rate of 5.0 L min and the intermediate
impeller speed of 120 rpm, the simulated kLa of 13.2 h−1 to 11.7 h−1 for the one-way
coupled EL and the EE approach, respectively, is already sufficient to support the peak
cell density of many cell lines. For achieving even higher values, increasing only the
sparging rate or the impeller speed, while maintaining the other operating parameters
at a constant level is found to give diminishing improvements, see Figs. 4.50a and 4.50b.
Instead, both should be adjusted in tandem, since a higher number of bubbles only
can achieve its maximum effect, when it is well dispersed and a good bubble dispersion
only provides its full benefits, when the number of bubbles is sufficiently high.
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4.4 The XcellerexTM XDR-500

While the hydrodynamic characterization of the CR3, the XDR-10, the XDR-200, and
the XDR-2000 and the operating conditions for scale-up with these reactors are the
main focus of the present study, one-way coupled Euler-Lagrange simulations have also
been carried out for the XcellerexTM XDR-500 with a maximum working volume of
500 L. The XDR-500 is part of the XcellerexTM product line and the next larger scale
after the XDR-200 [145]. The XDR-500 is a pilot scale bioreactor that can be used
to generate more cells to inoculate larger bioreactors or for generating small product
amounts.

In contrast to the CR3, the XDR-10, the XDR-200, and the XDR-2000, the one-
way coupled simulations are carried out with OpenFOAM [63] instead of MixIT [64].
Kristof Pandi, Bachelor student in mechanical engineering at the Technical University
of Munich, has run the simulations of the XDR-500 during his time as working student
at Daiichi-Sankyo Europe.

4.4.1 Bioreactor Configuration

Similar to the XDR-200, the XDR-500 consists of a rigid vessel frame and a flexible
inner bag equipped with a pitched-blade impeller with three blades and a diameter
of 26.7 cm, which is shown in Fig. 4.52. The XDR-200 and the XDR-500 have the
highest geometric similarity of all bioreactors investigated in the present study, and
both are equipped with an off-centered, bottom-mounted impellers with three blades
angled at 40° relative to the cylindrical base. However, the exact shape of the impeller
blades differs. Same as for the XDR-200, the impeller of the XDR-500 is positioned
15° off-center. Analogous to the XDR-10 and the XDR-200, the impeller is driven
by magnetic coupling and rotated in the up-pumping, anti-clockwise direction. The
vessel diameter is 0.76 m and the liquid height for the maximum working volume of
500 L is 1.17 m. Similar to the XDR-200, the sparger of the XDR-500 consists of
multiple microporous sparger disks connected to the same inlet[145]. For the XDR-500
four microporous sparger disks with a pore size of 2 µm that are integrated into the
solid plate on which the impeller is fixed. Three of the gray sparger disks are well
visible in Fig. 4.52, while the fourth is hidden behind the impeller blade. Additionally,

Figure 4.52: Impeller of the XDR-500
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Table 4.7: Operating conditions for the XDR-500.

Condition Impeller speed n Working volume V
# [rpm] [L]
1 140 100
2 30 300
3 140 300
4 500 300
5 30 500
6 140 500
7 250 500

a T-shaped sparging wand for carbon dioxide stripping with drilled holes of 2 mm
diameter is located close to the center of the vessel on the side opposite to the impeller.
Analogous to the XDR-10 and XDR-200 the sensors only enter for about 1 cm from the
side of the vessel in the lower part of the biroeactor and are neglected in the bioreactor
configuration considered in simulations.

4.4.2 Operating Conditions

For the working volumes of 300 L and 500 L, three different levels of impeller speed,
i.e., 30 rpm, 140 rpm, and 250 rpm, are investigated, while for the minimum working
volume of 100 L only the intermediate impeller speed of 140 rpm is considered. The
resulting seven different test conditions are summarized in Tab. 4.7. Condition #3
with the intermediate working of 300 L and the intermediate impeller speed of 140 rpm
is considered as the base case. For each test condition, the bubble residence time
is determined and the volumetric oxygen mass transfer coefficient is calculated for a
sparging rate of 5 L min−1.

4.4.3 Grid Independence Study

Similar to the EE simulations of the XDR-200, a hexahedral grid in the center of the
domain is used with a finer grid spacing in the lower part of the vessel, up to a volume
of about 90 L. Moreover, polyhedral cells are present at walls and at the transition
between different grid spacings. An elliptical shape is used for meshing the rounded
bottom of the bioreactor.

Grids with different resolutions, shown in Fig. 4.53, have been tested. The grid with
4.0x106 cells is selected for all further simulations based on less than 2.5 % deviation
of the average liquid velocity magnitude, turbulence kinetic energy, and turbulence
kinetic energy dissipation rate to the finest investigated grid with 4.9x106 cells. For the
lower working volumes of 100 L and 300 L the corresponding grids consist of 2.4x106

cells and 3.2x106 cells, respectively.
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Figure 4.53: Computational grids for the XDR-500 considered in the grid study. Left
to right: 2.2x106, 4.0x106, and 4.9x106 grid cells. The rotating reference frame regions
are highlighted in blue.

4.4.4 Process Characterization

Since the bioreactor configuration of the XDR-500 is very similar to that of the XDR-
200, the flow structure and bubble dispersion are also quite similar and are described
first. Then the effect of the operating conditions on the different process characteristics
is presented.

Liquid Flow Field and Bubble Dispersion

The pitched-blade impeller of the XDR-500 is rotating in the up-pumping anti-clockwise
direction. The resulting liquid flow structure on the vertical cut plane through the
vessel center at the intermediate impeller speed of 140 rpm for the considered working
volumes of 100 L, 300 L, and 500 L is shown in Fig. 4.54. Similar to the XDR-200, the
off-centered position of the impeller results in an asymmetric flow field. The bioreactor
configuration of the XDR-500 is very similar to that of the XDR-200, which also has
a pitched-blade impeller with three blades that is positioned at the bottom of the
reactor. As has already been described for the XDR-200 in section 4.3.4, there is a large
recirculation zone in the region above the impeller with up-flow along the vessel wall
and down-flow close to the center of the vessel. The horizontal position of the center of
the down flow region changes its position with the liquid height. Along the bottom
of the vessel there also is recirculation, with flow from the impeller to the vessel wall
opposite the impeller and back flow towards the impeller. At the minimum working
volume of 100 L shown in Fig. 4.54a a similar flow structure is observed, however, due
to the small liquid height no separate recirculation zone in the upper part of the vessel
is formed. This is again similar to the flow structure found for the XDR-200 at its
minimum working volume 40 L.

Similar to the XDR-200, the microporous sparger disks of the XDR-500 are inte-
grated into the plate on which the impeller is fixed and located directly beneath the
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(a) 100 L (b) 300 L (c) 500 L

Liquid velocity magnitude |ul|

Figure 4.54: Liquid flow for the XDR-500 for the considered working volumes of 100 L,
300 L, and 500 L at the intermediate impeller speed of 140 rpm in the x-z plane through
the center of the vessel. Arrows indicate the direction of the x-z velocity.

impeller blades and have with a pore size of 2 µm. Without any experimental evidence
on the kLa the same bubble diameter as for the XDR-200 of 1.3 mm is selected. Bubble
positions for the intermediate working volume at impeller speeds of 30 rpm, 140 rpm,
and 250 rpm are shown in Fig. 4.55. Similar to the XDR-200 and the XDR-2000, at
the lowest impeller speed the liquid velocity is too low to achieve horizontal dispersion
of the bubbles, resulting in a relatively small region in which the bubbles are rising
directly above the impeller, which is shown in Fig. 4.55a. With increasing impeller
speed, see Figs. 4.55b and 4.55c, the bubbles are dispersed over a wider region, rising

(a) 30 rpm (b) 140 rpm (c) 250 rpm

Figure 4.55: Bubble dispersion inside the XDR-500 for different impeller speeds at a
working volume of 300 L and for a bubble diameter of 1.3 mm.
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around the down-flow region of the upper recirculation zone and close to the vessel
wall at impeller speeds of 140 rpm and 250 rpm, respectively.

Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing Time

The average liquid velocity for the considered impeller speeds of 30 rpm, 140 rpm,
and 250 rpm is shown in Fig. 4.56a. The average liquid velocity increases for higher
impeller speeds and decreases for larger working volumes. At the intermediate impeller
speed of 140 rpm, the average liquid velocity for the minimum working volume of 100 L
is very similar to that of the intermediate working volume of 300 L. This observation is
similar to the small difference in the liquid velocity for the minimum and intermediate
working volume of the XDR-200 of 40 L and 120 L, respectively. The small difference
in the average liquid velocity despite the three times higher working volume is related
to the changed liquid flow structure for the lowest working volume. For higher impeller
speeds, which correspond to higher impeller Reynolds numbers, a higher the turbulence
kinetic energy is observed as shown in Fig. 4.56b. For a higher working volume, the
region of low velocity and turbulence in the upper part of the liquid becomes larger
and the average turbulence kinetic energy decreases.

(a) Average liquid velocity (b) Average turbulence kinetic energy

(c) Volumetric power input (d) Mixing time

Figure 4.56: Average liquid velocity, average turbulence kinetic energy, volumetric
power input P/V , and mixing time for the considered impeller speeds of 30 rpm,
140 rpm, and 250 rpm and working volumes of 100 L, 300 L, and 500 L. The dotted
lines in Fig. 4.56c represent fitted correlations based on the one-way coupled EL results
and are colored according to the respective volumes.
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As is typical for stirred tank bioreactors, the volumetric power input also increases
with the impeller speed and decreases with the working volume as shown in Fig. 4.56c.
The average impeller power number of the simulations for the different operating
conditions is 0.86 with a minimum value of 0.84 and a maximum value of 0.88. The
simulated power numbers are slightly lower than for the XDR-200 and the supplier
specification, which both are 1.15 [154]. For stronger liquid agitation and a reduced
working volume the mixing time decreases. Similar to the average liquid velocities, the
mixing times for 100 L and 300 L working volume at 140 rpm are almost identical,
which is again related to the difference in the flow structure mentioned above. At the
minimum impeller speed of 30 rpm, the simulated volumetric power input is similar to
that of the XDR-200 at 30 rpm for both the respective intermediate working volumes.
However, the mixing times observed for the XDR-500 are higher than those for the
XDR-200, due to the larger working volumes of 300 L and 500 L instead of 120 L and
200 L, respectively. The intermediate and maximum impeller speeds of the XDR-500
of 140 rpm and 250 rpm are slightly higher than that of the XDR-200 of 120 rpm and
200 rpm and result in a slightly higher volumetric power input and result in similar
mixing times for the respective intermediate and maximum working volumes.

Risk of Cell Damage

The volume fraction distribution of the strain rate and the hydrodynamic stress for
a working volume of 300 L and impeller speeds of 30 rpm, 140 rpm, and 250 rpm
are shown in Figs. 4.57a and 4.57b. Similar to the bioreactors discussed above, the
maximum strain rate and the maximum hydrodynamic stress increase with the impeller
speed. The maximum values observed for the maximum impeller speed of 250 rpm
are higher than those observed for the XDR-200 at the maximum impeller speed of
200 rpm. The maximum values of the hydrodynamic stress are still below the critical
limits reported by Neunstoecklin et al. [134].

The distribution of the hydrodynamic stress in the x-z plane through the center
of the XDR-500 is shown in Fig. 4.58. Analogous to the XDR-200, the highest
hydrodynamic stress is located in the region of maximum velocity and turbulence
directly around the impeller blades. Intermediate levels of hydrodynamic stress are
found in the region around the impeller, at the T-sparger, and the vessel walls close to
the impeller. In the remaining liquid, the hydrodynamic stress is low.

The average strain rate and hydrodynamic stress of the impeller zone and tank zone
for the intermediate working volume of 300 L are shown in Fig. 4.59. The impeller zone
is selected as a cylinder with a diameter of 1.2 dimp and a height of 0.33 dimp centered
on the impeller, which are the same dimensions as for the CR3, XDR-10, XDR-200,
and XDR-2000. The selection of the dimension of the impeller zone is discussed in
more detail in section 4.1.4. Analogous to all other bioreactors presented above, the
average strain rate and hydrodynamic stress increase with the impeller speed, both in
the impeller zone and the tank zone. The average values for the strain rate and the
hydrodynamic stress for both zones are very close to those observed for the XDR-200,
which is the most similar of the considered bioreactors both in size and shape.
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(a) Strain rate

(b) Hydrodynamic stress

Figure 4.57: Volume fraction distributions of the strain rate and the hydrodynamic
stress for the intermediate working volume of 300 L and the impeller speeds of 30 rpm,
140 rpm, and 250 rpm.

Hydrodynamic stress [Pa]

Figure 4.58: Hydrodynamic stress in the x-z plane through the center of the XDR-500
for the intermediate working volume of 300 L and the highest considered impeller speed
of 250 rpm.
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(a) Impeller zone (b) Tank zone

Figure 4.59: Average strain rate (triangles) and average hydrodynamic stress (squares)
for the impeller (left) and tank zone (right) of the XDR-500 for the intermediate
working volume of 300 L and the impeller speeds of 30 rpm, 140 rpm, and 250 rpm.

Gas Hold-Up and Volumetric Oxygen Mass Transfer Coefficient

The simulated average bubble residence time tr,avg and the kLa for a bubble diameter
of 1.3 mm and a sparging rate of 5 L min−1 are shown in Fig. 4.60. Despite the better
bubble dispersion for higher impeller speeds mentioned above, values of tr,avg of 4.9 s
and 4.8 s for 30 rpm and 140 rpm, respectively, are almost identical, see Fig. 4.60a.

(a) tr for 300 L (b) kLa for 300 L

(c) tr for 140 rpm (d) kLa for 140 rpm

Figure 4.60: Bubble residence time and kLa for different impeller speeds at the
intermediate working volume of 300 L (top) and for different working volumes at the
intermediate impeller speed of 140 rpm (bottom). The bubble diameter is 1.3 mm.
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For the maximum impeller speed of 250 rpm, tr,avg slightly decreases to 4.6 s . The
reduction tr,avg at the maximum impeller speed is associated with the bubbles rising in
the liquid up-flow region close to the vessel wall and is in contrast to the observations
made for the CR3 and the XDR-10, where the gas hold-up increased for higher impeller
speeds. Despite the reduction of the residence time the kLa increases for higher impeller
speed due to the higher kL as show in Fig 4.60b.

In Figs. 4.60c and 4.60d tr,avg and kLa for the different working volumes at the
intermediate impeller speed of 140 rpm are shown. The increased liquid height for
larger working volumes leads to a higher tr,avg, however, due to the lower volumetric
power input and kL, the kLa decreases for a larger working volume. The sparging rate
of 5 L min−1 is the same as the intermediate sparging rate of the XDR-200. The kLa
for the XDR-200 for the intermediate working volume of 120 L and the intermediate
impeller speed of 120 rpm with the 2 µm sparger is 13.2 h−1 for the one-way coupled
EL simulations and 11.7 h−1 for the EE simulations. These values are only 30.7 %
and 15.8 % larger than the value of of 10.1 h−1 for the XDR-500 at the intermediate
working volume and impeller speed of 300 L and 140 rpm with the 2 µm sparger, even
though the superficial gas velocity and volumetric sparging rate of the XDR-200 are
about 1.8 and 2.5 times higher than those of the XDR-500.

4.4.5 Selection of Operating Conditions for Cell Cultivation

Based on the maximum hydrodynamic stress no risk of the cell damage is expected up
to the highest impeller speed of 250 rpm. Since the mixing time is reduced and the
kLa increases for a higher impeller speed, 250 rpm provide better conditions for cell
culture than the lower impeller speeds of 30 rpm and 140 rpm. The range of observed
kLa values is similar to that of the XDR-200 and covers the typically required range
for cell cultivation well.
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4.5 The XcellerexTM XDR-2000

The largest of the XcellerexTM single-use bioreactors is the XcellerexTM XDR-2000,
which is a production scale-bioreactor and the largest bioreactor considered in the
present study. Cell cultivation in the XDR-2000 is the final production step when
using the XcellerexTM bioreactors. If even larger culture volumes are required, different
bioreactor systems offering larger working volumes must be used. Especially at the
very large scales above 2000 L, multi-use stainless steel bioreactors are still the norm.

4.5.1 Bioreactor Configuration

Similar to the XDR-10, the XDR-200, and the XDR-500, the XcellerexTM XDR-2000
consists of a rigid, multi-use vessel frame in which a single-use cultivation bag is placed.
In contrast to the smaller XcellerexTM bioreactors, the pitched-blade impeller has
four blades angled at 40° relative to the cylindrical base, see Fig. 4.61. Similar to
the XDR-200 and the XDR-500, the impeller is fixed onto a rigid plastic plate at the
bottom of the single-use bag at a position 15◦ off-center to the central vessel axis.
However, the distance between the impeller blades and vessel bottom is increased
through an additional intermediate part that connects the cylindrical base mounted
on the bottom plate and the upper cylindrical part on which the impeller blades are
fixed shown in Fig. 4.61. The XDR-2000 has a curved bottom and a vessel diameter
dV of 1.22 m. The impeller diameter dimp is 42 cm. Analogous to the XDR-10, the
XDR-200, and the XDR-500 the impeller is driven by magnetic coupling and rotated in
the anti-clockwise direction. Similar to the XDR-200 and the XDR-500, the XDR-2000
can be purchased with different sparger options [145]. In the present study, the 20 µm
sparger consisting of eight microporous disks integrated into the plastic plate below
the impeller and all connected to a shared inlet tube is considered. Similar to the
XDR-10, the XDR-200, and the XDR-500, the sparger openings are integrated into
the plastic plate on which the impeller is fixed. Six of the gray sintered disks are
visible in Fig. 4.61, while two are hidden behind the cylindrical base of the impeller.
Furthermore, a variant of the single-use bag with a T-shaped drilled hole sparger like
for the XDR-200 and the XDR-500 is also available.

Figure 4.61: Impellers of the XcellerexTM XDR-2000
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Table 4.8: Operating conditions for the EE simulations of the XDR-2000.

Condition Impeller speed n Working volume V Sparging rate Q Sparger type
# [rpm] [L] [L min−1]
1 25 1200 13.5 20 µm
2 65 1200 13.5 20 µm
3 105 1200 13.5 20 µm
4 65 400 13.5 20 µm
5 65 2000 13.5 20 µm
6 65 1200 2.0 20 µm
7 65 1200 25.0 20 µm

4.5.2 Operating Conditions

The considered operating conditions are selected in a similar manner as described for
the CR3, the XDR-10, and the XDR-200 in sections 4.1.2, 4.2.2, and 4.3.2 and cover
changes in the impeller speed, the working volume, and the sparging rate. The selected
operating conditions for the EE simulations are summarized in Tab. 4.8. The selected
impeller speeds are 25 rpm, 65 rpm, and 105 rpm. The supplier specified minimum
and maximum working volume of 400 L and 2000 L, and the intermediate value of
1200 L are considered. The low, intermediate and high sparging rates are 2.0 L min−1,
13.5 L min−1, and 25.0 L min−1. Condition #4 with the intermediate impeller speed,
working volume, and sparging rate of 65 rpm, 1200 L and 13.5 L min−1 is the base
case.

In the one-way coupled EL simulations, the gas hold-up and volumetric oxygen
mass transfer coefficient are evaluated for all conditions in Tab. 4.3 and an extended

Table 4.9: Operating conditions for the one-way coupled EL simulations of the XDR-
2000.

Condition Impeller speed n Working volume V
# [rpm] [L]
1 25 40
2 65 40
3 105 40
4 25 120
5 65 120
6 105 120
7 25 200
8 65 200
9 105 200
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set of simulation conditions summarized in Tab. 4.4 is used to characterize the liquid
flow. This set of conditions consists of all possible combinations of the three levels
of working volume and the three levels of impeller speed. The selection of operating
conditions for the one-way coupled EL simulations is again analogous to that of the
CR3, the XDR-10, and the XDR-200.

4.5.3 Grid Independence Study

Similar to the XDR-200, the exact configuration of the vessel bottom is not known and
a dished shaped bottom is considered for the one-way coupled EL simulations, while a
elliptical bottom is considered for the EE simulations. Also in this case the position
of the impeller differs by 4 cm in the radial direction. The initial grid study does not
consider the T-sparger, which can be used for CO2-stripping. When it is later added to
the bioreactor configuration for the EE simulations, the change in the average velocity
was less than 0.1 %.

For the one-way coupled EL simulations, the same grid structure as for the CR3,
the XDR-10 and the XDR-200 is used, with higher refinement for the rotating reference

(a) One-way coupled EL, 400 L working volume. Left to right: 0.6x106, 1.0x106, and 2.3x106

grid cells.

(b) EE, complete bioreactor. Left to right: 1.5x106, 2.3x106, and 3.0x106 grid cells.

Figure 4.62: Computational grids for the one-way coupled EL and EE simulations of
the XDR-2000 considered in the grid study. The rotating reference frame region is
highlighted in blue.
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frame region is used. The grids for the one-way coupled EL simulations for the working
volume of 400 L are shown in Fig. 4.62a. The intermediate grid with 1.0x106 cells is
selected based on less than 1 % deviation of the average liquid velocity magnitude to
that of the finest considered grid with 2.3x106 cells. The corresponding grid sizes for
1200 L and 2000 L volume are 1.6x106 and 2.1x106 grid cells, respectively.

For the EE simulations, a similar grid structure as for the XDR-200 is used, which
has a higher refinement in the lower part of the vessel corresponding to a working
volume of almost 600 L, see Fig. 4.62. The boundary of the rotating reference frame
region is considered with additional refinement compared to the surrounding grdi in
the lower part of the XDR-2000. The grid with 2.3x106 cells is selected based on less
than 0.5 % deviation of the average liquid velocity magnitude to the finest considered
grid with 3.0x106 cells.

4.5.4 Process Characterization

The flow structure and the bubble dispersion, which are the basis of all further process
characteristics, are presented first. Then the effect of the operating conditions on
the cell culture relevant process characteristics is analyzed. Finally, the range of
investigated operating conditions is discussed from the perspective of selecting optimal
conditions for cell cultivation.

Liquid Flow Field and Bubble Dispersion

Figures 4.63a and 4.63b show the liquid velocity for the base case (V = 1200 L,
n = 65 rpm, Q = 13.5 L min−1) for the one-way coupled EL and the EE approach,
respectively. The impeller is rotating in the up-pumping anti-clockwise direction and
the flow is dominated by this rotational motion, similar to the bioreactors presented
above. The flow structure is similar to that of the XDR-200 and the XDR-500 with a
large recirculation zone in the upper part of the vessel, where the liquid moves up along
the vessel wall and flows down close to the center of the vessel. In agreement with the
observations made for the XDR-200 and the XDR-500, the center of the down-flow
region is also the center of the rotating motion of the liquid and its horizontal position
changes with the liquid height. One major difference of the XDR-200 and the XDR-500
compared to the XDR-2000 is the increased distance between the impeller blades and
the bottom of the vessel. This allows for more recirculation directly below the impeller
blades but its effect is limited to the bottom part of the bioreactor. A higher impeller
speed results in a higher liquid velocity and a higher working volume increases the
vertical extent of the upper recirculation zone, similar to the bioreactors presented
above. However, at the minimum working volume, see Figs. 4.63c and 4.63d, the liquid
height is too small for the upper recirculation zone to develop. Instead, the liquid is
pushed upwards and outwards from the impeller region and the back flow towards
the impeller interferes with the flow coming from the impeller. This results in a low
velocity zone in the bottom part of the vessel on the side opposite to the impeller. For
the one-way coupled EL approach, this further changes the simulated flow profile from
the radial pumping profile observed at 1200 L in Fig. 4.63a to an axial pumping profile
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(a) One-way coupled EL for 1200 L (b) EE for 1200 L

(c) One-way coupled EL for 400 L (d) EE for 400 L

Liquid velocity magnitude |ul| [m s−1]

Figure 4.63: Liquid flow for the intermediate impeller speed of 65 rpm for 1200 L (top)
and 400 L (bottom) working volume at a sparging rate of13.5 L min−1 in the x-z-plane
through the center of the XDR-2000. Arrows indicate the direction of the x-z-velocity.

in Fig. 4.63a, where the flow is pushed up-ward by the impeller and drawn back in from
the bottom of the vessel. In the EE simulations, the radial profile observed at 1200 L
is also maintained at 400 L. This is caused by the differences in the considered shape
of the vessel bottom, where the slightly larger liquid height for the elliptical bottom
allows to accommodate liquid back-flow from the vessel wall opposite the impeller both
from the top and the bottom in two radial recirculation zones.

The rotating motion of the liquid flow also impacts the bubble dispersion. In
Fig. 4.64, the region in which the bubbles are rising is indicates by bubble positions and
the 1 % gas volume fraction iso-surface for the one-way coupled EL and EE simulations,
respectively, for different impeller speeds at a working volume of 1200 L and a sparging
rate of 13.5 L min−1. In Figs. 4.64a-c the diameter of the spheres indicating the bubble
positions is ten times larger then the actual bubble diameter to improve their visibility.
Similar to the spargers of the XDR-200 and the XDR-500, the eight opening connected
to the shared inlet are evenly distributed around the cylindrical base of the impeller
and the rising bubbles interact with all four impeller blades simultaneously. At the
lowest impeller speed of 25 rpm, shown in Figs. 4.64a and 4.64d, the liquid velocity is
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(a) One-way coupled EL for
25 rpm

(b) One-way coupled EL for
65 rpm

(c) One-way coupled EL for
105 rpm

(d) EE for 25 rpm (e) EE for 65 rpm (f) EE for 105 rpm

Figure 4.64: Bubble positions and 1 % gas volume fraction for the one-way coupled
EL (top) and the EE simulations (bottom), respectively, for impeller speeds of 25 rpm,
65 rpm, and 105 rpm for V = 1200 L and Q = 13.5 L min−1. The bubbles are shown
three times larger than their actual size to improve visibility.

too small to disperse the bubbles horizontally and they rise around the inner parts of
the impeller blades. Above the impeller, the bubbles move in a relatively straight line
towards the liquid surface. The inclination of this rise path slightly differs between the
one-way coupled EL and EE simulations but the overall structure is very similar. At
the intermediate impeller speed of 65 rpm, Figs. 4.64b and 4.64e, the bubble dispersion
is stronger and the bubbles are pushed from the inner part to the outer edges of
the impeller blades. Their rise path above the impeller is strongly inclined in the
anti-clockwise direction. At the maximum impeller speed of 105 rpm, Figs. 4.64c and
4.64f, the bubble are dispersed even better and show a spiraling rise path similar to
those observed for the XDR-10, the XDR-200, and the XDR-500.
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Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing

The increase in the average liquid velocity for higher impeller speeds can be seen in
Fig. 4.65a. The effect of the working volume on the average velocity at the intermediate
impeller speed of 65 rpm is shown in Fig. 4.65b. In contrast to the CR3 and the
XDR-10, the average liquid velocity for the minimum working volume is smaller than
for the intermediate working volume. In the case of the one-way coupled EL simulations,
the average velocity for the minimum working volume is even smaller than that for the
maximum working volume. This lower average velocity is caused by the different flow
structures and the low velocity region at the vessel bottom on the side opposite to the
impeller, which is discussed above and only observed for a working volume of 400 L
(also see Fig. 4.63). In contrast to the average velocity, the average turbulence kinetic
energy not only increases with a higher impeller speed, see Fig. 4.65c, but also for a
lower working volume, see Fig. 4.65d. Analogous to the other bioreactors presented
above, the liquid flow in the in the upper part of the liquid is less turbulent than that
around the impeller and a larger working volume results in a lower average turbulence
kinetic energy. The average turbulence kinetic energy is higher for the EE simulations,
which is similar to but more pronounced than for the CR3, the XDR-10, and the
XDR-200. For the XDR-2000, this is most likely not only related to the turbulence
caused by the interaction with the dispersed bubbles but also with the overall higher
velocity at the bottom of the vessel due to the difference between the considered dish
shaped and elliptical bottom shape.

(a) Average |ul| (b) Average |ul| at 65 rpm

(c) Average k (d) Average k at 65 rpm

Figure 4.65: Average liquid velocity and average turbulence kinetic energy for impeller
speeds of 25 rpm, 65 rpm, and 105 rpm and working volumes of 400 L, 1200 L, and
2000 L for sparging with Q = 13.5 L min−1.
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(a) Volumetric power input (b) Volumetric power input at 65 rpm

(c) Mixing time (d) Mixing time

Figure 4.66: Volumetric power input P/V and mixing time for impeller speeds of
25 rpm, 65 rpm, and 105 rpm and working volumes of 400 L, 1200 L, and 2000 L, for
sparging with Q = 13.5 L min−1.

The volumetric power input for different impeller speeds are shown in Fig. 4.66a.
Figure 4.66b shows the the volumetric power input for increasing working volumes at
the intermediate impeller speed of 65 rpm. The expected reduction of the volumetric
power input for increasing working volumes and the increase of the volumetric power
input for higher impeller speeds is observed. For the one-way coupled EL simulations,
a lower volumetric power input is observed, which is especially pronounced at the
minimum working volume of 40 L. The lower volumetric power input of the one-way
coupled EL simulations is reflected in a lower power number of 0.74 compared to
0.88 for the EE simulations. The minimum and maximum values across all operating
conditions are 0.59 and 0.85 for the one-way coupled EL simulations and 0.74 and 0.96
for the EE simulations. The simulated power numbers are slightly higher but very
close to the supplier specification with a value of 0.72 [154].

Figures 4.66c and 4.66d show the mixing time across the different impeller speeds
and for the different working volumes at the intermediate impeller speed of 65 rpm,
respectively. Similar to the slightly higher volumetric power input, also slightly shorter
mixing times are observed for the EE simulations, except for the minimum working
volume of 400 L, see Fig. 4.66d. The mixing time for the lowest impeller speed of
25 rpm at the intermediate working volume is about 60 s, which is much higher than
for the smaller bioreactors. While a higher impeller speed decreases the mixing time, it
remains above 20 s for the intermediate working volume even at the highest considered
impeller speed of 105 rpm. This emphasizes that for the larger working volume of the



CHAPTER 4. CHARACTERIZATION OF THE INDIVIDUAL BIOREACTORS107

(a) Volumetric power input (b) Mixing time

(c) Average liquid velocity

Figure 4.67: Volumetric power input P/V , mixing time, and average liquid velocity for
the different sparging rates and sparger types at V = 1200 L, n = 65 rpm for sparging
rates of 2.0 L min−1, 13.5 L min−1, and 25.0 L min−1.

XDR-2000, the time needed to achieve homogeneous conditions is much longer than
for the smaller CR3, XDR-10, and XDR-200.

Figure 4.67 shows the effect of the sparging rate on the volumetric power input, the
mixing time, and the average liquid velocity for a working volume of 1200 L and an
impeller speed of 65 rpm. The one-way coupled EL results are added as the condition
without sparging, since the effect of bubbles on the liquid is neglected. Similar to the
XDR-200, the volumetric power input is slightly reduced and the mixing time is slightly
increased at a higher sparging rate. This indicates that volumetric power input of the
impeller is reduced due to the sparging and the turbulence generated by the interaction
of the bubbles is insufficient to compensate for this. However, the effect is minor and
negligible compared to the effects of the working volume and the impeller speed shown
in Figs. 4.66a, and 4.66c.

Risk of Cell Damage

Due to the long mixing times caused by the large working volume of the XDR-2000,
knowing upper limits of the impeller speed can be increased without the risk of cell
damage due to mechanical forces is even more important for the XDR-2000 than for
the smaller bioreactors presented above with shorter mixing time because of their
smaller working volume. Figures 4.68a and 4.68b show the distributions of the volume
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(a) Strain rate

(b) Hydrodynamic stress

Figure 4.68: Volume fraction distributions of the strain rate and the hydrodynamic
stress for the impeller speeds of 25 rpm, 65 rpm, and 105 rpm with V = 1200 L and
Q = 13.5 L min−1.

fractions of the strain rate and the hydrodynamic stress. Both the maximum strain
rate and the maximum hydrodynamic stress at the maximum impeller speed are lower
than at the respective maximum impeller speeds of the smaller bioreactors presented
above. The hydrodynamic stress is below the critical values given by Neunstoecklin
et al. [134] across all impeller speeds, indicating that the maximum impeller speed of
105 rpm does not indicate any risk of cell damage.

The volume fractions distributions of the strain rate and the hydrodynamic stress
in Fig. 4.68 indicate the same heterogeneous distribution of the mechanical stress that
is also observed for the smaller bioreactors presented above. For the majority of the
liquid volume the strain rate and the hydrodynamic stress are low, and for a small
volume strain rate and hydrodynamic stress are high, which is analogous to the for
all the smaller bioreactor scales presented above and the results for other bioreactors
reported in the literature [132, 23]. The maximum hydrodynamic stress found for the
one-way coupled EL simulations his higher than that for the EE simulations, despite
the higher average turbulence kinetic energy found with the EE simulations discussed
above. This is similar to the results for the XDR-200 but in contrast to the results for
the CR3 and the XDR-10.

Figs. 4.69a and 4.69b show the spatial distribution of hydrodynamic stress at the
maximum impeller speed of 105 rpm on the central cut plane of the XDR-2000 for a
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(a) One-way coupled EL (b) EE

Hydrodynamic stress [Pa]

Figure 4.69: Hydrodynamic stress on the x− z plane through the center of the XDR-
2000 for the one-way coupled EL and the EE approaches for V = 1200 L, n = 105 rpm,
and Q = 13.5 L min−1.

working volume of 1200 L at a sparging rate of 13.5 L min−1 for the one-way coupled
EL and EE simulations, respectively. The maximum hydrodynamic stress is located in
the proximity of the impeller, which is similar to the bioreactors presented above.

The average strain rate and the average hydrodynamic stress of the impeller and
the tank zone are shown in Figs. 4.70a and 4.70b, respectively. Similar to the smaller
bioreactors, the average strain rate and the average hydrodynamic stress in the impeller

(a) Impeller zone (b) Tank zone

Figure 4.70: Average strain rate and average hydrodynamic stress for the impeller
(left) and tank zone (right) of the XDR-2000 at V = 1200 L and Q = 13.5 L min−1.
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and the tank zones increase with the impeller speed. At similar impeller speeds, the
average strain in the impeller zone is again in a range that is comparable to the smaller
bioreactors and the average values of the tank zone are slightly lower than for all
smaller bioreactors including the XDR-200. The lower strain rate is in agreement with
the higher mixing times for the XDR-2000, which indicates that for the XDR-2000
with the largest working volume of all bioreactors the liquid bulk is less well agitated
and mixed by the single bottom-mounted impeller. The average hydrodynamic stress
for the EE simulations is higher than for the one-way coupled EL simulations in the
impeller zone as well as in the tank zone, despite the higher maximum hydrodynamic
stress for the one-way coupled EL simulations. This higher averages hydrodynamic
stress is in agreement with the higher average turbulence kinetic energy and is caused
by the turbulence generated by the interaction of the bubbles with the liquid.

Gas Hold-Up and Volumetric Oxygen Mass Transfer Coefficient

The third important hydrodynamic process characteristic aspect for cell cultivation is
the oxygen transfer by the disperse bubbles. The gas hold-up is the volume of bubbles
present in the liquid normalized by the total volume and is shown in Fig. 4.71. A
bubble diameter of 1.3 mm is selected, which is the same as for the XDR-200, since it
is the most similar to the XDR-2000 and experimental data for the XR-2000 is not
available. As expected, the gas hold-up increases with the sparging rate. Similar to
the XDR-200, the increase for the EE simulations is much smaller than that for the
one-way coupled EL simulations, indicating a reduction of the residence time for higher
sparging rates. In contrast to the XDR-200, the gas hold-up is found to be reduced for
a larger working volume. This corresponds to a higher average bubble rise velocity at
a lower volumetric power input, i.e., on average bubbles rise slightly faster if the upper
recirculation zone is larger and has a lower average velocity, which is similar to the
observations made for the XDR-10.

Figure 4.71: Gas hold-up for the XDR-2000 with the labels indicating how the operating
conditions deviate from the base case (V = 1200 L, n = 65 rpm, Q = 13.5 L min−1).
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(a) Effect of the sparging rate (b) Effect of the impeller speed

(c) Effect of the working volume

Figure 4.72: Impact of changes of a single operating parameter on the volumetric oxygen
mass transfer coefficient kLa for the XDR-2000 with the other operating parameters
at the intermediate value of 1200 L for the working volume, 65 rpm for the impeller
speed, and 13.5 L min−1 for the sparging rate.

For the gas hold-up found in the EE simulations, the expected increase for higher
impeller speeds is observed, which has already been presented above for the CR3, the
XDR-10, and the XDR-200. In contrast to this, the average bubble residence and
consequently obtained from the one-way coupled EL simulations, is slightly higher at
the intermediate impeller speed of 65 rpm than at the maximum impeller speed of
105 rpm. Similar results have been presented above for the intermediate and maximum
impeller speed of the XDR-500. For both the XDR-500 and the XDR-2000 this is
related to the stronger horizontal dispersion of the bubbles at the maximum impeller
speed, see Figs. 4.64c and 4.64b for the XDR-2000, due to which bubbles rise faster in
the liquid up-flow region closer to the vessel wall. That the same effect is not observed
with the EE simulations must be related to the impact of bubbles on the liquid motion.
For the the intermediate impeller speed of 65 rpm are less dispersed horizontally and
thus the bubbles are rising in a smaller region compared to the maximum impeller
speed at 105 rpm, see Figs. 4.64e and 4.64f. The smaller rise region might result in a
stronger wake acceleration similar to what has been described for bubble columns [165],
where the acceleration of the liquid by the bubbles results in a higher rise velocity of
the bubbles swarm compared to the rise velocity of a single bubble. This interpretation
also matches with the observed increasingly stronger effect of a lower gas hold-up of
the EE simulation compared to that of the one-way coupled EL simulations at the
intermediate and maximum sparging rates, see Fig. 4.71.
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The effects of the sparging rate, the impeller speed, and the working volume on the
kLa are shown in Fig. 4.72a-c, respectively. Similar to the gas hold-up and the results
for the other bioreactors presented above, the kLa increases with a higher sparging
rate, a higher impeller speed, and a lower working volume, which is found for both the
one-way coupled EL and EE simulations. The lower gas hold-up for the maximum
impeller speed of 105 rpm compared to the intermediate impeller speed of 65 rpm
observed for the one-way coupled EL simulations is compensated by the higher liquid
transfer coefficient kL at 105 rpm and consequently the kLa still increases.

4.5.5 Selection of Operating Conditions for Cell Cultivation

For the XDR-2000, the mixing times are quite high compared to the other bioreactors,
since the XDR-2000 has the largest working volume out of all. To improve the mixing as
much as possible, the impeller speed should be increased as much as possible, while still
avoiding cell damage due to mechanical forces. Since even at 105 rpm the hydrodynamic
stress is far below the critical values, the horizontal dispersion of the bubbles is better,
and the kLa is higher, the highest considered impeller speed of 105 rpm appears to be
the most favorable. The simulated kLa values are in the typical range for cell culture of
1 h−1 to 20 h−1 [18, 35] and adjusting the sparging rate through the dynamic process
control, while operating at the maximum impeller speed is expected cover the oxygen
requirements of most mammalian cell lines. Overall, the optimal operating window
of the XDR-2000 is smaller than for the CR3, the XDR-10, the XDR-200, and the
XDR-500 and focused around the maximum impeller speed of 105 rpm considered
impeller speed. With the the operating range of impeller speed of 25 rpm to 115 rpm
used in the supplier characterization [166], the capability to increase the impeller speed
much further, i.e., beyond 115 rpm appears to be limited.
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4.6 The Ambr® 250

The Ambr® 250 is a parallelized miniature stirred tank bioreactor system with a
maximum working volume of 250 mL for the individual vessels. The Ambr® 250 that
can be used for process screening [38, 15] and as a scale-down model [167, 168, 169, 53].
Analogous to the XDR-500, the hydrodynamic characterization of the Ambr® 250
through one-way coupled EL simulations is carried out with OpenFOAM [63] instead
of MixIT [64]. Christopher Maske performed the simulations of Ambr® 250 for his
Master thesis [170] at the Technical University of Munich, which was conducted in
collaboration with Daiichi-Sankyo Europe. The simulations of the Ambr® 250 have
been performed and supervised at Daiichi-Sankyo as an addition to the collaboration
that enabled the present study.

4.6.1 Bioreactor Configuration

The single-use, rigid plastic vessel of the Ambr® 250 is available in different configura-
tions with or without baffles and with either two Rushton turbine impellers or with two
pitched-blade impellers [171]. The present study considers the configuration with four
flat baffles at the walls extending over the full height of the bioreactor and with two
pitched-blade impellers, which are shown in Fig. 4.81a. Each impeller has three blades
and a diameter of 2.6 mm. The vessel has a circular cross section with a diameter
of about 6 cm, that slightly increases with the vessel height. The maximum working
volume is 250 mL for which the liquid height is 8.8 cm. A pH sensor and a sparging
tube enter the reactor from the top.

Figure 4.73: Impellers of the Ambr® 250
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Table 4.10: Operating conditions for the Ambr® 250.

Condition Impeller speed n Working volume V
# [rpm] [mL]
1 150 100
2 400 100
3 650 100
4 150 175
5 400 175
6 650 175
7 150 250
8 400 250
9 650 250

4.6.2 Operating Conditions

The investigated operating conditions consist of all possible combinations of the three
considered levels of working volume of 100 mL, 175 mL, and 250 mL and the three
considered levels of impeller speed of 150 rpm, 400 rpm, and 650 rpm. The resulting nine
different test conditions are listed in Tab. 4.10. Due to the small impeller diameter, the
tip speed at the maximum impeller speed of 650 rpm is only 0.88 m s−1 and the Reimp

is 6574. At the minimum working volume of 100 mL, only the lower impeller enters
the liquid, while the upper impeller is located in the head space. The residence time
of the bubbles is evaluated for each combination of the working volume and impeller
speed. Since the Ambr® 250 is only considered with one-way coupled Euler-Lagrange
simulations, different sparging rates do not require separate simulations and a sparging
rate of 5 mL min−1 is considered in the calculation of the volumetric oxygen mass
transfer coefficient.

4.6.3 Grid Independence Study

Similar to the bioreactors presented above, a hexahedral grid in the bulk with truncation
of the grid cells at the boundaries and increased refinement at the baffles, the impeller
shaft, and the impeller blades is created. Grids with different resolutions have been
tested and vertical and horizontal cuts of the grids are shown in Fig. 4.74. The sparging
tube and the pH sensor entering the Ambr® 250 from the top are shown in front of
the vertical cut plane to the left and the right of the impellers, respectively.

The grid with 4.6x106 cells is selected for further simulations based on less then 4 %
deviation of the average velocity magnitude, turbulence kinetic energy, and turbulence
kinetic energy dissipation rate to the finest investigated grid with 8.6x106 grid cells.
For the lower working volumes of 100 mL and 175 mL the corresponding grid consist
of 2.4x106 cells and 3.5x106 cells, respectively.
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(a) Vertical cut through the grid. Left to right: 2.3x106, 4.6x106, and 8.6x106 grid cells.

(b) Horizontal cut through the center of the lower impeller. Left to right: 2.3x106, 4.6x106,
and 8.6x106 grid cells.

Figure 4.74: Computational grids for the Ambr® 250 considered in the grid study. The
rotating reference frame regions are highlighted in blue.

4.6.4 Process Characterization

The flow structure and the bubble dispersion are presented first, followed by the
description of the effect of the operating conditions on the cell culture relevant process
characteristics.

Liquid Flow Field and Bubble Dispersion

The pitched-blade impellers of the Ambr® 250 are rotating in the up-pumping anti-
clockwise direction. The liquid flow pattern for the considered working volumes of
100 mL, 175 mL, and 250 mL at the intermediate impeller speed of 400 rpm are shown in
Fig. 4.75. The flow structure in the vertical cut plane shown in Fig. 4.75a is influenced
by the working volume. At the minimum working volume of 100 mL only the lower of
the two impellers is entering into the liquid and an axial flow pattern with up-flow in
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(a) Liquid velocity on the x-z plane through the center of the vessel. Arrows indicate the
direction of the x-z velocity.

(b) Liquid velocity in the x-y plane trough the center of the lower impeller. Arrows indicate
the direction of the x-y velocity.

Liquid velocity magnitude |ul| [m s−1]

Figure 4.75: Liquid flow field for the Ambr® 250 for the working volumes of 100 mL,
175 mL, and 250 mL (left to right) at an impeller speed of 400 rpm on (a) a vertical
cut plane and (b) a horizontal cut plane.

the center of the vessel and down-flow along the vessel wall is observed. This axial flow
pattern is different to the radial one described by Li et al. [172] for the variant of the
Ambr® 250 equipped with Rushton turbine impellers, which is in agreement with the
expectations for the respective impeller types [20]. For 175 mL volume, there is also
up-flow in the center and down-flow along the vessel wall, however, between the two
impellers, there is also flow from the vessel wall towards the impellers disturbing the
axial flow pattern. The same observation is made for the maximum working volume of
250 mL. The distance between the upper impeller for the intermediate and maximum
working volume of 175 mL and 250 rpm, and for the minimum working volume of
100 mL the lower impeller, which is the only one entering the liquid, and the liquid
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(a) Bubble diameter 1.00 mm (b) Bubble diameter 3.59 mm

Figure 4.76: Bubble dispersion inside the Ambr® 250 for different bubble diameters at
a working volume of 175 mL and an impeller speed of 400 rpm.

surface also has an effect on the liquid flow pattern. At 100 mL and 175 mL the
distance between the liquid surface and the lower and upper impeller, respectively,
is relatively small. Thus, the recirculation zone from above the impeller towards the
center of the vessel is constrained to a small region directly above the impeller. For
250 mL, a larger recirculation zone than for the lower working volumes is formed by the
up-flow from the impeller eject stream towards and along the vessel wall and down-flow
from the liquid surface towards the center of the vessel.

The flow structure in the horizontal cut plane in Fig. 4.75b shows the expected
dominant anti-clockwise motion of the liquid following the impellers’ rotational motion.
Behind the baffles small recirculation zones are formed. The flow pattern in the
horizontal direction is quite similar for the different working volumes.

Gas is sparged into the Ambr® 250 from the single opening of the sparging pipe
below the lower impeller. An initial bubble diameter of 3.59 mm is expected, based on
the correlation of Jamialahmadi et al. [173]
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of the sparger orifice, where us, σ, and µl are superficial velocity at the sparger, the
surface tension and the dynamic viscosity of the liquid. However, the bubbles are rising
directly past the impeller blades, where the turbulence is high and bubble break up is
likely. The correlation by Calderbank et al. [174]
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can be used to calculate the average bubble diameter based on the balance of break-up
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and coalescence of the bubbles in the liquid and approaches a value of about 1 mm for
low gas volume fractions and a high volumetric power input. Bubble positions for both
diameters are shown in Fig. 4.76. The bubbles rise from the sparger towards the center
of the lower impeller and further along the stirrer rod in the center of the vessel. There
is some slight horizontal dispersion of the bubbles around the impellers but with little
liquid motion in radial direction the majority of the bubbles remains close to the center
of the vessel. This pattern is very similar for both of the considered bubble diameters.

Liquid Velocity, Turbulence, Volumetric Power Input, and Mixing Time

The average liquid velocity of the Ambr® 250 for the different impeller speeds is shown
in Fig. 4.77a and increases with the impeller speed. From 175 mL to 250 mL the
average liquid velocity decreases for the larger volume as expected. For the working
volumes of 100 mL (black triangles) and 175 mL (blue triangles), the liquid velocity
is very similar because additional liquid agitation is provided by the second impeller,
which is only submerged at 175 mL. The turbulence kinetic energy also increases with
the impeller speed and decreases for higher working volumes as shown in Fig. 4.77b.
This is in agreement to the observations made for the other bioreactors and in contrast

(a) Average liquid velocity (b) Average turbulence kinetic energy

(c) Volumetric power input (d) Mixing time

Figure 4.77: Average liquid velocity, average turbulence kinetic energy, volumetric
power input P/V , and mixing time for the considered impeller speeds of 150 rpm,
400 rpm, and 650 rpm and working volumes of 100 mL, 175 mL, and 250 mL.
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to the average velocity, the difference between the results for 100 mL and 175 mL is
comparable to that between 175 mL and 250 mL.

Similar to the average velocity and the average turbulence kinetic energy, stronger
agitation also leads to an increase in the volumetric power input, while a larger volume
results in a decrease of the volumetric power input, which is shown in Fig. 4.77c. For a
working volume of 100 mL, where only the lower impeller is submerged in the liquid,
the average of the simulated power numbers for the different impeller speeds is 1.53
with a minimum value of 1.45 and maximum value 1.57. For the combination of both
impellers for working volumes of 175 mL and 250 mL, the average power number
across the considered operating conditions is 2.13 with a minimum value of 1.73 and
maximum value 2.39, which is higher than for the single impeller but less than twice
that of the single impeller. This is in agreement with observations reviewed by You
et al. [175], who report that the power number of multiple impeller systems is less
than the sum of power numbers of the individual impellers, if the impeller spacing is
less than 1.5 dimp as is the case for Ambr® 250 . The simulated power numbers are
higher than the supplier specified value of 1.34 reported by Xu et al. [169]. Similar to
the bioreactors presented above, the mixing time increases for lower impeller speeds.
In contrast to the bioreactors presented above, the longest mixing time is found for
the intermediate working volume of 175 mL, while for the largest volume of 250 mL
it is shorter than for both 175 mL and 100 mL. This can only be explained by the
differences in the liquid flow field, however, the exact reasons are difficult to identify.
Most likely, the additional recirculation zone above the upper impeller at 250 mL
working volume discussed previously improves the distribution of the tracer across the
reactor cross-section and speeds up the mixing process.

Risk of Cell Damage

The volume fraction distribution of the strain rate and the hydrodynamic stress are
shown in Fig. 4.78. The maximum strain rate is much higher than for the other
considered bioreactor scales, even though the tip speed of 0.88 m s−1 for the highest
considered impeller speed of 650 rpm is lower than for the larger bioreactors. The
maximum hydrodynamic stress is similar or lower than that of the other presented
bioreactor scales and does not indicate a risk of cell damage. The simulated maximum
values of 4 Pa at 400 rpm and 8 Pa at 650 rpm of the present study for the configuration
with two pitched-blade impellers are slightly lower than the experimental values of
5.4 Pa at 400 rpm and 13.8 Pa at 613 rpm for the configuration with two Rushton
turbine impellers reported by Šrom et al. [38]. This indicates that the pitched-blade
impellers provide slightly lower hydrodynamic stress.

As for all other bioreactors, the average strain rate and hydrodynamic stress increase
with the impeller speed both for the impeller zone(s) and the tank zone. Similar to the
maximum strain rate, the average strain rate of the Ambr® 250 is much higher than
for all larger bioreactors, both in the impeller zone and in the tank zone, whereas the
average hydrodynamic stress is comparable. This suggests that the impeller average
strain rate proposed by Li et al. [23] as part of the criteria for cell culture scale-up,
might not be applicable to the very small scale of the Ambr® 250. Based on the the
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(a) Strain rate

(b) Hydrodynamic stress

Figure 4.78: Volume fraction distributions of the strain rate and the hydrodynamic
stress for the intermediate working volume of 175 mL and the impeller speeds of
150 rpm, 400 rpm, and 650 rpm.

Hydrodynamic stress [Pa]

Figure 4.79: Hydrodynamic stress in the x-z plane through the center of the Ambr® 250
for the intermediate working volume of 175 mL and the highest impeller speed of
650 rpm.
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Figure 4.80: Impeller (red) and tank (blue) zones in the x-z plane through the center
of the Ambr® 250 for the intermediate working volume of 175 mL.

maximum hydrodynamic stress limits by reported by Neunstoecklin et al. [47] no cell
damage is expected. Figure 4.79 shows the hydrodynamic stress on a vertical cut plane
through the center of the Ambr® 250. Similar to the other bioreactors presented above,
the hydrodynamic stress is highest at the edges of the impeller blade. Intermediate
values of hydrodynamic stress are observed in the high velocity region around and
between the impellers and around the baffles, while low values are observed in the
remaining liquid.

The average strain rate and hydrodynamic stress for the impeller and the tank zone
are shown in Figs. 4.81a and 4.81b. The impeller zone in this case corresponds to the
average of the two zones each centered on the respective impeller with a diameter of
1.2 dimp, which is the same as for all other bioreactors. Due to the larger height of the
impeller, the height of the impeller zone is increased from 0.33 dimp to 0.75 dimp, which
corresponds to the height used by Li et al. [23] for ‘Elephant Ear’ impellers. The zones

(a) Impeller zone (b) Tank zone

Figure 4.81: Average strain rate (triangles) and average hydrodynamic stress (squares)
for the impeller (left) and tank zone (right) of the Ambr® 250 for the intermediate
working volume of 175 mL and the speeds of 150 rpm, 400 rpm, and 650 rpm.
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are indicated on a vertical cut thought the center of the vessel in Fig. 4.80 with the
impeller and tank zones shown in red and blue, respectively.

Bubble Residence Time and Volumetric Oxygen Mass Transfer Coefficient

The effect of the impeller speed on the average bubble residence time tr,avg and the
volumetric oxygen mass transfer coefficient kLa is shown for the intermediate working
volume of 175 mL in Figs. 4.82a and 4.82b. Overall, the impact of the impeller speed
on tr,avg is minor, which is caused by the small liquid height and the lack of horizontal
dispersion of the bubbles. For both considered bubble diameters, tr,avg is slightly
reduced for the increase in impeller speed from 150 rpm to 400 rpm but tr,avg for
650 rpm is longer than for 400 rpm. In contrast to tr,avg, the kLa increase with the
impeller speed due to the higher kL at a higher impeller speed. The increase in kLa is
more pronounced for the smaller bubble diameter of 1.00 mm but also observed for
3.59 mm.

The effect of the working volume on tr,avg and kLa is shown for the intermediate
impeller speed of 400 rpm in Figs. 4.82c and 4.82d. Due to the increased liquid height,
the tr,avg increases for a larger working volume for both of the considered bubble
diameters, whereas the volumetric oxygen mass transfer coefficient shows only slight
variation for the different working volumes. Xu et al. [169] report a kLa of 1.5 h−1

(a) tr,avg for 175 mL (b) kLa for 175 mL

(c) tr,avg for 400 rpm (d) kLa for 400 rpm

Figure 4.82: Bubble residence time and kLa at the intermediate working volume of
175 mL (top) and at the intermediate impeller speed of 400 rpm (bottom). The kLa is
calculated for a sparging rate of 5 mL min−1. The bubble diameters of 1.00 mm and
3.59 mm are indicated by triangles and diamonds, respectively.
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for a working volume of 200 mL and an impeller speed of 350 rpm with a submerged
sparging of 5 mL min−1. For the most similar condition of the present study with a
working volume of 175 mL and an impeller speed of 400 rpm the simulated kLa values
are 0.98 h−1 for a bubble diameter of 1.00 mm and 0.14 h−1 for a bubble diameter
of 3.59 mm. The comparison of the kLa values indicates that a bubble diameter of
1.00 mm or less should be expected in the Ambr® 250.

4.6.5 Selection of Operating Conditions for Cell Cultivation

Based on the present characterization results on the hydrodynamic stress and the cell
culture results reported by Šrom et al. [38], no cell damage is expected up to the highest
considered impeller speed of 650 rpm. Despite the small volume, the mixing times of
the Ambr® 250 are comparable to those of the CR3 and the XDR-10 and are reduced
by increasing the impeller speed. The simulated kLa values for the Ambr® 250 are
lower than those for other bioreactors considered in the present study, which is related
to the use of the open pipe sparger instead of a microporous spargers. Both for the
kLa and the mixing time, the highest considered impeller speed of 650 rpm provides
the best conditions.
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5. Selection of Operating Conditions

for Scale-Up

So far, the presented results were focused on the characterization of the individual
bioreactors and the selection of optimal operating conditions for each of them. This
section is now focused on comparing the characterization results of the XR3, the XDR-
10, the XDR-200, and the XDR-2000 to obtain a comprehensive picture on how a cell
culture process developed with the CR3 can be scaled-up. In essence, the three process
goals of fast mixing, low mechanical stress (to avoid damage to the cultivated cells),
and sufficient oxygen transfer that have been discussed for the individual bioreactors
are also guiding the selection of the operating conditions for scale-up. However, the
ease or the difficulty with which suitable cultivation conditions can be achieved changes
between the bioreactors due to their different sizes and configurations. The quantitative
data on the hydrodynamic characteristics collected in the previous chapters is used to
evaluate the scale-up of a cell culture process using the investigated bioreactors.

As has been summarized in section 1.2 different scale-up criteria can be found in
the literature but no universal scale-up strategy has been identified so far. The points
below summarize the general findings on the effect of the operating parameters on
the cell culture relevant process characteristics for the individual bioreactors. This
evaluation forms the basis for how the different operating parameters are prioritized
during scale-up:

Working volume

• major impact on the mixing

• minor impact on the kLa

• no effect on the risk of cell damage due to mechanical force

• must be maximized for a optimal final product amount

Impeller speed

• major impact on the mixing

• major impact on the kLa

• major impact on the risk of cell damage due to mechanical force
125
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• must balance the contradicting goals of fast mixing and low mechanical force

Sparging strategy

• minor impact on the mixing

• sparger type and sparging rate need to be considered in combination

• major impact on the kLa

• minor impact on the risk of cell damage due to mechanical force

• must match the oxygen mass transfer to the changing cell culture requirements

The working volume has a strong impact on the economic aspects of the cell
cultivation, since the total product amount depends on the final volume and the final
product concentration of the last cultivation step. As is evident from Eq. (4.4), a
lower working volume will only increase the total product amount if the final product
concentration strongly increases. For example, operating at half the maximum volume
will only result in a higher final product amount, if the product concentration is more
than doubled. While the working volume is usually not a parameter used for process
optimization, it is important to be aware that the volumetric power input and the liquid
height are affected by the working volume. In line with the observations described in
the previous chapters and the established empirical correlations [20, 13, 46], this means
that the working volume has an impact on both mixing and kLa. The further evaluation
of the operating parameters focuses on the impeller speed and the sparging strategy,
while the working volume is fixed to the intermediate level, which is representative of
the early and intermediate stages of fed-batch cultivations.

The observation of a higher impeller speed, which also corresponds to a higher
volumetric power input, improving the mixing and the oxygen transfer but at the same
time increasing the hydrodynamic stress are in agreement to the results and empirical
correlations reported in the literature [20, 13, 44, 23, 46]. Since the impeller speed has
a major impact on all hydrodynamic characteristics relevant for cell culture, whereas
the sparging strategy mainly impacts the oxygen transfer, the selection of the impeller
speed is considered before the sparging strategy. For the selection of the impeller speed,
a constant volumetric power input across different scales is one of the most commonly
used criteria [20, 51, 41]. However, Xing et al. [29] report issues with inhomogeneities
and reduced kLa when scaling up form 5 L to 5000 L even when using a four times
higher volumetric power input. Yang et al. [26] evaluate the impeller tip speed, as well
as the shear rate at the impeller tip, the circulation time, and the mixing time obtained
from empirical correlations as potential criteria for selecting the impeller speed to
scale-up a cell culture process from 3 L to 2500 L. However, due to impractically low
or high values of the impeller speed obtained for these criteria Yang et al. [26] use a
constant impeller speed of 65 rpm for all larger scales, i.e., 75 L, 300 L, and 2500 L,
and 50 rpm for the 3 L scale in their cell culture experiments. Neunstoecklin et al. [30]
successfully verified that the maximum hydrodynamic stress limits derived from a 3 L
testing equipment [47] explained the growth and metabolite profiles observed for a



CHAPTER 5. SELECTION OF OPERATING CONDITIONS FOR SCALE-UP127

cultivation of Sp2/0 cells in a 300 L bioreactor. Li et al. [23] report the successful
scale-up from 7.5 L to 1000 L of a cell culture process with Spodoptera frugiperda
Sf9 insect cells based on a three-dimensional space of the average strain rate within
the impeller zone, the tank zone, and the complete liquid.

Once the impeller speed is fixed, the sparging rate and sparger type as well as
the composition of the sparged gas can be optimized with minimal impact on the
mixing and the mechanical forces in the liquid. The opposite approach of fixing the
sparging rate for example based on the volumetric sparging rate and then adjusting
the impeller speed to adjust the has also been reported for scaled-up studies with focus
on controlling the dissolved carbon dioxide concentration [41, 53]. Before providing a
case study on the scale-up, the impact of the different bioreactor scales investigated in
the present study on the mixing time, the average hydrodynamic stress as well as the
average strain rate of the impeller zone, and the kLa are summarized.

5.1 Impact of the Bioreactor Scale

This chapter summarizes how the three important process aspects of the mixing, the
risk of cell damage due to mechanical force, and the oxygen mass transfer change for
different bioreactor scales.

Figure 5.1 shows the mixing time across the different impeller speeds for the
intermediate working volumes of 1.7 L, 7.0 L, 120 L, and 1,200 L as well as the
intermediate sparging rates of 0.05 L min−1, 0.25 L min−1, 5.0 L min−1, and 13.5 L min−1

for the CR3, XDR-10, XDR-200, and XDR-2000, respectively. Similar to the longer
mixing times at a larger working volume observed for the individual bioreactors as
described in Sects. 4.1.4, 4.2.4, 4.3.4, and 4.5.4, the mixing time also increases for a
larger bioreactor scale. At the same time, the mixing time at each scale depends on
the impeller speed, allowing to control the mixing time within a certain range.

Figure 5.1a shows the mixing times across the considered impeller speeds. At a
similar impeller speed, the mixing times for the XDR-200 and XDR-2000 are clearly

(a) tm over n (b) tm over P/V

Figure 5.1: Mixing times tm for different impeller speeds n and volumetric power inputs
P/V .
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higher than for the CR3 and XDR-10 for which the mixing times are similar. Based
on empirical correlations [20, 150], the mixing time for geometrically similar stirred
tank reactors increases for larger reactor scales if the volumetric power input is kept
constant. Consequently, to maintain a constant mixing time, a higher volumetric power
input is required for larger bioreactors scales. Moreover, for a constant bioreactor
volume and power input, a larger impeller diameter to vessel diameter ratio dimp/dV
results in faster mixing. However, Greenfield [176] reported that at a given volume for
a constant volumetric power input and size ratio the mixing time is independent of the
impeller type. The volumetric power input can be obtained from the power number
and the impeller diameter [20] as

P/V =
NPρln

3d5imp

V
(5.1)

and is calculated throughout Sect. 5 according to the supplier specified power numbers
of 0.3, 1.5, 1.15, and 0.72 for the CR3, XDR-10, XDR-200, and XDR-2000, respectively,
since this would be the information typically at hand for the operator of the bioreactor.
The simulated volumetric power input slightly deviates from the supplier specification
as described in the previous chapter. The volume used to determine the P/V is the
intermediate working volume, because this is the volume for which the mixing times
have been evaluated.

Figure 5.1b shows the mixing times for the corresponding values of the volumetric
power input. The increasing mixing times for larger bioreactor scales found in the
present study is in agreement with the effects reported in the literature, which are
discussed in the previous paragraph even though geometric similarity is not maintained.
The data in Fig. 5.1b indicates that the similar mixing times for CR3 and XDR-10
are not only related to the smaller differences in bioreactor sizes and working volumes
compared to the XDR-200 or XDR-2000, but also to the higher volumetric power
input for the XDR-10 compared to the CR3. A higher volumetric power input is
required, even though the XDR-10 has a slightly larger dimp/dV of 0.67 compared to
0.56 for the CR3. For the XDR-200 and the XDR-2000 with dimp/dV of 0.39 and 0.34,
respectively, the difference in size to the CR3 is even larger and the mixing times are
even higher than for the CR3 and the XDR-10. Consequently, the volumetric power
input must be increased even further to achieve the mixing times similar to those of
the CR3. In summary, a constant mixing time can only be achieved, if the difference
in the size of the considered bioreactors is small or if extremely high and low values
of impeller speed and volumetric power input are used for the large and small scales,
respectively. Accordingly, the mixing time is a parameter that is strongly affected by
the bioreactor scale and may be difficult to use as a scale-up criterion. Furthermore,
while mixing is considered important for scale-up [24, 31, 13] for mammalian cells with
lower cell densities and metabolic rates, issues due to insufficient mixing are related to
fluctuations of the nutrient concentration and the pH caused by the addition of feed
and base solutions. These issues can (at least partially) be addressed by other means
such as adjusting the concentration of the added solutions, adjusting the time intervals
of the addition, or changing the location of the addition.



CHAPTER 5. SELECTION OF OPERATING CONDITIONS FOR SCALE-UP129

In addition to the mixing, the risk of cell damage due to mechanical forces is another
important aspect that strongly depends on the impeller speed. Various parameters
can be found in the literature [12, 74, 13, 23] to quantify the mechanical force acting
on the cultivated cells including the maximum or average energy dissipation rate, the
Kolmogorov length scale, the strain rate, the shear stress, and the hydrodynamic stress.
As discussed in Sect. 4.1.4, the present study focuses on the hydrodynamic stress and
the strain rate. In the present study, the reported maximum hydrodynamic stress
is the upper limit of the highest bin of the volume fraction distributions reported in
Sects. 4.1.4, 4.2.4, 4.3.4, and 4.5.4. In Fig. 5.2a the maximum hydrodynamic stress is
plotted against the impeller tip speed utip = πdimpn, since utip is the parameter typically
used in empirical correlations to calculate the maximum stress [44]. In agreement to
the literature [74, 30, 44], an increase of the maximum hydrodynamic stress with the
impeller tip speed can be observed. In Fig. 5.2b the average strain rate of the impeller
zone is also plotted over of the impeller tip speed. In agreement to the results of Li
et al. [23], the average strain rate of the impeller zone increases with the impeller tip
speed. The CR3 has the smallest impeller diameter and consequently, the range of

(a) τl,max over utip (b) γimp over utip

(c) τl,max over n (d) γimp over n

Figure 5.2: Maximum hydrodynamic stress τl,max and average strain rate of the impeller
zone γimp for the different impeller speeds n and impeller tip speeds utip. Connecting
lines are added to better indicate the individual data series.
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the impeller tip speed is smaller than for the larger bioreactors with larger impeller
diameters. The opposite is the case when the impeller speed in revolutions per minute
(rpm) is considered where the considered range of the impeller speed for the XDR-2000
is the smallest. The maximum hydrodynamic stress and the average strain rate of the
impeller zone are directly plotted against the impeller speed in Figs. 5.2c and 5.2d. The
ranges of the observed maximum hydrodynamic stress show a larger overlap for the CR3
and the XDR-2000, with an even wider range covered by the two intermediate scales,
the XDR-10 and the XDR-200. The impeller average strain rate of the XDR-2000 is
slightly lower than of the CR3, the XDR-10, and the XDR-200. While at all scales
the maximum hydrodynamic stress and the impeller zone average strain rate increase
with the impeller speed as well as the impeller tip speed, the results shown in Fig. 5.2
indicate different slopes and the need to be fit separate correlations for each of the
considered bioreactors. Consequently, while a constant maximum hydrodynamic stress
or average strain rate of the impeller zone can likely be maintained during scale-up, they
first must be evaluated for each of the considered bioreactors and cannot substituted
by a comparison of the impeller speeds or tip speeds.

The third important process aspect for cell culture is the oxygen mass transfer. The
amount of oxygen needed during the cultivation increases with the number of cells and
an insufficient maximum oxygen transfer results in a reduced maximum cell density.
The kLa depends on the agitation by the impeller and the sparging rate. The two
options for a scale independent representation of the sparging rate are the volumetric
sparging rate QV = Q/V and the superficial gas velocity us = 4Q/(πd2V), which are
the sparging rate divided by the working volume and the cross-sectional area of the
bioreactor, respectively. Figures 5.3a and 5.3b summarize the kLa for the different
bioreactor scales at the intermediate working volume of 1.7 L, 7.0 L, 120 L, and 1,200 L
and impeller speeds of 100 rpm, 100 rpm, 120 rpm, and 65 rpm, for the CR3, the
XDR-10, the XDR-200, and the XDR-2000, respectively. The selected conditions

(a) kLa over QV (b) kLa over us

Figure 5.3: kLa for the considered volumetric sparging rates QV and superficial gas
velocities us. Connecting lines are added to better indicate the individual data series.
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with the intermediate working volumes and impeller speeds correspond to different
volumetric power inputs of 2.1 W m−1, 48.7 W m−3, 36.4 W m−3, and 10 W m−3 for the
CR3, the XDR-10, the XDR-200, and the XDR-2000, respectively. A higher volumetric
power input is expected to provide a better kLa if the same specific interface area is
achieved due to a higher liquid transfer coefficient and thus the results for the different
bioreactors cannot be compared directly. The expectation of a higher kLa for a higher
volumetric power input at a similar superficial gas velocity in Fig. 5.3b, matches with
the observations for the one-way EL simulations across all considered superficial gas
velocities. For the EE simulations, this is only correct for low superficial gas velocities,
while at values of 1.9x10−4 m s−1 or higher the kLa does not increase linearly for the
XDR-10 and the XDR-2000 and consequently the observed kLa values are lower. A
diminishing increase of kLa for high sparging rates or superficial gas velocities is in
agreement with experimental observations for the XDR-10 and have been discussed
in the Sect. 4.2.4. For the considered operating conditions, the observed maximum
kLa values is lowest for the smallest considered bioreactor, the CR3. Consequently,
no problems with achieving the required kLa for the XDR-10, the XDR-200, or the
XDR-2000 are expected. For all considered bioreactors, microporous spargers are used,
which generate smaller bubbles since they provide a larger number of orifices with a
smaller size than drilled hole or open pipe spargers. As a consequence, for the same
sparging rate, microporous spargers provide higher kLa values than drilled hole or open
pipe spargers.

While the present section provided an overview how the relevant process aspects
are affected by the bioreactor scale, the next section focuses on the selection of the
operating conditions for the scale-up from the CR3 to the XDR-10, the XDR-200 and
the XDR-2000.

5.2 Selection of the Impeller Speed for Scale-Up

During scale-up, the impeller speed must balance two competing goals: avoiding cell
damage by mechanical stress and achieving fast homogenization of solutes in the liquid.
A qualitative depiction of this goals is provided by Fig. 5.4, where the mechanical stress
is represented by the average strain rate of the impeller zone and the homogenization
is represented by the mixing time. The optimal case is fast mixing at low mechanical
stress, which is indicated by the green region in the bottom left corner. For high
values of the mixing time, which are associated with low impeller speeds, and for high
values of mechanical stress, which are associated with high impeller speeds, reduced cell
growth, cell viability and productivity must be expected. The results for the different
bioreactors considered in the present study already indicate that smaller bioreactors
like the CR3 and XDR-10 (triangles and circles in Fig. 5.4) are closer to the optimal
process conditions than the XDR-200 and XDR-2000 (diamonds and squares).

The difficulties with providing hard quantitative limits into this qualitative analysis
stem from two sources: on the one hand, the negative effects of sub-optimal mixing
on the cell growth and productivity increase gradually and data on cell line specific
tolerances mechanical stress is sparse [47, 38]. On the other hand, quantitative
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Figure 5.4: Average strain rates of the impeller zone and associated mixing times.

data on spatially resolved stress criteria and the maximum stress as well as the
mixing time require a characterization of each of the considered bioreactors through
simulations or experiments. While empirical correlation exist to calculate relevant
process characteristics based on the operating conditions, the coefficients of these
correlations need to be fitted to the characterization results of each individual bioreactor
and are not universally applicable. In the present study, the impeller speed for the
larger bioreactor scales is selected through the following three steps:

1. Identify a correlation for the selected scale-up criterion with the impeller speed

2. Identify the target value or range for the selected scale-up criterion

3. Use the identified correlation to determine the required impeller speed for match-
ing the target range

These steps can be applied to all potential scale-up criteria that mainly depend on the
impeller speed, i.e., the mechanical stress in the impeller region or the mixing time for
a fixed volume. Since different scale-up criteria might provide deviating results, keeping
the maximum mechanical stress below the maximum limit is selected as the primary
goal and fast mixing as the secondary goal. Satisfying the oxygen requirements of the
cultivated cell lines is equally important and corresponds to maintaining a constant kLa
across the scales. The kLa can be controlled through an appropriate sparging strategy
after the impeller speed has been selected and is discussed separately.

5.2.1 Correlations for the Potential Scale-Up Criteria

There are two general options for obtaining the correlations between the operating
conditions and the scale-up criteria: one approach is to apply a design of experiments
type of analysis to identify correlations without any prior knowledge on which kind of
correlations is expected. Another option is to take empirical correlations established



CHAPTER 5. SELECTION OF OPERATING CONDITIONS FOR SCALE-UP133

in the literature [20, 44, 46, 23] and fit the coefficients to the characterization results
of the newly investigated bioreactors. The second approach requires less data than a
design of experiments study, since the number of values must only be as high as the
number of the coefficients that need to be fitted. However, the accuracy and reliability
of the fitted coefficients increases with the number of values used. In the present study,
the second approach is taken and the parameters are fitted by minimizing the sum
of the squared errors in MATLAB [144] using the fminsearchf function, which is an
implementation of the Nelder-Mead Simplex algorithm [177].

The scale-up criteria considered by Neunstoecklin et al. [30] and Li et al. [23] are
the maximum hydrodynamic stress and the average strain rate of the impeller zone,
respectively. These two are selected in the present study as the two potential scale-up
criteria that represent the mechanical stress on the cells suspended in the liquid. The
hydrodynamic stress is derived from the turbulence energy dissipation rate and thus
depends on the accuracy of the turbulence model, while the latter is derived from the
velocity gradients of the Reynolds averaged velocities. The reported linear correlations
of the maximum shear rate γl,max with the impeller speed n in the review by Chisti [44]
and the average strain rate of the impeller zone γimp with the impeller tip speed found
by Li et al. [23] are the basis for selecting a linear correlation type for the τl,max and
γimp in the present study. The impeller speed n is related to the impeller tip speed
utip through utip = πdimpn and in the present study fitted coefficients for the impeller
speed are reported. Accordingly, correlations for both τl,max and γimp are fitted as
linear functions of n as per Eqs. 5.2 and 5.3

τl,max = kτ n (5.2)

γimp = kγimp
n (5.3)

where kτ and kγimp
are the respective model coefficients. The values of the fitted

coefficients, the RMSE, and the R2 values for the respective bioreactors and modeling

Table 5.1: Fitted coefficients, Root Mean Square Error (RMSE), and R2 values for
Eq. (5.2) and Eq. (5.3).

Bioreactor Modeling approach Fit for Eq. (5.2) Fit for Eq. (5.3)
kτ RMSE R2 kγimp

RMSE R2

CR3
one-way EL 0.0287 0.35 0.9972 0.2067 1.20 0.9994

EE 0.0500 0.71 0.9950 0.1698 1.78 0.9998

XDR-10
one-way EL 0.0246 0.28 0.9961 0.2080 3.47 0.9992

EE 0.0584 2.59 0.9035 0.1952 0.93 0.9997

XDR-200
one-way EL 0.0627 0.65 0.9988 0.3575 3.29 0.9972

EE 0.0490 1.32 0.9334 0.2720 0.33 0.9997

XDR-2000
one-way EL 0.0791 0.77 0.9423 0.2027 1.94 0.9660

EE 0.0724 0.48 0.9643 0.1962 1.56 0.9820
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Figure 5.5: Average strain rate of the tank zone and corresponding mixing times.

approaches are reported in Tab. 5.1. Especially for the maximum hydrodynamic stress
of the CR3 and the XDR-10, there is strong deviation in the obtained coefficients for
the maximum hydrodynamic stress, which is also evident in Fig. 5.2c. This is caused
by the effect of the bubble motion on the liquid turbulence, which has been described
in sections 4.1.4 and 4.2.4.

The mixing time and average strain rate of the tank zone are considered as potential
scale-up criteria, that represent hydrodynamic characteristics of the complete working
volume. As discussed in Sect. 4.1.4, the mixing time tm ∝ (P/V )−1/3 [20, 13], which
through the definition of the power number corresponds to a correlation with the
inverse of the impeller speed tm ∝ n−1. Consequently, the model parameter ktm is fitted
to provide a linear correlation of the tm with n−1 according to Eq. (5.4). The values
of the fitted coefficients and the R2 values for the different bioreactors and modeling
approaches are reported in Tab. 5.2. In addition to tm, the average strain rate of the
tank zone γtank, which has been reported by Li et al. [23] in combination with γimp as
a second required scale-up criterion, is also considered.

tm = ktm n−1 (5.4)

γtank = kγtank n (5.5)

The value of γtank represents how well the liquid bulk is agitated by the impeller.
When plotting the mixing time and the strain rate of the considered operating conditions
against each other, a comparable γtank is observed to correspond to a similar tm across
all considered bioreactor scales, irrespective of the modeling approach, as indicated by
the blue region in Fig. 5.5. Thus, γtank is selected as a second scale-up criterion that
could potentially substitute tm. Similar to γimp, the linear correlation of γtank with utip

reported by Li et al. [23] is the basis for selecting a linear correlation as per Eq. (5.5).
The fitted coefficients for γtank for the different bioreactors and modeling approaches
and the corresponding R2 values are also reported in Tab. 5.2.
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Table 5.2: Fitted coefficients, RMSE, and R2 values for Eq. (5.4) and Eq. (5.5).

Bioreactor Modeling approach Fit for Eq. (5.4) Fit for Eq. (5.5)
ktm RMSE R2 kγtank RMSE R2

CR3
one-way EL 875.2 2.57 0.9892 0.0760 0.14 0.9997

EE 1173.3 0.80 0.9935 0.0737 0.70 0.9883

XDR-10
one-way EL 713.3 3.85 0.9703 0.0682 1.33 0.9969

EE 883.7 1.78 0.9941 0.0820 1.77 0.9784

XDR-200
one-way EL 1259.0 7.35 0.9959 0.0449 0.16 0.9999

EE 1009.5 4.85 0.9669 0.0355 0.41 0.9853

XDR-2000
one-way EL 1751.4 9.50 0.9882 0.0307 0.01 0.9998

EE 1678.8 6.34 0.9960 0.0239 0.09 0.9927

Figures 5.6 and 5.7 provide a visualization of the different fitted correlations for
the four considered scale-up criteria, where the symbols indicate the simulation results

(a) Maximum hydrodynamic stress (b) Average strain rate of the impeller zone

(c) Mixing time (d) Average strain rate of the tank zone

Figure 5.6: Correlations for the investigated scale-up criteria with the impeller speed n
based on the one-way EL simulations, with the lines and the symbols indicating the
results obtained from the correlations and the simulation, respectively.
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(a) Maximum hydrodynamic stress (b) Average strain rate of the impeller zone

(c) Mixing time (d) Average strain rate of the tank zone

Figure 5.7: Correlations for the investigated scale-up criteria with the impeller speed n
based on the EE simulations with with the lines and the symbols indicating the results
obtained from the correlations and the simulation, respectively.

used to fit the coefficients. To improve visibility, only the one-way EL results are shown
in Fig. 5.6 and the identical representation for the EE simulations can be found in
Fig. 5.7. Identical slopes of the fitted correlations indicate that a constant impeller
speed would provide the same value for the respective scale-up criterion. The largest
difference between the modeling approaches is found for τl,max, where the one-way EL
simulations predict lower values than the EE simulations, since they neglect the effect
of the bubbles on the liquid motion, which has been discussed in the previous sections.

Figs. 5.6c and 5.7c show that while the R2 values for Eq. (5.4) in Tab. 5.2 are
reasonably high, i.e., larger than 0.9, the correlation systematically under-predicts the
mixing time for the maximum impeller speeds and over-predicts the mixing time for
the minimum impeller speeds. To improve the correlation provided by Eq. (5.4), a
second coefficient is introduced for adjusting the exponent as described by Eq. (5.6).

tm = k1,tm nk2,tm (5.6)

The resulting fitted coefficients and R2 values are summarized in Tab. 5.3, where
the increased R2 values compared to Tab. 5.4 indicate an improved fit for Eq. (5.6)
compared to Eq. (5.4). The highest deviation of the fitted exponent k2,tm to the fixed
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Table 5.3: Fitted coefficients, RMSE, and R2 values for Eq. (5.6).

Bioreactor Modeling approach Fit for Eq. (5.6)
k1,tm k2,tm RMSE R2

CR3
one-way EL 116.0 -0.5113 0.01 0.9999

EE 1905.7 -1.1187 0.49 0.9968

XDR-10
one-way EL 62.6 -0.3750 0.02 0.9999

EE 330.3 -0.745 1.03 0.9792

XDR-200
one-way EL 211.6 -0.5010 0.02 0.9999

EE 230.0 -0.5847 1.22 0.9832

XDR-2000
one-way EL 401.3 -0.5723 0.77 0.9975

EE 548.7 -0.6871 0.35 0.9995

value of ‘-1’ in Eq. (5.4) is observed for the one-way EL simulations of the XDR-10.
Figure 5.8a shows the two correlations and the simulation results for the considered
impeller speeds, where the improved agreement of Eq. (5.6) especially for the lowest
impeller speed is evident. In Fig. 5.8b, the correlations are directly compared with
the simulations results. Both fitted correlations show a linear relationship with the
simulation results and reasonably high R2 values, meaning that in both cases changes in
the mixing time are well explained by changes of the value predicted by the correlation.
However, if the correlation perfectly predicts the simulated mixing times the data
points in Fig. 5.8b should be on the unity line, which has a slope of ‘1’ and a y-intercept
of ‘0’. Only the results of Eq. (5.6) comes close to this expectation. This indicates
that though the mixing time has an hyperbolic relationship with the impeller speed,
an exponent deviating from the literature reported value of ‘-1’ better explains the
present results. This might be caused by the deviation of the bioreactor configurations

(a) Simulated and correlation based tm over n (b) Correlation based tm over simulated tm

Figure 5.8: Comparison of the simulated mixing times tm with the fitted correlations
according to Eqs. (5.4) and (5.6) for the one-way EL simulations of the XDR-10.
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investigated in the present study from the standard configuration of a baffled vessel
with one or more centered impellers.

5.2.2 Selection of the Impeller Speed for Different Scale-Up

Criteria

If the relevant scale-up criteria can be fitted by linear correlations with the impeller
speed n as described in the previous section, the ratio of the coefficients provides a
multiplication factor to calculate the n for the targeted bioreactor scale from that of
the initial bioreactor. This scale-up factor lumps the effects of the changes of the sizes
and configurations of the respective bioreactors into a single value that is specific to
the considered initial and target bioreactors. With further characterization data for
other bioreactors to compute the required coefficients, this approach would be easily to
extended to additional bioreactors.

Table 5.4 summarizes the scale-up factors for the n with the CR3 as the initial
bioreactor and the larger bioreactor scales, i.e. the XDR-10, XDR-200, and XDR-2000,
as the target scales. For the maximum hydrodynamic stress τl,max and the average
strain rate of the impeller zone γimp, which represent the mechanical stress in the
bioreactor, the highest scale-up factor is 1.17, while nine out of twelve scale-up factors
are smaller than one. Consequently, these two scale-up criteria both indicate that the
n must be kept constant or reduced for the larger bioreactors. The deviations in the
scale-up factors for the different modeling approaches range from 0.4 to 0.55 for τl,max

and 0.05 to 0.15 for γimp. The lower deviation for γimp suggests that it might be a
more robust criterion for the selection of n, since it is less sensitive to the treatment of
the disperse phase. The difference in the scale-up factors required for the two different
scale-up criteria ranges from 0.12 to 0.66 for the one-way EL simulations and 0.01
to 0.40 for the EE simulations. This indicates that while τl,max and γimp are both
representations of the risk of cell damage, they cannot be used interchangeably. Both

Table 5.4: Scale-up factors for scaling-up the impeller speed n CR3 to that of the
respective bioreactor according to the selected scale-up criterion.

Scale-up criterion Modeling approach Scale-up factors for the
XDR-10 XDR-200 XDR-2000

τl,max
one-way EL 1.17 0.46 0.36

EE 0.86 1.02 0.69

γimp

one-way EL 0.99 0.58 1.02
EE 0.87 0.62 0.87

tm
one-way EL 0.82 1.44 2.00

EE 0.75 0.86 1.43

γtank

one-way EL 1.11 1.69 2.48
EE 0.90 2.08 3.08
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Table 5.5: Scale-up factors for the impeller tip speed utip for scaling-up from the CR3
to the respective bioreactor according to the selected scale-up criterion.

Scale-up criterion Modeling approach Scale-up factor
XDR-10 XDR-200 XDR-2000

τl,max
one-way EL 2.11 1.30 2.00

EE 1.55 2.90 3.81

γimp

one-way EL 1.79 1.64 5.62
EE 1.57 1.77 4.77

tm
one-way EL 1.47 4.09 11.04

EE 0.75 0.86 1.43

γtank

one-way EL 2.01 4.81 13.65
EE 1.62 5.90 17.00

are successfully applied in the respective studies that report them [30, 23] and their
relative importance cannot be determined without cell culture experiments that allow
for a direct comparison.

The impeller tip speed utip has also been reported as a scale-up criterion [20]. To
compare utip to the scale-up criteria of the present study, scale-up factors for utip for
maintaining a constant τl,max or γimp are summarized in Tab. 5.5. If the scale-up criteria
of the present study were equivalent to utip the scale-up factors would be one. However,
all scale-up factors for τl,max and γimp are larger than one, meaning that based on the
present analysis utip should be increased during scale-up. This is in agreement with
the simulations of Li et al. [23], who found that different bioreactors require different
coefficients to correlate the maximum and average strain rates with utip. For the same
impeller type and a constant utip, Li et al. [23] observed a decrease in the maximum and
average strain rates for the larger bioreactor scales. In agreement with the results of Li.
et al. [23], in the present study the coefficients for the larger XDR-2000 are smaller
than for the XDR-200, which is equipped with a similar off-centered, pitched-blade
impeller with a smaller diameter. This emphasizes that using a constant tip speed
as a scale-up criterion might limit the impeller speed to values that are lower than
necessary. Moreover, operating below the limits provided by the mechanical stress,
potentially exacerbates homogenization issues at larger scales.

Similar to the τl,max and γimp, the correlations for the mixing time tm and the
average strain rate of the tank zone γtank with n−1 and n, respectively, can also provide
scale-up factors for n and utip. The resulting scale-up factors are reported in Tabs. 5.4
and 5.5. However, as discussed previously, the linear correlation of the mixing time
with n−1 does not provide as good a fit as Eq. (5.6), which allows for adjustment of
the exponent. The scale-up factors based on Eq. (5.4) are provided and discussed here
for the sake of completeness, but for all further considerations of the tm as a scale-up
criterion, the n is selected by solving Eq. (5.6).

For the XDR-10, the scale-up factors based on tm and γtank are similar to those
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obtained for τl,max or γimp and range from 0.75 to 1.17 for the n. This suggests that
n can be kept constant or even be reduced slightly when scaling-up from the CR3 to
the XDR-10. Furthermore, maintaining all the considered scale-up criteria in a similar
range is relatively easy for the small difference in scales between the CR3 and the
XDR-10.

However, when scaling from the CR3 to the two larger bioreactors, the XDR-200 and
the XDR-2000, a higher n and utip are needed to achieve the same γtank for the larger
bioreactor scales. The same is found for tm for the XDR-2000. For the XDR-200, the
one-way EL simulations indicate that n must be increased, whereas the EE simulations
suggest a slight reduction of n. This is caused by the deviation of the mixing times
predicted by Eq. (5.4) from the simulation results and is not confirmed when using
Eq. (5.6) instead. The need for a higher n at larger scales to achieve the same γtank and
tm is in direct conflict with the requirement of a constant or a smaller n for a constant
τl,max or γimp. This emphasizes the challenge of correctly selecting and balancing the
scale-up criteria, when the differences between the considered bioreactor scales are
large. The scale-up factors for scaling-up from the XDR-10, or the XDR-200 can be
obtained by dividing the scale-up factor for scaling-up from the CR3 to the larger
bioreactor by that for scaling up to the smaller bioreactor. For scaling-up from the
XDR-10 or the XDR-200 the same qualitative observations for the selection of the
impeller speed as for scaling-up form the CR3 are made, with the exception that for
scaling up from the XDR-10 to the XDR-200 based on the maximum hydrodynamic
stress based on the EE simulations the impeller speed has to be increased and that for
scaling-up from the XDR-200 to the XDR-2000 based on the average strain rate of the
impeller zone the impeller speed also has to be increased based on both the one-way
coupled EL and the EE simulations.

5.2.3 Case Study on the Scale-Up of the Impeller Speed

To provide a more concrete case study on scale-up than the scale-up factors discussed
so far, a fixed operating range for the CR3 is selected. In Sect. 4.1.4, no restrictions on
the investigated impeller speeds of 50 rpm to 250 rpm based on the maximum tolerable
hydrodynamic stress for CHO and Sp2/0 cells reported by Neunstoecklin et al. [47] are
found. The limits for the impeller zone average strain rate identified by Li et al. [23] for
Sf9 cells are exceeded for all impeller speeds. Consequently, according to these studies
all impeller speeds are either equally well- or ill-suited for cell cultivation. Instead, cell
culture results for a CHO cell line expressing a monoclonal antibody provided by Yuichi
Aki from Daiichi-Sankyo Co., Ltd., Japan are used to identify the operating range for
the CR3. The viable cell density and the product titer observed during the cultivation
time of 14 days are shown in Fig. 5.9. The two cultivation runs at 100 rpm and the one
at 150 rpm show slightly higher cell density during the time course of the cultivation,
see Fig. 5.9a, and slightly higher product titer on the final cultivation day, see Fig. 5.9b
than the run at 50 rpm. This results indicate that impeller speeds of 100 rpm and
150 rpm provide slightly better process conditions than 50 rpm. Accordingly, the
operating range of the impeller speed for the CR3 is selected as 100 rpm to 150 rpm,
however, even higher impeller speeds, which have not been investigated, might also be



CHAPTER 5. SELECTION OF OPERATING CONDITIONS FOR SCALE-UP141

(a) Viable cell density (b) Antibody titer

Figure 5.9: Viable cell density and antibody titer for different impeller speeds with
the CR3. Repetitions of cell culture experiments at the same operating are shown
individually and distinguished from each other through different line styles and by
numbering as different “Run”.

able to provide suitable cell culture conditions.

The selected operating range for the CR3 is used to identify the target ranges
for the different scale-up criteria. These target ranges as well as the range of the
impeller speed n, the volumetric power input P/V , and the impeller tip speed utip are
summarized in Tab. 5.6. The values of the maximum hydrodynamic stress τl,max, the
average strain rate of the impeller zone γimp, the mixing time tm, and he average strain
rate of the tank zone γtank are obtained from Eqs. (5.2), (5.3), (5.5), and (5.6).

After the target ranges of the scale-up criteria have been identified based on the

Table 5.6: Operating range for the CR3 and corresponding target ranges for the
considered scale-up criteria.

Parameter Data source Bound 1 Bound 2
Impeller speed n [rpm] 100 150

Impeller tip speed utip [m s−1] 0.4 0.6
Volumetric power input∗ P/V [W m−3] Supplier NP 2.1 7.1
Maximum hydrodynamic

τl,max [Pa]
one-way EL 2.9 4.3

stress∗ EE 5.0 7.5
Average strain rate

γimp [s−1]
one-way EL 20.7 31.0

of the impeller zone∗ EE 17.0 25.5

Mixing time∗ tm [s]
one-way EL 11.0 8.9

EE 11.0 7.0
Average strain rate

γtank [s−1]
one-way EL 7.6 11.4

of the tank zone∗ EE 7.4 11.1
∗ evaluated for the intermediate working volume of 1.7 L
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(a) XDR-10, one-way EL simulations (b) XDR-10, EE simulations

(c) XDR-200, one-way EL simulations (d) XDR-200, EE simulations

(e) XDR-2000, one-way EL simulations (f) XDR-2000, EE simulations

Figure 5.10: Impeller speed ranges for the XDR-10, the XDR-200, and the XDR-2000
to fulfill the different scale-up criteria listed in Tab. 5.6.
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cell cultivation results of the small scale, the impeller speed range of each of the larger
bioreactors can be selected to match these target ranges. Fig. 5.10 provides a visual
representation of the impeller speeds required to meet the different scale-up criteria,
with their values listed in Tab. 5.6. Due to the observed differences of the simulation
results between the one-way EL and the EE approaches and the derived coefficients,
the results of these two modeling approaches are presented separately, on the left hand
side and right hand side of Fig. 5.10, respectively. The different rows of subfigures
correspond to the considered bioreactors and are colored blue, red and green for the
XDR-10, XDR-200, and XDR-2000, respectively. The volumetric power input P/V
and the impeller tip speed utip are classical scale-up parameters for scale-up between
geometrically similar bioreactors and are added to compare them to the other scale-up
criteria based on the present characterization results. The black bar indicates the
operating range of the impeller speed selected for the CR3, and the impeller speed
range considered in the characterization simulations is indicated by ntested.

The first step during experimental scale-up or the seed train is the transfer of
the cultivation from the CR3 to the XDR-10. For this relatively small difference
in bioreactor scales there is overlap between the impeller speeds required to match
the four considered scale-up criteria, see Figs. 5.10a and 5.10b. Impeller speeds of
118 rpm to 149 rpm and 96 rpm to 128 rpm for the one-way EL and EE approach,
respectively. Accordingly, all four scale-up criteria, i.e., γtank, tm, γimp, and τl,max can
be kept within the ranges given in Tab. 5.6. The target ranges for the impeller speed
of the XDR-10 are incidentally quite close to just maintaining a constant impeller
speed. The classical scale-up criteria for geometrically similar bioreactors, P/V and
utip, indicate much lower impeller speeds of 36 rpm to 53 rpm and 55 rpm to 83 rpm,
respectively. This would result in slower mixing and consequently is expected to have
a negative impact on the cell culture performance. The observed discrepancy between
the classical scale-up criteria and the present characterization based scale-up criteria
clearly shows that even for small differences in the bioreactor scale, scale-up between
geometrically dissimilar bioreactors requires quantitative data on the hydrodynamic
characteristics. Since the scale-up criteria representing the mechanical forces, τl,max

and γimp, and those representing the mixing, γtank and tm, are both met simultaneously,
no issues are expected during scale-up.

The available characterization results also allow for a direct scale-up from the CR3
to the XDR-200 and the XDR-2000. However, the increased liquid volumes result in a
strongly increased tm and a lower γtank. Consequently, the impeller speeds required
to match these two criteria lie at the upper end of the investigated impeller speed
range for the XDR-200 and more than 100 rpm beyond the investigated impeller speed
for the XDR-2000. The scale-up criteria that consider the mechanical stress in the
liquid, τl,max and γimp, require a reduction of the impeller speed well below the values
required by γtank and tm. As the primary goal in the present study has been defined as
keeping the hydrodynamic stress levels below the selected critical values, the impeller
speed limits for the γtank and tm take precedence over those obtained for γtank and tm.
However, a decreased cell culture performance due to slower mixing cannot be ruled
out. As mentioned earlier, the maximum impeller speed selected for the CR3 may not
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be at the upper limit of the tolerable mechanical stress but due to the lack of further
evidence an increase beyond the current level is not considered.

For the XDR-200, the evaluation based on the one-way EL results in Fig. 5.10c
indicates that impeller speeds of 58 rpm to 69 rpm allow to keep both γtank and tm
within the selected range. For results based on the EE simulations, the impeller speed
ranges required to keep γtank and tm constant, shown in Fig. 5.10d do not overlap. In
this case, there are two options, either the lower of the two upper limits is taken in
an conservative estimate of the maximum tolerable impeller speed, or the relevance of
both criteria has to be decided. Considering how τl,max and γimp are obtained, γimp is
considered to be the more robust and thus the more relevant scale-up criterion because
of the following reasons:

1. γimp represents a larger volume of the bioreactor than τl,max

2. in the simulations γimp is obtained from the Reynolds average velocity, which
is less sensitive to the grid resolution than the turbulence energy dissipation
rate [129], and thus can be expected to provide more robust results than τl,max

when coarse computational grids are used

3. the agreement between the one-way EL and EE simulations is better for γimp

indicating that γimp is less sensitive to the modeling of the disperse phase

For the XDR-200, both using the lower of the two different limits for the impeller
speed or selecting γimp as the more relevant criterion result in the same outcome. The
required impeller speed range is 63 rpm to 94 rpm for matching γimp to the target
range. As the mixing in the XDR-200 is slower than for the CR3, the upper bound of
this range, i.e., 94 rpm appears to be the optimal scale-up condition.

Based on the one-way EL for the XDR-2000, see Fig. 5.10e, the impeller speed
range to maintain a constant τl,max is significantly lower than that for a constant γimp.
For the same reasons as discussed for the XDR-200, γimp is considered to be the more
relevant criterion. The corresponding impeller speed range is 102 rpm to 153 rpm,
which exceeds the maximum impeller speed of 105 rpm. Based on the EE simulations,
an impeller speed range of 87 rpm to 104 rpm allows to keep both the τl,max and γimp

in the target range, see Fig. 5.10f. Based on γimp, impeller speeds up to 130 rpm would
be suitable, which similar to the one-way EL results are already beyond the tested
operating range with a maximum impeller speed of 105 rpm. Based on the slow mixing
and the impeller speed ranges required to achieve a value of γimp within the target
range, 105 rpm appears the optimal impeller speed within the considered operating
range for the XDR-2000.

The next section considers how a constant kLa can be achieved for scale-up across
all considered bioreactor scales. Both the impeller speed and the sparging strategy
impact the kLa. To select a sparging strategy for the scale-up of the kLa, fixed impeller
speeds of 150 rpm, 130 rpm, 94 rpm, and 105 rpm are selected. These correspond to a
constant γimp based on the EE results for the CR3, XDR-10, and XDR-200, and the
upper limit of the investigated operating range for the XDR-2000, respectively. The
considered target range of γimp might be smaller than necessary, and its upper limit
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and the corresponding upper limits of the impeller speeds could be further explored
by additional cell cultivation runs. However, for the XDR-2000 the resulting impeller
speed range is already close to the upper limit of 115 rpm suggested by the supplier
characterization [166]. Consequently, an increased upper limit for γimp would not affect
the selection of the impeller speed for the XDR-2000 due to the limitations of the
equipment.

5.3 Oxygen Transfer during Scale-Up

As described in the previous sections, the kLa depends on the working volume, the
impeller speed, and the sparging rate. Similar to the selection of the impeller speed, the
working volume is considered to be fixed to the intermediate level for the evaluation of
the kLa. The Van’t Riet equation [46] is a well established empirical correlation [32, 20]
to capture the effect of the impeller speed and the sparging rate on the kLa:

kLa = C1 (P/V )C2 uC3

s (5.7)

where changes in the impeller speed are reflected by the volumetric power input P/V
and changes in the sparging rate are captured through the superficial gas velocity us,
which is the sparing rate normalized by the cross-sectional area of bioreactor. Similar to
the previous section on the scale-up of the impeller speed, this established correlation is
used to fit the coefficients for each of the considered bioreactors and the two modeling
approaches are considered separately. The fitted coefficients are summarized in Tab. 5.7.

The linear coefficient C1 is known to show large variation [46] and is not discussed
further. The exponents of the volumetric power input C2 ranges from 0.149 to 0.499,
which is on the lower end of the values reported in literature [46, 132], where the
typical range is given as 0.4 to 1. This indicates that the volumetric power input

Table 5.7: Fitted coefficients, RMSE, and R2 values for the Van’t Riet equation given
in Eq. (5.7).

Bioreactor Modeling approach Fit Eq. (5.7)
C1 C2 C3 RMSE R2

CR3
one-way EL 16268.4 0.499 0.921 2.24 0.997

EE 33694.9 0.187 0.958 0.79 0.888

XDR-10
one-way EL 341268.8 0.159 1.216 1.22 0.985

EE 104.3 0.227 0.337 0.78 0.994

XDR-200
one-way EL 9969.2 0.287 0.958 9.61 0.999

EE 458.6 0.200 0.537 5.30 0.980

XDR-2000
one-way EL 57278.9 0.260 1.085 0.91 0.980

EE 333.2 0.149 0.479 0.85 0.908
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has a lower impact on the kLa of the considered bioreactors than is typical for other
bioreactor types. This is likely caused by the microporous spargers with which all of
the bioreactors are equipped and which generate small bubbles without the need for
bubble break-up through the impeller and the liquid turbulence [174]. Thus, the effect
of the P/V on the bubble size is strongly reduced and its impact on the kLa is mainly
related to its effect on kL and the bubble residence time, while the bubbles size mainly
depends on the initial size of the bubbles generated at the microporous sparger.

The exponent for the superficial gas velocity differs for the two considered modeling
approaches. For the one-way EL simulations C3 ranges from 0.921 to 1.216 and is close
to 1, which corresponds to the linear correlation of the gas hold-up and consequently
the kLa with the sparging rate defined by Eq. (2.35). For the EE approach, which
can capture changes in the bubble residence for different sparging rates, the values
for C3 range from 0.337-0.958 and are in better agreement to the experimental results
discussed in Sects. 4.1.4, 4.2.4, 4.3.4 and the range of 0 < C3 < 0.7 reported by Van’t
Riet [46]. This again shows that one-way EL simulations are likely over-predict the
kLa at higher sparging rates.

If the impeller speed is fixed, the kLa can be identified as a function of the superficial
gas velocity. Figure 5.11 shows the kLa at different the superficial gas velocity us for
the different bioreactors. The mentioned deviations in C3 for the one-way EL and EE
simulations, are clearly reflected in the differences in the slopes of the one-way EL and
EE results. For the further discussion on the scale-up of the kLa and the selection of the
sparging rate, only the EE results are used because of the consistency with the previous
selection of the impeller speeds and the higher accuracy of the simulated kLa values
at high sparging rates. For the selected impeller speeds, similar kLa values can easily
be achieved for the CR3, XDR-200, and XDR-2000 up to a superficial gas velocity of
1x10−4 m s−1, which corresponds to sparging rates of 0.09 L min−1, 1.48 L min−1 and
7.01 L min−1. For the XDR-10, even higher kLa values are observed for this range of
superficial gas velocities. Accordingly, a kLa value comparable to or larger than that of
the CR3 can easily be achieved during scale-up.

During cell cultivation the oxygen requirements of the cultivated cell line increase
with the cell density. For this reason, the sparging rate is dynamically controlled to
maintain a constant oxygen saturation in the liquid by the process control unit. For the
CHO cell line considered in the previous section for the selection of the impeller speed,
intermittent sparging strategy with a sparging rate of 50 mL min−1 is used for the CR3.
For the intermittent sparging strategy the gas flow is switched on and off depending
on the dissolved oxygen tension being below or above the set-point. This means that
the oxygen requirements of this considered cell line can be achieved at a sparging rate
below 50 mL min−1. The corresponding sparging rates for the larger bioreactors to
match the kLa found for the CR3 at 50 mL min−1 are 0.11 L min−1, 0.84 L min−1,
and 4.0 L min−1 for the XDR-10, XDR-200, and the XDR-2000, respectively. These
are the upper limits of the expected sparging rates for each of the larger bioreactor
scales and indicate that the same kLa can be achieved across the different bioreactor
scales. The next section presents cell culture results that test the present results on the
operating conditions for scaling-up from the considered CR3 cultivation at 150 rpm to
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Figure 5.11: The kLa based on the fit to the Van’t Riet equation for the CR3, XDR-10,
XDR-200, and XDR-2000 at the respective intermediate working volumes of 1.7 L,
7.0 L, 120 L, and 1200 L and the respective impeller speeds of 150 rpm, 130 rpm,
94 rpm, and 105 rpm selected in Sect. 5.2.

the XDR-10 and XDR-200.

5.4 Cell Culture Results for the Scale-Up

In addition to the already presented cell culture results, two cultivation runs for the
larger biroeactor scales, one with the XDR-10 and one with the XDR-200 at an impeller
speeds of 130 rpm and 94 rpm, respectively, have been performed by Yuichi Aki from
Daiichi-Sankyo Co., Ltd., Japan. Moreover, three cultivation runs with the CR3 at
150 rpm and one at 50 rpm have been performed with the same cell bank and media
lots. Figure 5.12 compares the viable cell density of these cultivation runs with each
other and to the CR3 cultivation results for 50 rpm and 150 rpm of the initial runs.
The initial CR3 results from Fig. 5.9 are indicated by open triangles, the new results
are indicated by filled triangles (Run 2 to 4) with the different line styles indicating
the different runs. The XDR-10 and XDR-200 cultivations are indicated by circles and
diamonds, respectively.

The different viable cell densities are shown in Fig. 5.12a and the product titer
is shown in Fig. 5.12b. There is a clear difference between the initial data for the
CR3 and the new results, with a higher viable cell density and product titer for the
initial runs at the respective impeller speeds. These deviations are unrelated to the
hydrodynamic conditions and are likely caused by the different cell bank or media lots.
When considering the initial and the new cultivation runs separately, a clear effect of
the hydrodynamic conditions is found with a lower viable cell density and reduced
product titer for the lower impeller speed of 50 rpm. The two scale-up runs for the
XDR-10 and XDR-200, which are executed with the same cell bank and media lots
as the new cultivation runs, have as similar maximum cell density and product titer
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as the new 150 rpm runs for the CR3. The XDR-10 cultivation has a slightly longer
lag-phase with a delayed exponential growth phase, the reasons for which are unknown,
but achieves a similar maximum viable cell density on day 10 and almost the same
maximum product titer on day 14, confirming that the selected operating condition
can successfully be used for scale-up. The XDR-200 shows a very similar exponential
growth as the CR3 runs at 150 rpm with a slightly lower cell density on day 10. The
final product titer on day 14 is almost identical to that of the CR3, also indicating
successful scale-up.

These results support that the proposed scale-up strategy of selecting the impeller
speed in order to achieve the same average strain rate in the impeller zone could
successfully be applied for the scale-up between the considered geometrically dissimilar
single-use bioreactors, the CR3, the XDR-10, and the XDR-200. Even though, for
the XDR-200 the mixing time is higher and the tank zone average strain rate is
lower than for the CR3 no negative impact on the final product titer is observed. In
summary, the average strain rate in the impeller zone, which is also part of the scale-up
strategy proposed by Li et al. [23] for Sf9 cells, is successfully used with the present
simulation data for the scale-up of a CHO cell cultivation. However, different process
ranges for the average strain rate in the impeller zone than those proposed by Li et
al. [23] are identified for the present bioreactors and cell lines, and in contrast to the
study by Li et al. [23] the same average strain rate of the tank zone could not be
maintained for the XDR-200. This might be related to the fact that Li et al. [23]
considered bioreactors with two impellers for working volume of 90 L and more. The
impeller speeds selected for the present scale-up study do not correspond to the classic
scale-up criteria of a constant tip speed or volumetric power input, as is evident from
Tab. 5.8. The cell culture results discussed here suggest that a constant P/V or utip

as scale-up criteria might limit the impeller speed to lower values than required for a
successful scale-up. This emphasizes the increased insight gained by hydrodynamic

(a) Viable cell density (b) Antibody titer

Figure 5.12: Viable cell density and antibody titer for the considered scale-up strategy.
Repetitions of cell culture experiments at the same operating are shown individually
and distinguished from each other through different line styles and by numbering as
different “Run”.
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Table 5.8: Impeller speed, tip speed and volumetric power input for the impeller speeds
selected for scale-up.

Parameter CR3 XDR-10 XDR-200 XDR-2000
n [rpm] 150 130 94 105
utip [m s−1] 0.6 0.9 1.1 2.3
P/V ∗ [W m−3] 7.1 102.5 19.2 42.4

∗ for the intermediate working volumes of 1.7 L, 7.0 L, 120 L, and 1200 L, respectively

characterization studies that, in contrast to the P/V or utip, capture the combined
effect of the operating condition and the bioreactor configuration on the cell culture
relevant process characteristics. While the present verification of the implemented
scale-up strategy is based on the cultivation of CHO cells, the presented operating
conditions can be used for any cell line that can be successfully cultivated with the CR3
at 150 rpm. With the microporous spargers available for the considered bioreactors,
the same maximum kLa as for the CR3 can be achieved for the XDR-10, XDR-200,
and XDR-2000.

5.5 Carbon Dioxide Transfer during Scale-Up

Another process aspect that must be taken into account for cell cultivation at large
scales is the carbon dioxide mass balance. The solubility of carbon dioxide in water
is higher than that of oxygen, i.e., for the same concentration in the liquid phase
the partial pressure of carbon dioxide in the gas phase at equilibrium is lower than
that of oxygen. As a consequence, for long bubble residences, time the bubbles are
saturated with carbon dioxide long before they reach the liquid the surface but continue
transferring oxygen throughout the rise time [4]. This results in an imbalance of oxygen
and carbon dioxide transfer and the accumulation of carbon dioxide for bioreactors
large working volumes and correspondingly large liquid heights, which result in long
bubble residence times. Depending on the cultivated cell line, a high concentration of
dissolved carbon dioxide can have a negative impact on the productivity and viability
of the cells [178, 4].

To avoid the imbalance of carbon dioxide stripping and oxygen transfer Doi et al. [40]
used the ratio of the volumetric mass transfer coefficients of oxygen and carbon dioxide
as a criterion for scaling up a CHO cultivation from a 200 L to a 2000 L bioreactor. Xing
et al. [59] and He et al. [179] developed different models based on empirical correlations
and the measured cell specific oxygen uptake rate of the investigated cell line to predict
the carbon dioxide accumulation in the liquid for the transfer of CHO cultivations
from 5000 L to 25000 L scale and 2 L to 1500 L scale, respectively. The carbon dioxide
concentration in the liquid depends on the composition of the sparged gas(es) and the
sparging strategy and strategies to control the carbon dioxide concentration in the
liquid have also been investigated with experiments [180, 181, 53].
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In the present study, the approach described by Sieblist et al. [4] to calculate the
oxygen and carbon dioxide transfer rates based on the transfer dynamics of single
bubbles is extended by combining the results with the bubble residence times obtained
through CFD simulations to predict the liquid mass balance of carbon dioxide during
cell cultivation. First the effect of different parameter on the transfer dynamics is single
bubbles evaluated, before these results are used to predict the dissolved carbon dioxide
concentrations for different hypothetical cultivation runs.

5.5.1 Mass Transfer of Individual Bubbles

The present sections starts with the evaluation of the mass transfer from the perspective
of a single bubble, similar to the results presented by Sieblist et al. [4]. For the evaluation
of the diffusive transport of oxygen and air according to Eq. (3.1) a bubble size of
1.3 mm is selected, which has been used for the evaluation of the kLa of the XDR-200
and the XDR-2000. The liquid transfer coefficient kL is evaluated as per Eq. (2.32) for
an average energy dissipation rate of 0.01 m2 s−3, which corresponds to a volumetric
power input of 10 W m−3, and the diffusion coefficients at 37°C of 3.0x10−9 m2 s−1 for
oxygen [131] and 2.8x10−9 m2 s−1 for carbon dioxide [182]. For the composition of the
sparged gas, both air and pure oxygen are considered and the Henry constant of oxygen
and carbon dioxide at 37°C are 1.08x10−5 mol m−3 Pa−1 and 2.49x10−4 mol m−3 Pa−1,
respectively. The dissolved oxygen concentration in the liquid is always set to 50 % air
saturation, which is a typical value for cell cultivation [142, 143] and different carbon
dioxide concentrations in the liquid between 0.01 g L−1 and 0.4 g L−1 are considered.

By solving Eq. (3.1) for both oxygen and carbon dioxide, the change in the amount
of substance (or chemical amount) of both oxygen and carbon dioxide inside the bubble
as shown in Fig. 5.13a-d is obtained. The initial uptake of carbon dioxide by both the
air and the oxygen bubble is indicated by the increase in the amount of substance of
carbon dioxide insides the bubble, which is quite comparable as shown in Figs. 5.13a
and 5.13b with a rapid uptake of carbon dioxide in the first second and decreasing
speed as the bubble becomes saturated. The partial pressure at equilibrium and thus
the maximum amount of carbon dioxide uptake increases with the concentration of
dissolved carbon dioxide in the liquid. When sparging bubbles consisting of pure
oxygen, carbon dioxide is transferred back to the liquid after saturation has been
reached to maintain a constant molar fraction due to the continued transfer of oxygen
to the liquid as shown in Fig. 5.13b. This also indicates that the bubble volume is
slightly reduced, however, the effect of this on surface area of the bubbles is neglected
in the present study as is the potential increase in volume due to the evaporation of
water. The initial amount substance of oxygen in the bubble and the amount substance
of oxygen transferred to the liquid, which the difference between the initial and the
considered time point, strongly depend on the composition of the sparged bubble. An
air bubble has only 21 % of the initial oxygen content of an oxygen bubble and the
much lower partial pressure also results in a much lower oxygen transfer to the liquid
(see Figs. 5.13c and 5.13d). The transfer of oxygen to the liquid is also affected by
the carbon dioxide, since the molar fraction of oxygen and thus its partial pressure is
reduced through the uptake of carbon dioxide, which is observed for both the air and
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(a) Carbon dioxide in an air bubble (b) Carbon dioxide in an oxygen bubble

(c) Oxygen in an air bubble (d) Oxygen in an oxygen bubble

(e) Oxygen transfer by an air bubble (f) Oxygen transfer by an oxygen bubble

Figure 5.13: Amount of substance of carbon dioxide and oxygen inside as well as
oxygen transferred by single air and oxygen bubbles of 1.3 mm diameter at 10 W m−3

and 37°C for different dissolved carbon dioxide concentrations.

the oxygen bubble (see Figs. 5.13e and 5.13f).

To increase the kLa, the impeller speed and consequently the volumetric power
input can be increased or the bubble size can be reduced, which has been discussed
previously in sections on the individual bioreactors. In Fig. 5.14 the carbon dioxide
content and oxygen transfer for oxygen bubbles with a smaller diameter of 1.0 mm at
the same volumetric power input of 10 W m−3 and with the same bubble diameter
of 1.3 mm at an increased volumetric power input of 25 W m−3 are shown. For the
smaller bubble diameter (Fig. 5.14a) as well as for the higher volumetric power input
(Fig. 5.14b), the bubbles are saturated with carbon dioxide at an earlier time. The
total uptake of carbon dioxide at saturation of bubbles with 1.0 mm diameter is about
half of that of those with 1.3 mm diameter, since the volume of the smaller bubble is
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(a) Carbon dioxide for db = 1.0 mm at
10 W m−3

(b) Carbon dioxide db = 1.3 mm at 25 W m−3

(c) Oxygen transfer for db = 1.0 mm at
10 W m−3

(d) Oxygen transfer for db = 1.3 mm at
25 W m−3

Figure 5.14: Amount of substance of carbon dioxide inside as well as oxygen transferred
by single oxygen bubbles at 37°C with 1.0 mm diameter at 10 W m−3 and with 1.3 mm
diameter at 25 W m−3 for different dissolved carbon dioxide concentrations.

only about 46 % of that of the larger ones. The maximum uptake of carbon dioxide
per volume of sparged gas is not increased by the smaller bubble size or the higher
volumetric power input. The total amount of oxygen transferred by a single bubble
is lower for the smaller bubble with diameter of 1.0 mm (see Fig. 5.14c) than for a
larger one with a diameter of 1.3 mm (see Fig. 5.13f). However, when normalizing the
total transfer by the bubble volume, the normalized oxygen transfer for the 1.0 mm
bubble is higher, due to the higher specific interface area. At a higher volumetric power
input both for the same bubbles size the oxygen transfer is also increased as can be
seen by comparing Fig. 5.13f and 5.14d for 10 W m−3 and 25 W m−3, respectively. In
summary, while the oxygen transfer is improved by increasing the volumetric power
input or decreasing the bubble diameter, the carbon dioxide stripping is not. If the
bubbles are saturated with carbon dioxide, the carbon dioxide removal can only be
improved through higher sparging rates.

If the bubble residence time is known, the dissolved carbon dioxide concentration
in the liquid at steady conditions is the concentration at which the ratio of the oxygen
transfer and the carbon dioxide removal by the bubbles equals the respiratory quotient,
as described by Eq. (3.9). The residence times of bubbles generated by the microporous
sparger for the XDR-200 and XDR-2000 are evaluated through one-way coupled Euler-
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Figure 5.15: Mass transfer per L of sparged oxygen for different bubble residence times
at 37°C and 10 W m−3.

Lagrange simulations using MixIT [64]. For the XDR-200, the residence time of bubbles
with 1.0 mm and 1.3 mm diameter at the maximum working volume of 200 L and an
impeller speed of 91 rpm, which corresponds to a volumetric power input of 10 W m−3,
is determined as 8.4 s and 6.5 s, respectively. For the XDR-2000, the residence time
of bubbles with 1.3 mm diameter for the maximum working volume of 2000 L at the
impeller speed of 75 rpm, which also corresponds to 10 W m−3, is 19.7 s. The oxygen
transfer and carbon dioxide stripping per volume of sparged gas for the mentioned
bubble residence times in dependence of the carbon dioxide concentration in the liquid
are shown in Fig. 5.15.

The difference in the amount of carbon dioxide removed (red symbols) is relatively
small for the different considered bubble residence times and diameters. For the
evaluated operating condition of the XDR-200, the larger bubbles with 1.3 mm show
slightly lower carbon dioxide removal at dissolved carbon dioxide concentrations of
0.4 g L−1 and higher than the 1.0 mm bubbles as they are not fully saturated at the
considered residence time of 6.5 s (see Fig. 5.13b). For the considered residence time of
the XDR-2000, the carbon dioxide removal is lower than for both considered bubble
diameters of the XDR-200 because the continued transfer of oxygen from the bubbles
to the liquid after the bubbles are saturated with carbon dioxide requires the transfer
of carbon dioxide from the bubbles back to the liquid to maintain a constant molar
fraction of both. The oxygen transfer per volume of sparged gas (blue symbols) is
increased both by a smaller bubble size and a longer bubble residence time. For a
respiratory quotient (see Eq. 3.10 of 1, the concentration at the intersect of the carbon
dioxide removal and oxygen transfer plots in Fig. 5.15 for one specific combination of
bubble size and bubbles residence time (indicated by the different markers) provides
the expected dissolved carbon dioxide concentration in the liquid. For 1.3 mm and a
residence time of 6.5 s (diamonds) the corresponding concentration is about 0.16 g L−1,
which equals a partial pressure of about 110 mmHg or about 14 % saturation with



5.5. CARBON DIOXIDE TRANSFER DURING SCALE-UP 154

carbon dioxide. For bubbles with 1 mm diameter and a residence time of 8.4 s and
for bubbles with the 1.3 mm diameter and a residence time of 19.7 s, the expected
concentrations are 0.23 g L−1 and 0.35 g L−1, respectively.

In summary, the main observations are :

• sparging with pure oxygen instead of air increases the oxygen mass transfer but not
the carbon dioxide mass transfer

• a higher volumetric power input increases transfer coefficients for both oxygen and
carbon dioxide but when bubbles are saturated with carbon dioxide only the
oxygen mass transfer is increased

• smaller bubbles with longer residence times improve the oxygen mass transfer but
exacerbate the issue of carbon dioxide accumulation in the liquid

• the accumulation of carbon dioxide is more prevalent in larger bioreactors due the
longer bubble residence time

These findings are in agreement with the observations reported by Sieblist et al. [4] and
underline the fact that strategies enhancing oxygen mass transfer, i.e., sparging with
pure oxygen, using microporous spargers, and increasing the impeller speed, do not
improve the carbon dioxide mass transfer. If bubbles are saturated with carbon dioxide
only larger sparging rates can improve the carbon dioxide stripping and to control both
the dissolved oxygen and carbon dioxide simultaneous independent control of oxygen
and carbon dioxide transfer is needed. One option to achieve this are dual sparging
strategies [180, 181] using separate spargers for oxygen transfer and carbon dioxide
stripping. Dual sparigng can also be used with the XDR-200 and the XDR-2000, which
are both available with separate microporous and T-shaped drilled hole spargers. The
next section considers the carbon dioxide concentration in the liquid phase.

5.5.2 Carbon Dioxide Mass Balance in the Liquid Phase

For calculating the liquid phase mass balance of carbon dioxide as described by Eq. (3.8),
the oxygen transfer and carbon dioxide transfer by the bubbles must be known and
depend on the bubble residence time. To account for variations of the amount of oxygen
and carbon dioxide transferred for different carbon dioxide concentrations in the liquid,
correlations for the transfer of oxygen and carbon dioxide per bubble normalized by the
bubble volume, labeled ∆n∗

O2
and ∆n∗

CO2
, are required. Based on the results shown in

Fig. 5.15 a linear correlation for the oxygen transfer and a quadratic correlation for the
carbon dioxide transfer as defined in Eqs. (5.8) and (5.9) are selected. The parameters
of both correlation are fitted by minimizing the squared error with the fminsearch
function in MATLAB [144].

∆n∗
O2

= k1 + k2cCO∗

2
(5.8)

∆n∗
CO2

= k3c
2
CO∗

2
+ k4cCO∗

2
(5.9)

The fitted coefficients k1, k2, k3, and k4 for a bubble size of 1.3 mm and the residence
times of 6.3 s and 19.7 s for the XDR-200 and XDR-2000, respectively, are given in
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Table 5.9: Fitted coefficients for ∆n∗
O2

at 10 W m−3 and RMSE.

Bubble Residence Gas Fit Eqs. (5.8)
diameter [mm] time [s] composition k1 k2 RMSE

1.3 6.5 oxygen 0.0062 -0.0043 2.66x10−5

1.3 19.7 oxygen 0.0189 -0.0173 4.27x10−5

1.3 6.5 air 0.00067 -0.00080 0.38x10−5

1.3 19.7 air 0.0018 -0.0027 1.72x10−5

Tables 5.9 and 5.10. When considering different compositions of the bubbles, i.e., an
initial molar fraction of 0.21 for air bubbles instead of 1.00 for oxygen bubbles, the
coefficient k1 for the transfer is reduced to about one tenth. This agrees well to the
strong difference observed for the oxygen transfer of an air and an oxygen bubble,
shown in Figs. 5.13e and 5.13f, respectively.

In addition to the transfer by the bubbles, the cell specific oxygen uptake rate
qO2

and carbon dioxide production rate qO2
as well as the cell density are required to

calculate the liquid phase mass balance of carbon dioxide. Goudar et al. [143] report
values of 4.98 pmol d−1 cell−1 and 5.36 pmol d−1 cell−1 and a growth rate µ of 0.56 d−1

for CHO cells in perfusion culture at a pH of 7 and a dissolved oxygen concentration
of 50 % air saturation. The change in cell density cx is modeled based on the growth
rate [183] as

dcx
dt

= µcx. (5.10)

To determine the biomass concentration, a hypothetical batch cultivation of this cell
line with an exponential growth phase from inoculation until day 7 with µ = 0.56
and a stationary phase from day 7 to 10 with µ = 0 is considered. The initial cell
density cx is 0.3x109 cells L−1 and the initial concentration of the combined dissolved
carbon dioxide and carbonic acid pool cCO∗

2
is 0.073 g L−1, which corresponds to partial

pressure in the gas phase of 50 mmHg.

While in the ideal case of no adverse effects of changes in the bioreactor scale,
the cell growth and the viable cell density are independent of the selected bioreactor.

Table 5.10: Fitted coefficients for ∆n∗
CO2

at 10 W m−3 and RMSE.

Bubble Residence Gas Fit Eq. (5.9)
diameter [mm] time [s] composition k3 k4 RMSE

1.3 6.5 oxygen 0.0386 0.0285 0.32x10−4

1.3 19.7 oxygen 0.0643 0.0147 1.34x10−4

1.3 6.5 air 0.0354 0.0325 0.32x10−4

1.3 19.7 air 0.0609 0.0299 1.30x10−4
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However, the bubble residence time and consequently the oxygen and carbon dioxide
transfer depend on the working volume of the bioreactor. Since the carbon dioxide
accumulations is most severe for large biorector scales, the XDR-2000, which is the
bioreactor with largest maximum working volume considered in the present study
and the XDR-200 as bioreactor with an intermediate maximum working volume are
considered in the further evaluation. The time profiles for cx and cCO∗

2
shown in Fig. 5.17

are obtained by solving Eqs. (5.10) and (3.8). For sparging with oxygen, cCO∗

2
increases

during the cultivation until it reaches a plateau at which the the oxygen and carbon
dioxide transfer rates are equal as shown in Fig. 5.16a. The concentration at which
this plateau is reached is slightly higher as that of the intersection points shown in
Fig. 5.15, since the respiratory quotient for the considered cell specific rates of 1.08 is
slightly larger than 1. Both the intersect in Fig. 5.15 and the steady concentration in
Fig. 5.16a result in a higher cCO∗

2
for the XDR-2000 due to the longer bubble residence

time for the larger bioreactor as discussed above.

For sparging with air, cCO∗

2
decreases during the cultivation until it reaches a plateau

at a value lower than the initial concentration. Due to the much lower oxygen transfer
rate of air bubbles, the oxygen and carbon dioxide transfer of the bubbles reach a
comparable magnitude at a much lower carbon dioxide concentration. Similar to
sparging with oxygen the steady value of cCO∗

2
is lower for the XDR-200. While this is

advantageous to avoid the accumulation of inorganic carbon species in the liquid, the
draw back is that based on the transfer by the single bubbles about eight times higher
sparging rates are required to match the oxygen requirements at the maximum cell
density of 15.2x109 cells L−1, i.e., 16.1 L min−1 instead of 1.9 L min−1 and 63.6 L min−1

instead of 8.4 L min−1 for the XDR-200 and the XDR-2000, respectively.

To simulate cCO∗

2
for a dual sparging strategy for the XDR-2000, the bubble size

and bubble residence time for bubble generated by the T-sparger must be known. The
initial bubble diameter for the T-sparging wand with drilled holes of 2 mm diameter
according to the correlation by Jamialahmadi et al. [173] changes with the sparging
rate. For a sparging rate of 5 L min−1, which corresponds to a volumetric sparging

(a) Sparging with oxygen (b) Sparging with air

Figure 5.16: Biomass concentration cx,0 and concentration of the combined dissolved
carbon dioxide and carbonic acid pool cCO∗

2,0
for a hypothetical cultivation run at

10 W m−3 for sparging with oxygen and air for the XDR-200 and the XDR-2000.
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(a) cCO∗

2
for constant QV,S (b) QV,S for constant cCO∗

2

Figure 5.17: Biomass concentration cx and concentration of the combined dissolved
carbon dioxide and carbonic acid pool cCO∗

2
for different volumetric stripping flow rates

QV,S (Fig. 5.17a) and required volumetric stripping flow rates to maintain a constant
cCO∗

2
(Fig. 5.17b) for the XDR-2000.

rate of 0.0025 min−1, a bubble diameter of 5.7 mm is predicted for which the bubble
residence time is 4.1 s. For carbon dioxide stripping typically air or nitrogen gas are
used. To exclude any contribution of the stripping to the oxygen transfer, pure nitorgen
gas is considered int he present simulations. The corresponding fitted coefficients k3
and k4 as well as the RMSE for the removal of carbon dioxide by sparging with nitrogen
∆n∗

CO2,S
are 0.0012, 0.0149, 7.15x10−6, respectively. The additional removal of carbon

dioxide is included in Eq. (3.8) as

dcCO∗

2

dt
= φCO∗

2

(
cx

(
qCO2

− ∆n∗
CO2

∆n∗
O2

qO2

)
−∆n∗

CO2,S
QV,S

)
. (5.11)

A higher volumetric flow rate of nitrogen QV,S results in a lower cCO∗

2
as shown

in Fig. 5.17a. At low cell densities during the first days of the cultivation, cCO∗

2
is

reduced below the initial concentration, while at higher cell densities cCO∗

2
increases. To

maintain a constant value of cCO∗

2
, QV,S must increase with the cell density as shown

in Fig. 5.17b. The value of QV,S can be obtained by setting the right hand side of
Eq. (5.11) to zero.

By combining single bubble mass transfer and the evaluation of the residence time
of the bubbles from the one-way coupled Euler-Lagrange simulations, the present study
provides insight into the mechanisms behind the accumulation of carbon dioxide during
cell cultivation in large scale bioreactors. The present analysis is focused on the effects
of the composition and the residence time of the bubbles on the carbon dioxide mass
balance in the liquid and further details could be added to the model by including
other aspects like Na2CO3 addition for pH control or changes of the working volume
during fed batch cultivation.
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6. Summary and Outlook

The present study provides cell culture relevant hydrodynamic characteristic for six com-
mercially available single-use bioreactors of different volumes, the Mobius® CellReady
3 L (CR3), the XcellerexTM XDR-10, the XcellerexTM XDR-200, the XcellerexTM XDR-
500, the XcellerexTM XDR-2000, and the Ambr® 250. One-way coupled Euler-Lagrange
simulations using either the commercial software tool MixIT [64] or with the open
source software tool OpenFOAM [63] have been carried out for all bioreactors. Addi-
tionally, Euler-Euler simulations have been carried out for the the Mobius® CellReady
3 L (CR3), the XcellerexTM XDR-10, the XcellerexTM XDR-200, and the XcellerexTM

XDR-2000 using OpenFOAM [63]. Moreover, two-way coupled Euler-Lagrange simula-
tions have also been performed with OpenFOAM [63]. For the Euler-Lagrange and
the Euler-Euler simulations, turbulence in the liquid is modeled with the standard
k − ε [120, 117] and the mixture k − ε [127] models, respectively.

The investigated process aspects concern the mixing in the liquid phase, the risk of
cell damage by mechanical stresses, and the volumetric oxygen mass transfer coefficient.
As is expected for stirred tank bioreactors, the mixing time is found to increase with
the working volume for any of the individual bioreactors and also for the larger working
volume of the larger bioreactor scales. While a higher impeller speed can reduce the
mixing time, mixing times as short as for the smallest considered bioreactor, the CR3,
cannot be achieved for the largest considered bioreactor, the XDR-2000. For the CR3,
the XDR-10, and the XDR-200, the experimental results on the mixing time shared
by Tomomi Matsuura from Daiichi-Sankyo Co., Ltd., Japan confirm the described
observations.

When comparing the results of the different modeling approaches against each other
and with the experimental results, the expected strong impact of the working volume
and the impeller speed on the mixing time are observed with all modeling approaches.
The impact of the sparging rate on the mixing time is smaller than that of the working
volume and the impeller speed. For this observation there is good agreement between
the two-way coupled Euler-Lagrange and the Euler-Euler simulations but it cannot be
captured in the one-way coupled Euler-Lagrange simulations, since the effect of the
bubbles on the liquid motion is neglected. This also leads to slight differences in the
liquid turbulence: for the considered range of operating conditions the average velocity
magnitude is slightly higher and the average turbulence kinetic energy is slightly lower
for the one-way coupled Euler-Lagrange simulations compared to the Euler-Euler
and one-way coupled Euler-Lagrange simulations. Thus, it can be concluded that
the impact of the bubbles on the liquid velocity and turbulence is minor compared
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to that of the impeller speed but not negligible. Therefore, one-way coupled Euler-
Lagrange simulations are good and fast method to achieve a first estimate of the
relevant hydrodynamic process characteristics and might already be sufficient for many
engineering purposes. However, by its design the one-way coupled Euler-Lagrange
approach is not capable to resolve the interaction of the liquid with bubbles.

The Euler-Euler and the two-way coupled Euler-Lagrange approach both are able
to capture the effect of the bubbles on the liquid motion and are in good agreement on
the effect of the sparging rate on the mixing time. Both have their individual benefits
and limitations. The two-way coupled Euler-Lagrange approach can resolve the motion
of individual bubbles for which different diameters can be specified and the individual
bubble’s velocity is calculated. On the other hand, the Lagrangian treatment of the
bubbles does not allow for phase inversion and the point mass treatment of the bubbles
makes this approach sensitive to violations of the criterion that the bubbles should
always be smaller than the control volumes. For a defined working volume within
a stirred tank reactor, including volumetric coupling in the two-way coupled Euler-
Lagrange simulations also poses a challenge. Since the computational domain has a
fixed volume the displacement of the liquid by the bubbles cannot easily be compensated
by the slight changes in the liquid height, which occur in an actual sparged stirred tank
bioreactor, but require an appropriate design of the computational boundaries to allow
for in and outflow of the liquid, while at the same time maintaining the correct liquid
surface. The Euler-Euler approach provides less detailed information on the motion
of the individual bubbles, since it only tracks the volume fraction of the considered
phases, which on the other hand makes it numerically less sensitive to bubbles not being
smaller than the computational control volume and always include volumetric coupling
of the phases. Another aspect of tracking the disperse and continuous phases only by
their volume fraction, is the fact that his cannot provide information on the type of
the interface present within a control volume, i.e., disperse bubbles in a continuous
liquid, disperse droplets in a continuous gas phase, or a segregated gas-liquid interface.
However, despite the lack of resolution, the Euler-Euler approach can directly include
changes of the shape and position of the liquid surface, allowing to capture surface
vortex formation. Which modeling approach is better also depends on the investigated
system and the focus of the simulations, e.g., resolving individual bubble trajectories
or the shape of the liquid surface.

With regard to the selection of the impeller speed for cell culture scale-up, different
criteria are reported in the literature to evaluate the risk of cell damage through
mechanical stress [13, 44, 135, 47, 23]. The presented work has focused on the maximum
hydrodynamic stress and the average strain rate in the impeller zone and both increase
with the impeller (tip) speed for any of the individual bioreactors. However, despite
the increase of the impeller tip speed associated with the larger impeller diameter for
increasing bioreactor sizes, both the maximum hydrodynamic stress and the average
strain rate of the impeller zone cover a comparable range of values for all considered
bioreactor scales for the respective range of operating conditions. Moreover, the
values observed for the largest scale, the XDR-2000, actually are on the lower end
of the observed range. These results indicate that the impeller type and bioreactor
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configuration also has a significant impact on the considered stress criteria and that they
cannot simply be substituted by the impeller tip speed. Moreover, for the considered
bioreactors, the impeller tip speed can be increased by a factor of 1.3 or more when
scaling-up from the CR3 without increasing the risk of cell damage. No experimental
results are available for the considered stress criteria but the described effects of the
impeller speed and the bioreactor scale are in agreement to the results reported by Li
et al. [23].

Across all bioreactor scales, the volumetric oxygen mass transfer coefficient increases
for higher sparging rates and for spargers that generate smaller bubbles. A higher
impeller speed and a lower working volume can also increase the volumetric oxygen mass
transfer coefficient trough their impact on the bubble dispersion and the volumetric
power input. However, the strength of the effect of the impeller speed and the working
volume varies between the different bioreactors. For a given sparger type and bioreactor,
a fixed bubble size has been selected and reasonable agreement of the simulated values
of the volumetric oxygen mass transfer coefficient to the experimental results provided
by Tomomi Matsuura, Takuya Nakano, and Takuma Eguchi from Daiichi-Sankyo
Co., Ltd., Japan is found. By considering bubble diameters specific to the respective
operating condition, the agreement between the simulations and the experiments is
expected to be further improved, similar to the work of Bach et al. [97]. In the present
study, only a monodisperse bubble size distribution is considered. This is sufficient to
understand how the volumetric oxygen mass transfer coefficient is affected by changes
in the operating conditions but does not capture the complexity of the polydisperse
bubble size distribution actually present in stirred tank bioreactors. The modeling
of the bubble size distributions with populations balance models is a topic that is
still being investigated at the moment [114, 115, 61, 99] and further research in this
direction, in combination with experimental observations on the bubble size can be
expected to greatly improve the understanding of the complex interaction of the bubbles
and the liquid.

In the present study, the focus is on the effect of the bioreactor scale on the
volumetric oxygen mass transfer coefficient and comparable values can be achieved
across all of the considered bioreactor scales. However, especially for the XDR-2000
a sufficiently high impeller speed is required to disperse the bubbles well across the
cross-section of the bioreactor. The numerical results of the present study can be
combined with the knowledge on the oxygen requirements and the stress tolerance
of any cell line to optimally select the operating conditions using the investigated
bioreactors. To leverage its full potential more information on the tolerances and
requirements of different cell lines is required.

A scale-up strategy based on a constant average strain rate in the impeller zone,
selected as the highest observed tolerable value for the initial lab-scale bioreactor, the
CR3, for scaling up to the XDR-10, the XDR-200, and the XDR-2000 is proposed. The
success of this strategy for scaling up from the CR3 to the XDR-10 and the XDR-200
is confirmed by cell culture results provided by Yuichi Aki from Daiichi-Sankyo Co.,
Ltd., Japan. The motivation for this strategy is to increase the impeller speed in order
to optimize the mixing process as much as possible without the risk of cell damage.
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However, the mixing time will increase for larger scales even for the proposed strategy
and might still have negative impact on the cell cultivation, if the difference in the
bioreactor scales is very large. The cell line considered in the present study might
possibly tolerate even higher impeller speeds and strain rates but cell culture data on
this has not been available. Moreover, increasing the averages strain rate of the impeller
zone beyond the considered range is not possible for the largest investigated bioreactor,
the XDR-2000, within the impeller speed range suggested by the supplier [166]. For
the selected impeller speeds, for a constant superficial gas velocity comparable values
of the volumetric oxygen mass transfer coefficient for the CR3, the XDR-200, and the
XDR-2000 of up to about 8 h−1 are achieved, while for the XDR-10 the same superficial
gas velocity results in higher values of the volumetric oxygen mass transfer coefficient.
This emphasizes that the volumetric oxygen mass transfer coefficient depends on the
bioreactor configuration and sparger type but, at least for the bioreactors considered
in the present study, not on the bioreactor scale.

The present study provides an example how the comprehensive data available
from CFD simulations can be used to scale-up the operating conditions of single-use
bioreactors with geometrically dissimilar configurations by taking quantitative data
on the mixing time, the risk of cell damage, and the volumetric oxygen mass transfer
into account. The control of the hydrodynamic characteristics during scale-up is
an important part of cell culture process development. The CFD simulations are
independent of the cultivated cells, which makes them applicable to any cell line for
which the rheological properties of the cultivation medium are the same.

The extension of the CFD simulations to model the biological processes of an actual
cultivation including the cell growth, the substrate uptake, and the waste product
formation must find solutions to handle a huge difference in time scales. The processes
relevant for the hydrodynamic characteristics of the bioreactors, i.e., a single rotation
of the impeller or a bubble rising from the sparger to the liquid surface, are processes
taking place within a fraction of a second or up to several seconds. In contrast, the cell
growth depends on the doubling time of the cultivated cells, which for mammalian cells
is in the range of multiple hours or days with typical cultivations times of 10-14 days.
One possibility to include both aspects are compartment models, where the CFD results
are used to subdivide results on the (pseudo) steady flow conditions inside the bioreactor
into different zones. Based on these zones the exchange between the different zones
and the growth kinetics within each zone are calculated [73, 184]. A comprehensive
model of cell culture within stirred tank bioreactors requires the inclusion of different
model aspects with regard to the disperse bubbles and the cultivated cells and the
combination of different modeling strategies is needed to cover the wide range of process
time scales.
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Abbreviations and Symbols

Abbreviation Meaning
CFD Computational Fluid Dynamics
CHO Chinese hamster ovary
dCO2 dissolved carbon dioxide
EE Euler-Euler
EL Euler-Lagrange
MRF Multiple Reference Frame
QbD Quality by Design
RMSE root mean square error
rpm revolutions per minute
vvm volume per volume per minute
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Symbol Unit Meaning
a [m−1] specific interface area
A [m2] area
c [mol m−3] concentration
C [-] model coefficient
cx [cells L−1] cell density
CTR [mol L−1 d−1] carbon dioxide transfer rate
d [m] diameter
D [m2 s−1] diffusion coefficient
DO [N m−2] dissolved oxygen tension
Eo [-] Eötvös number
F [N] force
f [-] function
g [m s−2] gravitational acceleration
G [kg m−1s−3] turbulence kinetic energy generation
h [m] height
He [mol L−1 Pa−1] Henry constant
k [m2 s−2] turbulence kinetic energy
kL [m h−1] liquid transfer coefficient
kLa [h−1] volumetric oxygen mass transfer coefficient
lK [m] Kolmogorov length scale
m [kg] mass
M [N m] torque
n [s−1] rotational speed
nCO2

or nCO2
[mol] amount of substance

nb [-] number of bubbles
NP [-] impeller power number
p [Pa] pressure
OTR [mol L−1 d−1] oxygen transfer rate
P [W] impeller power input
P/V [W m−3] volumetric power input
Q [m3s−1] gas flow rate
q [mol d−1 per cell] cell specific exchange rate
Reff [kg m−1 s−2] effective stress tensor
Re [-] impeller Reynolds number
S [kg m−1 s−2] momentum exchange term
Sct [-] turbulent Schmidt number
T [s−1] strain rate tensor
t [s] time
u [m s−1] velocity vector
us [m s−1] superficial gas velocity
V [m3] volume
x [m] position vector
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Symbol Unit Meaning
x [m] spatial coordinate
y [m] spatial coordinate
yi [-] molar fraction
z [m] spatial coordinate
α [-] volume fraction
β [-] model coefficient
γ [s−1] strain rate
ε [m2 s−3] turbulence energy dissipation rate
θ [s] mixing time
µ [d−1] growth rate
µl or µg [Pa s] dynamic viscosity
ν [m2 s−1] kinematic viscosity
ρ [kg m−3] density
σk [-] model coefficient
σǫ [-] model coefficient
τl [Pa] hydrodynamic stress
τtn [Pa] shear stress
φCO∗

2
[-] fraction of dCO2 and H2CO3

of the total dissolved inorganic carbon species
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Subscript Meaning
b bubble
c continuous phase
cyl cylinder
CV control volume
D drag
d disperse phase
eff effective
g gas
G gravity
imp impeller
L lift
l liquid
m mixture
O2 oxygen
CO2 carbon dioxide
P pressure gradient force
pro product
T tracer
t turbulent
tot total
tn normal direction
rel relative
VM virtual mass
V vessel
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